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Abstract−The hydrodynamics of a bubbling gas-solid fluidized bed of 57.4 µm FCC particles was simulated by using
a state-of-the-art two-fluid model integrating the kinetic theory of granular flow for particulate phase stresses. The over-
estimation of the bed expansion was resolved by using a suitable scale factor in the drag model as suggested by McKeen
and Pugsley (T.R. McKeen, T.S. Pugsley, Powder Technol., 129, 139 (2003)). This study showed that the method was
appropriate in simulation of a gas-solid fluidized bed of Geldart A particles at high gas velocities (0.3 to 0.61 m/s). The
reduction of computational time especially for simulation of large-scale systems was achieved. The time-averaged local
voidage was compared with the experimental data and the trend of varying several parameters on the hydrodynamic of
the bed was investigated. The simulation results showed both qualitative and quantitative agreement with the literature.
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INTRODUCTION

Fluidization systems are applied extensively in a variety of indus-
tries such as those involving fluid catalytic cracking units. Their
favorable characteristics are high heat and mass transfer rates and
their continuous particle handling ability. Since the performance of a
fluidized bed greatly depends on the hydrodynamics of the system,
its modeling and simulation are essential. It is a challenging prob-
lem as the complexity of flow behavior is high and many interac-
tions are involved. Of the various modeling and simulation tech-
niques, computational fluid dynamics (CFD) is employed in this
article. CFD has been used as a powerful numerical tool for model-
ing of multiphase flows and reduction of the design time and cost
[1-5]. CFD is divided into the Lagrangian and Eulerian approaches,
which are compared in the literature [6-8]. The Lagrangian approach
describes the solid and the gas phases at particle level and as a con-
tinuum, respectively. In the Eulerian method, the two involved phases
(gas and solid) are treated as fully interpenetrating continua. Owing
to the assumption of continuum behavior of the solid phase, the par-
ticulate phase requires additional closure laws to describe the rheol-
ogy of the fluidized particles reasonably. The kinetic theory of granu-
lar flow was employed for this purpose. Kinetic theory based on
granular temperature (Θs) is ideally suited to describe elastic ran-
dom oscillations of particles suspended in the fluid [9,10].

Several Eulerian-Eulerian simulations of a bubbling fluidized bed
(BFB) of Geldart group B and D particles have been reported in
the literature with a fair degree of success and varying degrees of
model validation [11-15], but few successful cases for modeling
Geldart A systems have been reported due to the complexity of han-
dling the effect of interparticle forces.

Cohesive interparticle forces have been reported to be significant
for fine Geldart A and C particles [16,17]. It is extremely difficult
to measure the cohesive forces between Geldart A particles directly,
since this type of force strongly depends on the surface properties

of particles. This is so even though the clustering phenomenon in
fluidized beds with Geldart A particles is the result of the effect of
interparticle forces and particle-particle collisions which are not well
known. Therefore, more investigation on this effect using Geldart
A particles is required.

Several authors observed overestimation of bed expansion by
using an Eulerian-Eulerian approach in simulation of BFB con-
taining Geldart A particles [18-20]. Bayle et al. [19] speculated that
the drag laws and solids viscosity relations in their model need im-
provement for solving over-predicted bed expansion. Krishna and
van Baten [21] proposed a new limited model of pseudo-fluids. In
their model, properties of emulsion phase were set as constant and
empirical correlations of mean bubble diameter and rise velocity
were used. Another attempt was made by Kim and Arastoopour
[22,23] to modify the kinetic theory of granular flow. They intro-
duced a very complex cohesive force model. But, their model is
limited in use, due to requirements of empirical inputs such as par-
ticle surface energy, which are not well defined. McKeen and Pugs-
ley [24] simulated a freely bubbling bed of fluid catalytic cracking
(FCC) catalyst for a superficial gas velocity in low range of 0.05-
0.2 m/s. They argued that their modification was attributed to the
formation of clusters with a size smaller than the CFD grid size,
leading to an overall smaller drag force acting in the particle bed.
Zimmermann and Taghipour [25], by using the modified drag law
of Syamlal and O’Brien [26], have simulated the BFB of FCC par-
ticles and reported that the bed expansion and radial void fraction
are in a good agreement with the experimental data. This method
has limited range of applicability [27]. Mao Ye et al. [28,29] simu-
lated the fluidized bed of Geldart A particles at low gas velocity by
two methods, modification of the standard drag law of Wen-Yu and
solid properties depending on granular temperature; their proce-
dure is limited to low range of gas velocity.

Recently Wang et al. [30] for the first time have been shown that
two-fluid model (TFM) can predict the correct bed expansion at
gas velocity range 0.006-0.018 m/s, without any artificial modifica-
tions using sufficiently fine grid size and small time step. Their meth-
od is not appropriate for a large-scale fluidized bed, and should be
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tested for high gas velocities.
In respect to the above considerations, the objective of the cur-

rent study was to model the hydrodynamics of a bubbling FCC flu-
idized-bed by using the modified standard drag model at high gas
velocities. The results of simulations were compared with the avail-
able experimental data. Also, the local trends of a number of hydro-
dynamic parameters were investigated.

NUMERICAL METHOD

1. Hydrodynamic Model
Simulation of a fluidized bed using the Eulerian-Eulerian approach

requires a set of momentum and continuity equations for each phase.
These equations were linked through pressure and interphase ex-
change relationships as given by Eqs. (2) to (4) in Table 1. External
body, lift and virtual mass forces are assumed negligible in the mo-
mentum equations. The granular temperature, Θs Eq. (5) in Table 1
describes conservation of the kinetic energy for particulate phase.

The drag model of Gibilaro et al. [31] was chosen because it is a
single, simple, compact and continuous function over all values of
void fraction. The dense solid phase containing inelastic spherical
particles was modeled based on the kinetic theory of granular flow
(KTGF). The equation of Lun et al. [32] was used for solid granular
bulk viscosity. The expression of Schaeffer [32] was used for fric-

Table 1. Governing equations for two-fluid model

Continuity equation for qth phase without any mass transfer between the phases

(2)

Conservation of momentum equations for gas phase

(3)

Conservation of momentum for solid phase

(4)

Fluctuating energy equation for particles 

(5)

∂
∂t
---- αqρq( ) +  ∇ αqρqvq( )⋅  = 0, αq =1∑

∂
∂t
---- αgρgvg( ) + ∇ αgρgvgvg( )⋅  =  − αg∇P + ∇ τg⋅  +  αgρgg −  Kgs vg − vs( )=

∂
∂t
---- αsρsvs( ) + ∇ αsρsvsvs( )⋅  = −  αs∇P −  ∇Ps +  ∇ τg⋅  +  αsρsg + Kgs vg − vs( )=

Θ  = 
1
3
--- ν s

'2〈 〉⎝ ⎠
⎛ ⎞

3
2
--- ∂
∂t
---- αsρsΘs( ) +  ∇ αsρsvsΘs( )⋅  = − PsI + τs( ): ∇vs + ∇ kΘs∇Θs( )⋅  −  γΘs + φgs

= =

Table 2. Closure relationships for two-fluid model

Stress-strain tensor for qth phase

(6)

Radial distribution function

(7)

Collision dissipation energy

(8)

Transfer of kinetic energy
φgs=−3KgsΘs (9)
Solid pressure
Ps=αsρsΘs+2ρs(1+es)αs

2g0, ssΘs (10)
Solid shear viscosity

(11)

Solids Thermal Conductivity

(12)

Drag model

(13)

τs = αqµq ∇vq + ∇vq
T( ) + αq λq − 

2
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tional viscosity with an angle of internal friction of 30o. Using this
term leads to better results in dense gas-solid fluidized bed [15,33-
35].

Similar to several researchers, the restitution coefficient of 0.9 was
used in the current simulation [24,25,36]. Both models of Gidaspow
[32] and Syamlal et al. [32] for solid shear viscosity and solid ther-
mal conductivity terms yield the same results at solid volume frac-
tion higher than 0.2 [37,38]. Thus, solid shear viscosity and solid
thermal conductivity of Gidaspow [32] were used. Researchers have
shown that all radial distribution functions are eventuated to simi-
lar simulation results [37,38]. Based on previous studies for dense
bubbling fluidized bed systems, the Ma and Ahmadi [40] radial dis-
tribution function was used in the current model [15,28-30,33,39].
Table 2 represents the constitutive equations, Eqs. (6) to (13), which
were used in this simulation.
2. Simulation Setup

Lettieri and others [41,42] investigated the existence of consis-
tency between 2D and 3D simulations. They recommend the use
of 2D models for the reduction of computational time. The experi-
mental data of Ellis [43] in a fluidized bed of 0.286 m diameter and
4.5 m height were used for validation of the model. It should be
noted that the freeboard of the bed must be high enough to obtain
fully developed flow. Considering this point and saving the com-
putational time, actual computational domain of 0.286 m×1.6 m was
simulated to make sure no solid particles exist in the upper region
of the bed.

To obtain independency of the CFD results on the mesh size, si-
mulations were carried out using different values of grid size in hori-
zontal and vertical directions. For this reason, the time-averaged
solid volume fraction along the bed was investigated as shown in
Fig. 1. It can be seen that the grid number of 57 in horizontal direc-
tion with non-equal grid space and uniform grid size of 0.006 m in
vertical direction are sufficiently fine for providing reasonable mesh
independent results (case of 0.005-0.006). Near the wall the veloc-
ity gradients is high, so the used grids were denser than those away
from the walls.

The governing equations in this system were solved by finite vol-
ume approach. First and second order upwind discretization schemes
for volume fraction and momentum terms were used, respectively.
The time steps of 0.00025 and 40 iterations per each time step were
required to achieve full numerical convergence. A convergence cri-
terion of 10−3 for each scaled residual component was fixed for the
relative error between two iterations. The phase-coupled PC-SIM-
PLE algorithm was used for the pressure-velocity coupling. Table 3
summarizes the particle properties and operating condition of the
bed.
3. Initial and Boundary Conditions

The gas velocities in the settled bed region and freeboard were
set on Ug/αg, mf and Ug, respectively. A very small solids volume frac-
tion (~10−9) was set for the particle phase in the freeboard because
zero value of solid volume fraction at the upper section of bed can
lead to unrealistic values of the particle and gas velocity field and
poor convergence. At the initial solid static height of 0.51 m, the
solid volume fraction was set 0.55. The left and right walls of the
fluidized bed were treated as no slip boundary conditions for the
both phases. The Dirichlet boundary conditions were employed at
the bottom of the bed to specify a uniform gas inlet velocity and
the pressure boundary conditions were set at atmospheric at the top
of the freeboard.

RESULTS AND DISCUSSION

1. Investigation of Drag Model
The basic limitation of all gas-solid drag laws is that they are fitted

with data for particles much larger than the fine Geldart A particles.
Thus, the effect of interparticle forces leading to particle agglomer-
ation and reducing drag force is not accounted for [24]. Gibilaro et
al. [31] based on the Ergun equation [32] defined an improved de-
pendency of voidage to better match both packed bed data and single
particle drag. Li et al. [27] derived a continuous expression of the
scale factor in the Gibilaro et al. [31] drag model for simulation of
a horizontal jet fluidized bed.

Fig. 2 shows the quantitative comparison of different drag mod-
Fig. 1. Investigation of mesh-independency in both directions: (a)

x-direction, (b) y-direction.

Table 3. Specifications of the fluidized bed

Property Value
Superficial gas velocity (m/s) 0.3-0.61
Saunter mean diameter (µm) 57.4
Particle density (kg/m3) 1560
Static bed height (m) 0.51
Voidage (-) 0.45



1408 S. H. Hosseini et al.

September, 2009

els at a constant slip velocity of 0.5 m/s and for the FCC particles
used in the current study. As it is seen there is no significant differ-
ence between drag coefficients predicted by the models at all values
of solid volume fraction.

Like the other simulations, in this work, avoiding the overestima-
tion of bed expansion was impossible by using standard drag mod-
els. Fig. 3 shows the over-predicted bed expansion by using standard
drag law of Wen and Yu [32]. To introduce the effect of particle
agglomeration on the gas-solid drag force, a scale down of the Gibi-

Fig. 2. Comparison of different drag models for FCC particles at
the slip velocity of 0.5 m/s.

Fig. 3. Contour plot of solid volume fraction with standard drag
model.

Fig. 4. Contour plot of solids volume fraction with different gas velocities.
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laro et al. [31] drag model was used. The reduction of drag force
by using a suitable scale factor is shown in Fig. 2. The value of scale
factor (SF) should be less than one to reduce the drag force.

McKeen and Pugsley [24] obtained the SF of 0.25 for 75µm
particles at low value of gas velocity in their system. In this study, an
SF of 0.1 was used as it was an appropriate value to obtain suitable
bed expansion and local time-averaged voidage. By comparison of
the present work and McKeen and Pugsley results, it is found that
by decreasing the particle diameter, the SF must be decreased. This
leads to more reduction in drag force, because with decreasing the
particle diameter the cohesive force increases. The 27% bed expan-
sion simulated in this work shows a good agreement with the 20%
bed expansion obtained experimentally.
2. Qualitatve Comparisons

To investigate the suitable discretization schemes, it was found
that by using the second order upwind for momentum term, the bubble
size will be more realistic, and by using the QUICK scheme for
the volume fraction term a clear bubble boundary as compared with
first order upwind is obtained. In addition, the first order upwind
leads to easier solution convergence as compared to second order
upwind and QUICK schemes. This finding can be useful for other
works associated with bubble properties.

As the fluidization proceeds, the bubbles split and coalesce con-
tinuously. Fig. 4 shows the contour plot of solid volume fraction
for the superficial gas velocities of 0.3, 0.4 and 0.5 m/s. The bubble
formation causes bed expansion. This figure shows that the bed ex-
pansion increases with the increase of superficial gas velocity. Fur-
thermore, the higher gas velocity causes formation of larger bub-
bles. This issue also has been confirmed by researchers [25,44]. The
experimental observations indicated small bubble formation near the
distributor and large bubbles at the top of the bed as the bubbles
coalesce and grow during their rise to the top of the bed [15,24,37,
42]. Large bubbles form in the middle of the bed because of more
bubble coalescence in this region. The reasons would be due to the
wall effects and interaction between the bubbles. Those behaviors
are also shown in Fig. 4.
3. Local Voidage

After the first five seconds the quasi-steady-state was reached;
therefore, the time averaged distributions of flow variables were
computed after the steady state conditions, from 5 s to 25 s. Fig. 5
shows the voidage, gas volume fraction, at Ug=0.3 m/s at several
bed heights. As it is seen, both experimental and simulation results
are asymmetric with respect to the centerline of the bed; at 0.15 m
above the distributor and higher axial level, more symmetrical be-
havior is observed. Fig. 5 also shows that the radial distribution of
gas phase volume fraction is a strong function of height above the
distributor. As shown, with increasing axial level of the bed (h), the
gas volume fraction increases at all radial positions especially at
the central region.

The influence of axial position on the radial profiles of voidage
is displayed in Fig. 6 at different gas velocities (Ug=0.4, 0.5 and 0.6
m/s). At constant level of the bed with increasing the gas velocity,
the voidage (gas volume fraction) increases. Also, for each gas veloc-
ity, the voidage increases with increasing the axial level of the bed.

Enhancing the voidage in the central region of the bed and a high
volume fraction of particles near the wall as shown in Figs. 5 and 6
is due to the considerable passage of bubbles in the central area and

recirculation of the particles near the wall. This behavior is in accord
with the experimental observations [45]. Any discrepancy between
the experimental and simulation results could be due to the effect
of the gas distributor, which was not considered in simulations and
using 2D instead of 3D modeling (cylindrical systems).

Fig. 5. Radial voidage distribution at Ug=0.3 m/s and various axial
levels.



1410 S. H. Hosseini et al.

September, 2009

Root mean square-deviation (RMS) criteria at different veloci-
ties (0.3, 0.4, 0.5 and 0.6 m/s) are presented in Table 4 and com-

puted as:

(1)

The method presented here shows a better agreement with the ex-
perimental data and needs a lower number of cells compared to the
other methods such as modified drag model of Syamlal-O’Brien
[25]. Therefore, this method can be considered for simulation of
industrial fluidization systems.

δRMSD = 
1
N
---- XExperimental − XComputational

XExperimental
----------------------------------------------------⎝ ⎠
⎛ ⎞

2

1

N

∑
1/2

100×

Fig. 6. Radial voidage distribution at various gas velocities, (a) 0.3, (b) 0.4, (c) 0.5 and (d) 0.6 m/s, and two axial levels of 0.273 and 0.4 m.

Table 4. RMS at different gas velocities

Gas velocity, m/s 0.30 0.40 0.50 00.61
RMS (at y=0.15 m) 4.17 - - -
RMS (at y=0.273 m) 5.39 2.95 5.08 05.86
RMS (at y=0.4 m) 8.62 6.28 7.56 12.83
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4. Instantaneous Solid Concentration
Analysis of the temporal behavior of the local solid concentra-

tion can provide much useful information for the hydrodynamics
of a fluidized bed. It can lead to a greater understanding of the flow
pattern of these systems.

Fig. 7 shows the instantaneous local solids concentration at dif-
ferent radial positions (r/R=0 and 0.95) at Ug=0.3 and 0.4 m/s at
z=0.5 m. In this figure, the solid horizontal lines show the average
solid concentration. With increasing Ug, the solid concentration fluc-
tuations become more intensive at both radial positions due to in-
creasing the interactions between two phases. In addition, the mag-
nitude and intensity of the fluctuations at the two positions are dif-
ferent. With increasing the gas velocity, the average solid concen-
tration decreases at both positions, especially at the central area.
However, the fluctuations of solid concentration at the central region
of the bed are stronger than the wall region. Furthermore, with mov-
ing toward the wall, there is an obvious decrease in the bubble fre-
quency and the solids content in the bubbles becomes higher as com-
pared to the central region. This is in line with the experimental result
of Zhu et al. [46]. By considering the validated model qualitatively
and quantitatively, the current model can be used as a suitable pre-
dictor tool to obtain detailed information of the hydrodynamics pa-
rameters of the bed.
5. Particles Velocity

One of the important parameters in the flow pattern of a fluid-
ized bed is the particle velocity. By obtaining a suitable solid velocity
profile, several phenomena such as heat and mass transfer can cer-
tainly be investigated. Fig. 8 shows the results of CFD simulation
of time-averaged particle velocities for gas velocity of 0.3 m/s at

three beds’ axial locations, z, equal to 0.2, 0.3 and 0.5 m. As can
be seen, particles are rising in the center of the bed and falling down
close to the wall. Fig. 9 shows the time-averaged axial particle veloc-
ity at U=0.3 m/s versus height above the distributor in the center of
the bed, which is a further explanation of solid hydrodynamics. As
shown in Fig. 9 at z equals to 0.46 m, the time-averaged axial solid
velocity is at its highest value of 0.5 m/s. An experimental valida-
tion of this phenomenon, which is vital in heat and mass transfer
studies, is required. From Figs. 8 and 9 it can be found that by in-

Fig. 7. Instantaneous solid concentration at various Ug and different radial position.

Fig. 8. Time-averaged radial distribution of particles velocity at
different axial level (Ug=0.3 m/s).
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creasing the axial location, the axial particle velocity is increased to
its maximum then reduced with further increasing of z. As can be
seen from Fig. 8, downfall of particles near the wall shows similar
trend, i.e., at a constant level of the bed, with increasing the upward
particle velocity in the center of the bed, downward particle veloc-
ity increases also.

CONCLUSIONS AND FUTURE WORK

A state-of-the-art two-fluid model integrating kinetic theory for
emulsion phase has been used to investigate unsteady state behav-
ior of a bubbling FCC fluidized-bed at high gas velocities. The model
was found to be suitable for simulation of BFB containing Geldart
A particles. The cohesive forces are accounted for by lowering the
SF of Gibilaro et al. [31] drag model. CFD results show that the
method suggested by McKeen and Pugsley [24] can be used at high
gas velocities. This model indicates the suitable trend of several hy-
drodynamic parameters that are confirmed by researchers [24,25,
37,44-46]. Some aspects of hydrodynamic behavior of the particle
flow pattern were predicted that they need more experimentation.
Consequently, the current method can be used at different scale of
the fluidized beds. This includes various FCC particle diameters
and different range of gas velocities. Confirmation awaits experi-
mental data of industrial scale fluidized bed. More investigation to
derive a general SF applicable to different conditions is required.
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NOMENCLATURE

CD : drag coefficient [-]
di : diameter [m]
es : restitution coefficient [-]
ew : wall restitution coefficient [-]
g : acceleration due to gravity [m/s2]
g0, ss : radial distribution coefficient [-]
h : height above the distributor [-]

: stress tensor [-]
I2D : second invariant of the deviatoric stress tensor [-]
kΘs : diffusion coefficient for granular energy [kg/m s]
Kgs : gas/solid momentum exchange coefficient [kg/m3 s]
P : pressure [-]
r : radial coordinate [-]
R : radius [-]
Rep : Reynolds number [-]
t : time [-]
Ug : superficial gas velocity [m/s]
νi : velocity [m/s]
z : height coordinate measured from distributor [m]
v's : fluctuating particle velocity of the particulate phase [m/s]

Greek Letters
αi : volume fraction [-]
γθs : the collisional dissipation of energy [kg/s3 m]
Θs : granular temperature [m2/s2]
λi : bulk viscosity [kg/m s]
µi : shear viscosity [kg/m s]
ρi : density [kg/m3]

: stress tensor [Pa]
φ : angle of internal friction [deg]
φgs : transfer rate of kinetic energy [ kg/s3 m]

Subscripts
col : collision
fr : friction
g : gas
i : general index
kin : kinetic
mf : minimum fluidization
p : particle
q : phase type (solid or gas)
s : solids
T : stress tensor
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