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Heat Transfer and hydrodynamics in a slurry bubble column have k e n  investigated up to 

a sturry concentration of 40 vol.% and gas velocities up to 0.30 d s .  The two important 

hydrodynamic parameters investigated are gas holdup and axial solid dispersion. Particle 

hindered settling velocities and solid dispersion coefficients are studied based on the 

sedimentation-dispersion model. Also investigated are variations of small and larger 

bubble size population and their rise velocities with sluny concentration. 

Local average heat tramfer coefficients at different radial and axial locations have been 

investigated. The heat transfer coefficients in the bulk region are higher than in the 

distributor region. Ln the bulk region, the heat transfer coefficients at the center are 

higher than at the wall. The effects of the orientation of the heat transfer probe on heat 

tramfer are analyzed. Generaily, heat transfer coefficients decreases with sluny 

concentrations. 

The fast response heat transfer probe used in this study provided instantaneous 

information on the heat transfer coefficients. The enhancement of heat transfer due to 

the turbulent bubble wake region has been studied to understand bubble wake dynamics 

over the range of operating conditions studied. 

Literature correlations for predicting heat transfer coefficients in sluny bubbie columns 

have been tested and their limitations are pointed out. Modifications to wel1 known 

literature correlations have been proposed. 
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Nomenclature 

a paç-liquid specific interfacial area (m - ' ) 
a, surfacearez:--.runitvolumeofparticle(m-') 

A 1 -A4 coefficients in Equation (2.2.1 5 )  

A, cross-sectional area of column (m ' ) 
A coefficient in Equation (4.2.12) 

b 1 .b 2 constant in Equation (4.1.1 1 ) 

c coefficient in Equation (2.2.6) 

c 1 c 4 coefficients in Equation (4.2.18a) and (4.2.18b) 

c b constant defined in Equation (4.2.16) 

Cs solid concentration ( k g h  ) 

C ,, solid concentration at colurnn bottom ( k g h  ) 

C coeficient in Equation (2.2.8) 

C - 7 coefficient in Equation (2.2.9) 

C coefficient in Equation (2.2.16) 

C coefficient in Equation (2.2.1 8) 

C s, C coefficient in Equation (2.2.19) 

C coefficient in Equation (2.2.26) 

C 8 coefficient in Equation (2.2.28) 

Cg coefficient in Equation (2.2.29) 

C o. C 1 coefficient in Equation (2.2.30) 

C specific heat ( k l k g  OC ) 

d diameter of bubble (m) 



d, equivalent hydraulic diameter of particle (m) 

d~ particle diameter (m) 

D column diameter (m) 

De molecdar diffusuvuty (m 1s) 

E pt. potential energy of the particles in suspension (I) 

axial solids dispersion coefficient (rn k )  

bubble wake enhancement factor (-) 

objective Function 

gas Froude numner ( = - ) 
4 s  

gas Froude Nurnner defined in Equation (2.5.4) 

3 

acceleration due to gravity (mis - ) 
height difference measured fiom water manometer (m) 

heat transfer coefficient (kW/ rn O C ) 

heat transfer coefficient in liquid-solid fluidized bed (kW/ m O C ) 

heat transfer coefficient in three phase fluidized bed (kW/ rn O C  ) 

average heat transfer coefficient (kW/ rn O C ) 

instantaneous heat transfer coefficient (kW/ rn ' O c ) 

heat transfer coefficient in column center (kW/ rn O c ) 

heat transfer coefficient in column wall (kW/ m O c ) 

distance (m) 

column height (m) 

expanded bed height (with gas present) (m) 

static bed height (without gas) (m) 



k relative wake hoidup(ratio of wake volume to bubble volume) (-) 

k, relative wake holdup in solid fiee system (-) 

k 1 liquid themal conductivity (kW/m OC ) 

k , solid paiticle thermal conductivity (k W/m O C ) 

k ,, slurry thermal conductivity (kWlm O C ) 

k W  wall-to-bed heat transfer coefficient (kWlm O C ) 

K, wall-to-bed mass transfer coeficient ( d s )  

K 1 mass Eninsfer coefficient based on liquid side ( d s )  

1 mean distance between bubbles (m) 

1 b bubble chord length (m) 

L parti.de length (m) 

= P  probe length (m) 

n coefficient in Equation (2.2.6) 

n 1 -n 3 exponents in Equation (2.2.18) 

n d  flux of soiids particles due to dispersion (kg/ rn' s) 

N nurnber of collected data (-) 

hD 
Nu Nusset number ( - ) 

ki 

hdb Nu Nusset number based on bubble diarneter (= - ) 
kl 

h w D  
Nu, Nusset nurnber ( - ) 

k 1 

Nu' Nusset number defined in equation (2.5.4) 

P pressure (Pa) 

V ~ D  > Pe Peclet number (=- 

Es 



C p l ~ l  
Pr Prandtl nurn ber (= - ) 

in,g incoming power with the gas phase (W) 

Po pressure at atmospheric conditions (Pa) 

2 3 P , energy dissipation rate (m /s ) 

9 k a t  transfer rate ( k W h  ) 

q ave average heat transfer rate ( k W h  ) 

Q heatflux(kw/mZ) 

Q volurnetric flowrate of gas at atmo~phenc conditions (m /s) 

r radial distance fiom column center (m) 

R radii of the column (m) 

R ,, radii of cy lindrical probe (m) 

V d 
Re Reynolds number (= ) 

I 

Re' Reynolds number defined in equation (2.5.4) 

Re gas Reynolds number (= 
VsDpl ) 

Pi 

pvdb ) 
Re b Renolds nurnber based on bubble diameter (= - 

v1 

Re, Renolds number based on probe radii (= 
Ub.oR, 

VI 
1 

U t d ~  ) 
Re, particle Renolds number (= - 

VI Sc Schmidt number (= - ) 
De 

Sh b Shenvood number based on bubble diameter (= 
~ ~ a d g  

1 
6 ~ p e  



K a )  Shenvood number based on column diarneter (=- 
D e  

Stanton nurnber ( 
h 

) 
P ~ I  vg 

time (s) 

contacting time (s) 

temperature ( O C ) 

bed temperature ( O C ) 

probe surface t e m p e m e  ( O C ) 

wall temperature ( O c ) 

U bVave average bubble rise velocity (rn/s) 

U b,, average bubble nse velocity in column center (rn/s) 

U b,L larger bubble rise velocity (rn/s) 

U b, small bubble rise velocity (rn/s) 

U l,f minimum tluidization velocity ( d s )  

U particle hindered settling velocity (mk) 

U, generalized solids settling velocity ( d s )  

U t  single particle terminal velocity ( d s )  

U,, velocity at which transition occurs from dispersed flow to chuni flow regime(rn/s) 

U , terminal bubble rise velocity ( d s )  

Va ,V , axial and radial components of liquid velocities (mk) 

V , Iiquid circulation (m/s) 

V b, larger bubble superficial gas velocity (rn/s) 

V b,s small bubble superficial gas velocity (m/s) 

V b,m charactenstic terminal bubble nse velocity ( d s )  



superficial gas velocity ( d s )  

superficial liquid velocity ( d s )  

drift velocity ( d s )  

solids convective velocity (m/s) 

reactor volume (rn ' ) 
superficial slurry velocity (mk) 

the mass of  solids in the column (kg) 

ratio of solids concentration in bubble wake to liquid-solid region (-) 

average peak height of heat transfer coefficient (kW/ rnZ O C  ) 

distance (m) 

axial distance along the column (rn) 

Gree k sym bols 

thermal dif i ivity (rn 1s) 

constant in Equation (2.5.23) 

phase holdup (-) 

bed voidage for zero gas flow (-) 

gas holdup in two phase (-) 

gas holdup in three phase (-) 

larger bubbles gas holdup (-) 

small bubbies gas hûldup (-) 

liquid holdup in liquid-solid fluidized bed (-) 

liquid holdup in three phase fluidized bed (-) 

soli& ho ldu~  in the Iiauid-solid fluidized remon (4 



solids holdup in bubble wake (-) 

wake volume fraction (-) 

density ( kg/m ) 

viscosity (kg/m s) 

7 
kinematic viscosity ( m /s) 

kinernatic liquid viscosity (m /s) 

7 
effective kinematic slurry viscosity (m - /s) 

a 

v e ~ ,  rad radial momentum trmsfer coefficient (m ' /s) 

thickness of thermal boundary layer (m) 

thickness of laminar viscous boundary layer (m) 

contacting time (s) 

length scale (m) 

velocity scale (mis) 

density (kg/rn ) 

liquid surface tension (kg/s ) 

variance of peak height distribution 

liquid or solid fraction in slurry phase (-) 

area fraction of peak height i (-) 

particles shape factor 

average fraction of liquid in slurry phase (-) 

normalized heat transfer coefficient (-) 

difference 



Subscri pts 

P partide 

s solid 

SI slurry 

w water 



1.0 Introduction 

Sluny bubble columns belong to the general class of mdtiphase reacton. A multiphase 

reactor is a system in which gas and liquid phase are contacted with a solid phase 

(usually a catalyst). The multiphase reactors can be classified into three main categories: 

the trickle bed reactor (fixed or packed bed), the gas-liquid-solid Buidized bed reactor 

and the bubble (sluny) column reactor. These reactors have diverse applications in 

chernical, biochernical, petrochemical, and waste water treatment industries. In most 

applications, the reaction occurs between a dissolved gas and a liquid-phase reactant in 

presence of a solid catalyst. 

Figure 1.1 shows a schematic diagram of a typical slurry bubble column reactor. Gas 

enters the bottom of the reactor through a gas distributor rising in the fom of bubbles 

through a continuous sluny phase. Liquidlslurry enten at the bottom of the reactor and 

exits from the side. A heat exchanger may also be necessary to control temperature. The 

column can be operated in a batch or continuous mode with cocurrent or countercurrent 

flow. 

T'he applications of bubble columns and slurry bubble columns have been listed in 

literature (Shah et al., 1982; Fan, 1989; Dudukovic and Devanathan, 1992). These 

reactors have found application in such diverse processes as hydrotreating and conversion 

of heavy oil, liquid fiels production by Fischer-Tropsch synthesis, methanol synthesis, 

dirnethyl ether production, polymerization (production of polyolefines), fermentation 

(production of ethanol and marnmalian), biological waste water treatment and flue gas 

desulphurization. Biomedical engineering is another area of application of bubble 

column. One blood oxygenator is a typical bubble column. For example during the 

operation of the hurnan heart (in some cases) or malfùnction of the human lung, oxygen 

is supplied to hurnan blood through a blood oxygenator which is a typical bubble column. 



Gas 

Figure 1.1 Slurry Bubble Colurnn Reactor 



One important area of curent interest in slurry bubble columns is the production of 

environmentally benign liquid hels via Fischer-Tropsch synthesis. As reported by Zhou 

et al. ( 1 WZ), the development of s l w y  bubble column technology for these processes is 

an area of high priority research at the US Department of Energy Pittsburgh Energy 

Research Center (DOE-PETC). The slurry process presents substantial potential 

advantages over conventional fixed-bed and entrained bed processes (Bukur and Daly, 

1987: Bukur et al., 1987). Deckwer and Schumpe ( 1993) summarized the advantages of 

bubble colurnns over other types of multiphase reacton: 

High liquid (slurry) phase content for the reaction to take place; 

Reasonable interphase mass transfer rates at Iow energy input; 

High selectivity and conversion per mass; 

Excellent heat transfer properties and easy temperature control; 

Online catalyst addition and withdrawal; 

Washing effect of the Iiquid on the ~talys t ;  

Solid can be handled without serious erosion or plugging problems; 

Little maintenance is required due to simple construction and no problern with 

sealing due to absence of any moving parts; 

Bubble column reactors are relatively cheap to construct and operate. 

The disadvantages of these reactors include: 

Considerable backmixing in both the liquid (slurry) phase and the dispersed gas 

phase; 

Low volurnetric cataiyst loading; 

Bubble coalescence; 

Dificult to s a l e  up. 



In addition industry has identified sorne problems of practical importance. For example, 

the catalyst deactivation rate can increase with increasing slurry concentrations. 

Separation of fine catalyst particles fiom liquid products can also be difficuit. Foaming 

can also becorne a problem in certain applications. For continuous systems, the solids 

c m  produce erosion in the impeller and pump housings. Abrasion in the s l w y  reactor 

also interfaces with the flow of product. 

1.1 Objectives of the Study 

Although of relatively simple construction, sluny columns are difficult to sa le  up due to 

lack of information on hydrodynarnics and transport processes over a wide range of 

operating conditions of practicd interest. For example, productivity of a catalytic sluny 

reactor could be enhanced by increasing catalyst loadings and high gas flow rates would 

be required to increase reactor throughputs. It is, therefore, important to identifi 

practical operational limits at high slurry concentrations. For example, gas distributor 

design and configurations and colurnn start up procedure could be influenced by high 

siurry concentration. 

This study investigates hydrodynarnics and heat transfer (both instantaneous and average) 

in a sluny bubble colurnn over a wide range of operating conditions. The sluny 

concentration is varied up to 40 vol.% and gas velocities up to 0.30 d s .  The two 

important hydrodynamic parameters investi gated are gas holdup and solids dispersion. 

Also variations of srna11 and large bubble size population and their rise velocities with 

slurry concentrations are analyzed. 

A good understanding of heat transfer rate is required for a proper design of heat transfer 

surface in slmy bubble culumns. This is especially important for exothermic reactions 

like Fischer-Tropsch synthesis. Reported heat transfer studies in slurry bubb te colurnn 

have been limited to low slurry concentrations and low gas velocities Oeckwer et al., 

1980; Saxena et al., 1990a, 1990b). Moreover, little attempt has been made to study 



radial and axial variations of heat transfer coefficients. This study investigates heat 

transfer coeficients at different radial and axial locations at sluny concentrations up to 

40 vol.% and gas velocities up to 0.30 m/s. The differences in heat transfer rates in 

distributor and bulk region are analyzed as a fùnction of operating conditions. The new 

fast response heat transfer probe provided quasi-instantaneous measurements of heat 

transfer coefficients. The enhancement of heat transfer coefficient due to turbulent 

bubble wake region has been analyzed to understand bubble wake dynamics over the 

range of operating conditions investigated in different regions of column. 

Literature correlations for prediction of heat tramfer coefficients in slurry bubble 

columns have been tested and their limitations have been pointed out. Necessary 

modifications to well known literature correlations have been proposed wherever needed. 



2.0 Literature Review 

2.1 Classification and Flow Regime 

The classification of three phase systems can be extended from that of gas-liquid gas- 

solid or liquid-solids systems. It is convenient to classi@ thern according to the state of 

particle motion. Particle motion can be subdivided into three basic operating regirnes: 

the fixed bed regime, the expanded (fluidized) bed regime and the transport regime. 

Figure 2.1 shows an operating regime map for the air-water-sol id system with cocurrent 

upward flow of gas and liquid (Fan et al., I987a). The fixed bed regime exists when the 

drag force on the particles induced by the flow of a gas-liquid mixture is smaller than the 

effective weight of the particles in the system. With an increase in gas a d o r  liquid 

velocity, the drag force counterbalances the eRect of particle weight in the system. This 

point is known as the minimum fluidization velocity ( Uimf)  as the bed is in a state of 

minimum fluidization. This mode of operation is known as the expanded bed regime as 

the gas md/or liquid velocity is further increased beyond the minimum fluidization 

velocity. The expanded bed regime continues until the gas ancilor liquid velocity reaches 

the terminal velocity of the particle (Ut  ) beyond which the transport regirne begins. 

Typical operating ranges for three phase fluidized beds and sluny bubble colurnns are 

shown in Figure 2.2 (Fan et al., 1987a). Three phase fluidized beds operate in the 

expanded bed regime covering U t  fiom 3 to 50 cm/s. Sluny bubble columns may 

operate in both the expanded and transport regimes covering U t  from 0.03 to 7 crn/s. 

Bubble colurnns normally operate with a height to diameter ratio of greater than five and 

with superficial gas velocities fiom I to 30 c d s  and liquid velocities fiom O to 2 c d s .  



Figure 2.1 Operating regmes for cocument upward gas-liquid-solid 
systems with liquid as the continuous phase 
(hm Fan et al., 1978a) 



Figure 2.7 Cornmon operatine ranges t'or three-phase tiuidized 
bed and slurry bubble coiumn systerns 
( from Fan et al.. 1987a) 



2.1.1 Flow Regimes in Bubble Column 

The hydrodyamics and heat transfer characteristics in bubble columns depend on the 

nature of the tlow pattern in the three phase fluidized bed and s l q  bubble colurnns. 

Various flow patterns have been described with the help of flow regime maps (Figure 

2.3). Researchen have ourlined different criteria to differentiate the flow regmes ( 

Darton and Hanision. 1975: HiIIs. 1976: Kawagoe et al.. 1976: Matsuura and Fan, 1984). 

The tlow regimes and their boundanes have ofien been determined based on visual 

observations. Three types of flow regimes have been observed in sluny bubble columns. 

Thev include dispened bubble regime. the coalesced bubble regime and slug tlow 

regme. For bubble colurnns. the terminology used for the correspondinç regmes is 

siightlv different. The dispened bubble regime is referred to as the homogeneous or 

bubble flow regime and the coalesced bubble regime as the heteroeeneous or chum 

turbulent regime. 

2.1.1.1 Bubble Flow Regime 

This tlow regime 1s characterized. by bubbles of relativeiy unifom size which are 

disrnbuted over the entire cross sectional area of the column. This regme has been 

reponed to exist at superficial $as velocities less than 0.05 nus in batch colurnns (Hills. 

1974: Fan. 1989). In the bubble flow regime. the gas holdup rapidly increases with an 

increase of superficial gas veiocity. Kawasoe et al. ( 1 976) found that the gas holdup in 

the bubble flow regime was increasing lineariy with superficial gas velocim. 

2.1.1.2 Churn Turbulent Regime 

At higher gas velocities, the pseudo homogeneous dispersion of gas in liquid can no 

longer be maintained and an msteady flow pattern with turbulent motion caused by the 

formation of Iarger bubbles is obtained This heterogeneous flow regime is characterized 



Fiwe  2.3 Flow regune map for a iiquid-batch bubble column 
or a slurrv-batch bubbie column containine CI a low 
viscosity k p i d  phase 
( tiom Deckwer et al.. 1 980) 



by bubble coalescence and break up, resulting in a wide bubble size distribution. This 

flow regime has been found to exist at superficial gas velocities higher than 0.05 m/s in a 

batch bubble colurnn (Hills, 1976). Matsuuni and Fan (1984) reported that the coalesced 

bubble regime consisted of a mixture of larger and small bubbles with diameters ranging 

from a few miIlimeters to a few centimeters. 

2.1.13 Slug Flow Regime 

This regime has been observed in small diameter columns, at high gas flow rates when 

larger bubbles are stabilized by the column wail leading to the formation of bubble slugs. 

Bubble slugs have been observed in the colurnn diameter up to 0.1 5 rn (Hills, 1976; 

Miller, 1 980). 

2.1.2 Flow Regirne Charts 

Several flow regirne charts have been presented in literature to identi@ the boundaries of 

various flow regimes (Shah et al., 1982; Fan et al., 1985; Muroyama and Fan, 1985). The 

transition from one regirne to another is usually identified by visual observations which 

make a difficult determination of the boundaries. Deckwer et al. (1980) proposed the 

typicd flow regime map shown in Figure 2.3 for both bubble and slurry bubble columns 

with a batch liquid phase. 

The operating conditions for the transitions between the three regimes depend on particle 

size and density, gas and liquid flowrate, column diameter and liquid properties. Bukur 

and Daly (1987) observed the coalesced bubble regime for gas superficial velocities 

between 2 and 5 cm/s. Krishna et al. (1991) noted that the influence of increased 

pressure was to "delay" the transition to chm-turbulent regime. Wilkinson et al. ( 1992) 

reporteci that higher liquid viscosity promoted bubble coalescence which favored 

transition to the coalesced bubble regime at lower gas velocities. Higher gas density or 

higher pressure extended the dispersed bubble regime to higher gas velocity due to the 



promotion of bubble breakup (Clark, 1990; Wilkinson and Dierendonck, I W O ;  Knshna 

et al., 199 1 ). Kara et al. (1982) observed that an increase in solids concentration, particle 

size and slurry velocity resulted in early transition to coalesced bubble regime fiom the 

dispersed regime. 

2.2 Phase Holdups 

The phase holdup in a rnultiphase system is defined as the volume fraction occupied by 

the considered phase in the system. In a slurry bubble column, the solids holdup is 

alrnost uniformly distributeci along the column height. Thus, the following expression 

represents phase holdups relationship: 

Eg +El +ES = 1 

The average solids holdup cm be calculated using: 

E S  =Ws / ( ~ & ~ d  ) (2.2.2) 

where, A, is the cross-sectional area of the column; H d is the height of dispersion; W , 
is the mass of solids in the colurnn. 

The static pressure gradient, neglecting frictional pressure drop, is expressed by : 

@ /' &=g(egpg +CIPI +%PSI (2.2.3) 

Equation (2.2.1 ) through (2.2.3) can be used to calculate individual holdups. 



2.2.1 Phase Holdup Measurement Technique 

Gas holdup is one of the important parameters characterizhg the hydrodynarnics of 

bubble wlumns (Shah et al., 1982). The following section reviews the various 

techniques that have been used in measunhg the phase holdup. They will k grouped 

into two sections: overall (average) and local phase holdup. 

2.2.1.1 Overall Phase Holdups 

Various techniques have been used to rneasure average gas holdup in bubble columns 

and slurry bubble columns. They include 

2.2.1.1 - 1  Phase holdup frorn pressure profile 

2.2.1.1.2 Simultaneous Closure of Gas and Liquid Flows 

7.2.1 .1.3 Gas Disengagement technique 

2.2.1.1.4 Gamma ray attenuation 

2.2.1.1.5 Shutter plate technique 

2.2.1.1.1 Phase Holdup Based on Pressure f rofile 

The most widely used technique in measuring phase holdups is the pressure profile 

method (Hikita et al., 1980; Miller, 1980; Fan et al., 1985; Reilly et al., 1986; Wachi et 

al., 1987; Prakash, 1991; Del Pozo, 1992; Gandhi, 1997). Pressure protile along the 

column height can be obtained by measuring the static pressure at two or more points 

along the column. This can be accomplished by using manometen or pressure 

transducers. 

The measurement based on manometen has k e n  proven to be very accurate at Iow gas 

velocities. The fluctuations in the manometer levels are srnail and accurate readings of 

static pressure can be obtained. However, as the gas velocity increases, larger liquid 



level fluctuations in the manometers reduce the accuracy. Prakash ( 199 1 ) and Gandhi 

(1997) inserted capillaries in the manometer lines to dampen the liquid level fluctuations. 

In sluny system, fine particles present another problem. The fine particles present in the 

system can enter the manometer lines and introduce measurement errors due to plugging. 

2.2.1.1.2 Simultaneous Closure of Cas and Liquid Flows 

The average gas holdup can be determined over the column height by simultaneously 

stopping the gas and liquid flow and measuring bed height before and after gas escape. 

This technique is based on the knowledge of the gas-liquid dispersion height (Hd ) and 

static height (H, ). The volume of the gas present is equal to the difference between the 

dispersion height and the static bed height: 

and 

In continueous bubble columns, the dispersion height is usually assumed to correspond to 

the column height (H, ), while in batch bubble columns, the dispersion height varies with 

the initial bed height. A number of researchers have used this technique to measure 

phase holdups in two and three phase systems (Akita and 'fahida, 1973; Kato et al., 

1973; Grover et al.. 1986; Hatate et al., 1986; Morooka et al., 1986; Ozturk et al., 1987). 

This technique is relatively simple, and able to provide a wide range of information about 

bubble column hydrodynamics. However, there are several errors which can reduce the 

accuracy of the results. 

1)In batch systems, it is difficult to determine an accurate gas-liquid dispersion height 

when there are large fluctuations at the interface. In continuous bubble columns, it is 



also inaccurate to assume a dispersion height equal to the colurnn height because of weir 

effects (Prakash, 199 1 ). 

2)The design of gas and liquid sparger plays a vital role in limiting the magnitude of the 

erron. Some gas is capable of flowing into the column after the gas has been hirned off 

due to higher pressure fond  inside the distributor before the gas is tumed off. The gas 

velocity gradually reduces to zero as pressure equilibrates. Also, liquid may drain into 

the gas sparger and into the gas line (Schumpe and Grund, 1986). In conhnuous bubble 

columns, shutting off the gas promotes surface waves due to the escaping gas bubbles, 

resulting in some liquid entrainment out of the colurnn. 

2.2.1.13 Gas Disengagement Technique 

The dynamic gas disengagement technique can be used to estimate the holdup stmcture 

and bubble rising velocities. The bubble size distribution affects the gas holdup, the 

intefiacial area, and residence time distribution. 

The technique was first used by Sriram and Mann (1977). It required an accurate 

measurement of the rate at which the level of gas-liquid dispersion dropped once the gas 

flow was closed. The change in gas-liquid dispersion height was originally determined 

by fast fiiming the drop afier tuming off the gas. The rneasured disengagement profile 

was used to estimate the holdup structure. This technique also provided information on 

the bubble size distribution and bubble rise velocities (Schumpe and Grund, 1986). It 

requires that the holdup structure remain undisturbed by bubble interactions ( i.e. 

coalescence and breakup) after shumng off the gas (Schumpe and G m d ,  1986). The 

resulting disengagement profile can be used to separate the contributions of smaller and 

larger bubbles to the gas holdup (Schumpe and Grund, 1986). However, the fluctuations 

in the larger bubble disengagemet becorne significant, thus the averaging of repeat nuis 

is essential. 



Lee et al. ( 1985) applied a novel digitai sensor to measure the levei of dispersion height. 

This technique provided a more accurate measunment. A levei measuring procedure 

was automateci, which was readily interfaced with a cornputer to record the real time 

dynamic gas disengagernent profile. The sensor consisted of a buoy and a light emitter- 

detector pair. At higher gas veiocities (> 3 cm/s), the fluctuations in the buoy become 

sigulfican& thus a heavier buoy and avemging of repeat nms were essential. 

Daly et al. ( 1992) used a presure aansducer to m a u r e  the rate of the liquid level drop as 

gas flow was c l o d  A pressure transducer permits the use of the gas disengagement 

technique in opaque systems, and they reduce the uncertainty involved in estimaîing the 

rate at which the liquid level dropped durÏng larger bubble disengagment (Daly et al., 

1992). 

2.2.1.1.4 y -ray Atîenuation 

The 7 -ray attenuation method is a non-intrusive technique based on the attenuation of 

the radiation in a mixture. Lockett and Kirkpatrick (1975) applied the y -ray attenuation 

technique to obtain the mean gas holdup in gas-liquid dispersion, which were in good 

agreement with the results by shmng off the gas and iiquid flow. Vasalos et al. (1982) 

used the y -ray atîenuation technique to estimate the bed height. and liquid and gas 

holdups. D isadvantages wi th this technique are the requirernents for elaborate handiing 

arrangement and precautions with respect to radiation. 

2.2.1.15 Shutter Plate Technique 

Kato et al. (1985) used a shutter plate technique to obtain the phase holdups in s l w  

systems. The holdups of each phase was obtained by measuring the volume of trapped 

gas and solid particles between two shutîer plates. The accuracy of this techique is 

g r d y  lirnited by die requirement of simutaneous and qui& ciosure of the shutter plates. 



2.2.1.2 Local Phase Holdups 

Various techniques have k e n  used to measure local gas holdup in bubble colurnns and in 

slurry bubble colurnns. They include 

2.2. f -2.1 Electroconductivity Technique 

2.2.1.2.2 Impedance Probe Technique 

2.2.1.2.3 Optical Probes 

2.2.1 -2.4 Wtrasonic Technique 

2.2.1.2.5 Larer Holography 

2.2.1.2.6 Particle image Velocimetry 

2.2.1.2.1 Electroconductivity Technique 

This technique, based on the electrical conductivi ty measurement, depends on the 

concentration of each phase. Some methods are based on the difference in the 

conductivity between the liquid phase (conducîive) and the gas phase (relatively non- 

conductive). Different conductivity responses are given by the liquid and gas phases. 

This holdup measurement technique can be used to measure the cross-sectionai average 

and local gas holdups. 

The reliability of the probe for the measurement of the gas holdup can, however, be 

affkcted by the interference of the electroconductiMty probe with the local 

hydrodynamics, especially with bubble motion. Another major limitation of this 

technique is that it fails to detect very small bubbles and very large bubbles that avoid the 

probe (Hudson, 1996). 

This technique has been used in bubble coiurnns, liquid-solids bed and three-phase beds 

(Rigby, 1970a; Turner, 1976; Sigrist et al., 1979; Hills, 1974; Ueyama et al, 1980; 

Mmhese et al., 1992). 



Conductivity probes must be made of highly conductive material, and electrochemicaily 

stable to withstand the surrounding, conductive solution. One generai disavantage of this 

technique is that solution has to be electroconductive. An electroconductive solution can 

create a hanh enviroment leading to the corrosion. The presence of saits in aqueous 

phase are also capable of changing the liquid coalescing propemes. 

2.2.1.2.2 ïmpedance Probe Technique 

The determination of the gas holdup from electrical impedance measurements has been 

widelv used by several researchers (Hardy and HyIton. 1984: Wolff et ai., 1990). This 

technique, based on the eiectrical impedance, depends on the fraction and distribution of 

the phases. The impedance method provides a very rapid response but the accuracy of 

this technique is somewhat doubtfil due to uncertainties in the data interpretation 

(Prakash, 1991). The main disavantage is its potential sensitivity to flow patterns. Gas 

bubbles may tend to swerve to avoid the probe and, depending on the flow configuration, 

a wide range of impedance vaiues might be expected for a given void fraction (Prakash, 

199 1 1. Problems with noise may become predorninant when cables are long. 

2.2.1.23 Optical Probes 

Optical probes detect the change in the index of reflection in the medium to provide local 

values of phase holdup. Several researchea have used this technique to m a u r e  phase 

holdup in three phase fluidized beds. Ishida and Tanaka ( 1980) used an opticai probe in 

three phase beds. The probe consisteci of a single optical fiber with two others 

connected The single fiber was capable of projecting light and receiving its reflection. 

Nottenkamper et al. (1983) used a U-shape fibre optic probe to measure local gas holdup 

in bubble column. De Lasa et ai. (1984) and Lee et al. (1984, 1987) used a silica optical 

fiber probe with a U-shaped tip sensor to measure the time average gas holdup and 

bubble chanicteristics. nie gas holdup was detennined from the summation of ail gas 
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bubbles in contact with the probe. Yu and Kim (1988) used a U-shaped optical fiber 

probe to masure the gas holdup, bubble velocity, and bubble chord length. 

The main advantages of this technique are usefid in a non-conductive solution and fast 

response (les than 1 p s for a single fiber probe). The limitation of the probes are high 

equipment coas, poor small gas bubble detection, and their sensitivity to deposits. 

2.2.1.2.4 Ultrasonic Technique 

The ultrasonic technique is a relatively new technique that cm be used to simultaneously 

measure phase holdups in three phase systerns (Maezawa et al., 1993). This technique 

requires a transmitter to emit an ultrasonic wave that travels through a three phase system 

and an ultrasonic receiver located at the other end which will receive the transmitted 

signal. The technique uses the change in acoustic velocity and attenuation of sound wave 

to determine phase holdups. The acoustic velocity of the wave is generally higher in 

solids than in liquids which in tum is higher than in gases, therefore from the change in 

acuustic velocity, one can detemine the makeup of the mixture. Since ody a part of the 

wave is transmitted through the medium (the rest is reflected back or scattered by 

particles and bubbles), the amplitude of the wave will also be reduced. The change in 

amplitude (or attenuation) and acoustic velocity of a mixture depend on density, particle 

size and applied frequency. Warsito et al. (1995) applied the ultrasonic technique to gas- 

liquid and liquid-solid systems. Soong et al. (1995) and Stolojanu and Prakash (1997) 

applied the ultrasonic technique to three phase slurry systems to measure solids 

concentration. 

2.2. 1.25 Laser Holography 

The laser holography technique is capable of providing the diameter, shape, and position 

of every gas bubble at a given time (Petenon, 1984). This technique cm provide the 

information without interfering with the bubble motion. This technique does have some 



drawbacks in that it is expensive, hard to set up, and difficult to use at higher gas 

velocities, 

2.2.1.2.6 Partiele Image Veiocimetry 

Particle Image Velocimetry system is capable of providing instantaneous, quantitative 

results on a flow plane including instantaneous velocity distributions of different phase, 

gas and solid holdups, bubble sizes and their distribution ( Chen et al., 1994). The system 

can be used to mesure local flow properties in 2-dimentional and 3dimentional bubble 

colwnns and fluidized beds (Chen and Fan, 1992; Chen et al., 1994; Lin et al., 1996). 

The PIV system consists of schemes which identify the particle image and compute the 

displacement between the particle images h m  successive frame. The main advantage of 

this technique over the probe type system is its ability to operate without affecting the 

flow characteristics in the column. This system is not suitable for slurry systems because 

of the opacity of the system. 

2.2.2 Effeets of Operating Parameters on Phase Eoldups 

Studies on slwy bubble columns have shown that the gas holdup can be affected by 

parameten such as gas and liquid velocities, Iiquid physical properties, gas density and 

pressure, colurnn dimeter, gas distributor, and solids concentration, size, and density. 

2.23.1 Effeets of Gas Veloeity 

Gas holdup in bubble columns depends maidy on superhial gas velocity (Shah et al., 

1982). For bubble columns and slurry bubble columns, gas holdup has been found to 

increase with increasing superficial gas velocity (Kim et al., 1972; Koide et al., 1984; Fan 

et ai. 1987; Saxena et al., 1989, 1990a). In the dispersed bubble 80w regime, this 

increase has been found to be proportional to surperfïcal gas velocity (Bach and Pilhofer, 

1978; Lockett and Kirkpaûick, 1975; Kara et al., 1982). For coalesced bubble regime, 



the effect of superficial gas velocity on gas holdup is iess pronounced (Kara et al., 1982; 

Koid et al., 1984). Ying et al. ( 1980) found that at lower gas velocities (Vg < 0.03 m/s), 

the existence of solids did not change the gas holdup. However, Sauer and Hempel 

(1987) observed that the presence of small light particles (dendity c 1300 kglm3) at low 

gas velocity (Vg < 0.04 d s )  produced smaller bubbles and consequently higher gas 

holdup. Wolff et al. (1990) also reporteci higher gas holdup at low gas veiocity and low 

solids concentration. Some researchers (Sauer and Hempel, 1987; Wolff et al., 1990) 

reported that high superficial gas velocity, higher solids concentrations and particle 

densities resulted in larger bubbles and consequently lower gas holdup. 

The relation between the gas holdup and gas velocity is generally of the form: 

where. c and n are empincal constants, obtained from experimentai data. The value of n 

depends on the flow regime (Shah et al., 1982). For the dispersed flow regime, n varies 

fiom 0.7 to 1.2 (Bach and Pilhofer, 1978; Deckwer et al., 1980; Ozturk et al., 1987). in 

the chum turbulent regime, the exponent n takes values from 0.4 to 0.7. 

The shapes of radial gas holdup profiles are also influenced by gas flowrate. At low gas 

velocities. the gas holdup is almost independent of the radius, with oniy a slight decrease 

near the wall (Nottenkaernper et al., 1983). Hills ( 1974) observed that the radial profile 

of gas holdup was reiatively Bat gas velocities below 0.03 d s .  With increasing gas 

velocity, the profile of local gas holdups showed a parabolic shape and a sharp maximum 

at the center. Wachi et al. ( 1987) obsewed the gas holdup to be 10% to 20% lower at the 

column wall than at the center. Lin et al. (1996) also reported the same conclusions 

using the particle image velocimerry technique. 



2.2.2.2 Effects of Liquid Veloeity 

Bukur et al. (1989, 1990) studied the effect of the operating mode on the gas holdup. 

They used two types of solids (iron oxide and silica) in two size ranges(0 to 5 p m  and 20 

to 44 ), with solids concentrations of O to 30 wt%. Nitrogen was used as gas phase 

and superficiai gas velocity was varied from 0.02 to 0.1 2 m/s. Hydrotreated reactor wax 

(FT-300 paraffin) and SASOL wax were used as the liquid phase. They observed that 

even a small upward liquid flow (0.005 m/s) lowen gas holdup significantiy; however, a 

M e r  increase of liquid flow had a marginal effect on the gas holdup. It appears that 

the diserence between the batch and continuous modes of operation are due to changes 

in the foaming characteristics of the medium. For the batch case , the foarn accumulates 

at the top of the dispersion and increases the gas holdup, whereas in the continuous mode 

the foam is removed by the recirculating sluny. These resdts were confirmed by Pino et 

al. ( 1990a, 1990b) who found that the operating mode strongly affects the gas holdup of 

foaming systems. They also found that an increase in liquid velocity (O to 3.21 cmls) in 

foaming systems resulted in a decrease in gas holdup and then, as liquid velocity 

increased, gas holdup went through a minimum and then increased again. They did not 

observe any influence of liquid velocity on the gas holdup for non-foaming systems. 

Results obtained in the continuous mode of operation by other researchsen indicated that 

liquid velocity either has no effect on the average gas holdup (Shah et al., 1982; Kelkar et 

al., 1984; Ying et al., 1980) or decreases the gas holdup slightly (Kara et al., 1982; 

Kefkar et al., 19û4). This was also confirmed by Wilkinson et al. (1992). According to 

Kellar et al. (1984), the effect of sluny velocity on the gas holdup was more pronounced 

at lower gas velocity where bubbling flow regime prevailed. However, it should be noted 

that most previous studies :vere conducted with a liquid without a tendency to foam. in 

the case of foarning systems, the method used to measure the gas holdup is important. 



2.2.23 E f f '  of Liquid Physieal Properties 

The effect of liquid properties on the gas holdup is related to the bubble formation andior 

coalescing tendencies. An increase in liquid viscosity results in larger bubbles and thus 

higher bubble rising velocities and lower gas holdup. 

Adding a small arnount of a surface acting material (surfacant) to water, such as a short 

chain alwhol, produced significantly higher gas holdup (Kelkar et al., 1983). The 

presence of electrolyte or impurities also leads to a higher gas holdup (Hi-kita et al., 1980; 

Kelkar et al., 1984; Morooka et al., 1986; Sada et al., 1986a). Sada et al. (1986a) also 

noted that the presence of suspended solids particles has a much smaller influence on gas 

holdup in electrolyte solutions than in non-electrolyte solutions. The gas holdup 

increased with increasing liquid density according to Akita and Yoshitda (1 973), Hikita 

et al. (1980) and Bach and Pilhofer (1978). 

2.2.2.4 Effécts of Gas Density and Pressure 

Studies have shown that gas holdup in bubble volumes generally increases with 

increasing operating pressure or gas density (Idogawa et al., 1987; Clark, 1 990; Krishna 

et al., 1991, 1994). In solid-free bubble wlumns, several equations have been developed 

based on high pressure operation (Idogawa et al., 1986, 1987) or experiments using 

various gases (Reilly et al., 1986). The effect of pressure due to bed height on gas holdup 

is negligibly small, compared with that fiom extemal pressure. 

2.2.2.5 Effect of Column Diameter 

Saxena et al. ( 1990a) showed that the gas holdup is not highly dependent on colurnn 

diameter when the column diameter is larger than 0.1 0 m. Pino et al. ( 1 992) also studied 

the effect of column diameters (O.lm and 0.29 m) on gas holdup in slurry bubble 



columns using a foaming liquid (kerosene). They found that both colurnn height and 

diarneter do not affect the gas holdup in three phase systerns at hi& gas velocities when 

foaming occurs. 

22.2.6 Effect of Gas Distributor Design 

Gas holdup has been found to be strongly affecteci by type of gas distributor, especially 

for gas velocities below 0.06 rn/s (Yarnashita and Inoue, 1975; Oels et ai., 1978). 

Yamashita and Inoue (1975) found a maximum in gas holdup as a function of hole size. 

They found that two distinct types of regimes could be observai when hole sizes were 

Iess than 1 mm. At low gas velocity(<0.06 d s ) ,  gas holdup increased linearly with gas 

velocity, corresponding to the dispersed flow regime. At higher gas velocity, there was 

signi ficant deviation from linearity. They also found that the gas holdup depended on the 

number, pitch and diameter of orifice holes. For orifice diameters greater than 1 .O mm, 

the effect of orifice diameter became insignificant (Yamashita and Inoue, 1975). 

2.2.2.7 Effect of Particle Size 

A number of researchers have investigated the effects of particle size and concentration 

on gas holdup (Kat0 et al., 1973; Kara et al., 1982; Sada et al., 1986a; Morooka et al., 

1986). The influence of particle size has b e ~  found to depend on a nurnber of factors 

including flow regime, gas velocity, liquid properties and siuny concentration. Khare 

and Joshi (1990) found gas holdup to increase with particle size up to 67 p m at low 

solids loading (< 10 vol.%). The increase in gas holdup was more signifiant for spargers 

generating fine bubbles at low gas velocities. For larger particles (> 70 p m), Khare and 

Joshi (1990) observed gas holdup to decrease with particle size. The results of Khare and 

Joshi (1990) cm be compared with those of Sada et al. (1986a) who also observed an 

increase in gas holdup with 3 p rn alurnina particles using low soli& ioadings (0.1 wt?!) 

and a porous plate distributor. However, no increase of gas holdup was observed when a 

perforated plate was used for gas distribution. In dilute suspension (< 1 vol.%), Pandit 



and Joshi (19û4) observed a slight increase in gas holdup for very fine particles (c 

50prn), foilowed by a decrease for medium size particles (50-350p m) foilowed by 

another increase for I ~ g e r  size particles (> 350 p m). Their results were not representive 

of higher sluny concentrations. Saxena et al. (1992b) also concluded that the effect of 

particle size is more pronounced for low concentration sluny systems. 

Kara et al. (1982) did not observe signifiant differences of gas holdup between gas- 

liquid and gas-liquid-solid systern when 10 p m size particles were used at the slurry 

concentration of 9- 1 8 vol.%. They observed, however, that an increase in solid size (up 

to 70 p m) for sluny concentrations of about 10 vol.% decreased the gas holdup. Kato et 

al. (1973) also observed this using higher solids concentrations and particle size from 60- 

175 p m, as did Morooka et al. (1 986). 

Kelkar et al. (1984) tested solids wettability and found that wettability played an 

important role in enhanceing the bubble coalescence tendencies in the liquid phase, 

thereby reducing gas holdup. 

2.2.2.8 Effect of Slurry Concentration 

Most literature studies have been conducted in the slurry concentration ranges below 20 

vol.% solids. Several researc hers conc tuded that ari increase in sol ids concentration 

generally reduced the gas holdup W t o  et al., 1973; Deckwer et al., 1980; Kara et al., 

1982; Koid et al., 1984; Pandit and Joshi, 1984; Sada et al., 1986; Yasunishi et al., 1986; 

Nigam and Schumpe, 1987; Sauer and Hempel, 1987; Ying et al., 1980; Clark, 1990). 

For low solids loading (< 5 vol.%), the behavior of the slurry bubble colurnn is close to 

that of solid-free bubble column (Sada et al., 1986; Sauer and Hempel, 1987; Wolff et al., 

1990). Kato et al. (1973) found that this effect becomes significant at high gas vefocities 

(> 0.10 - 0.20 d s ) .  Kara et al. (1982) found the strong dependence of gas holdup on 

solids concentration at low sol ids concentrations. 



Krishna et al. ( 1997) observed gas holdups of small and larger bubbles. ïhey concluded 

that the holdup of small bubbles in the heterogeneous regime of operation was reduced 

with increasing siurry concentrations and the gas holdup of large bubbles was virtually 

independent of slmy concentrations. The total gas holdup was decreased with slurry 

concentrations. 

2.2-2.9 Conclusion and Recommendation 

Generally, the gas holdup increases with increasing gas velocity and operating pressure 

(or gas density). Gas holdup decreaçes with increasing liquid viscosity and solids 

concentration. 

Variation of the gas holdup with liquid velocity depends on operation modes. Liquid 

velocity has no effect on gas holdup in continuous mode. In operating mode switching 

fiom batch mode to continuous mode, the gas holdup decreases with increasing liquid 

velocity due to reduced foam layers. 

At low gas velocity, gas holdup depends on the number, pitch and diameter of orifice 

holes. For orifice diameten larger than 1.0 mm, the effect of orifice diameter become 

insignificant. 

Systematic studies are required to M e r  investigate the effect of column diameters on 

gas holdups in three phase systems. 



2.23 Correlations for Gas Holdup 

2.23.1 Bubble CoIumns 

Hughmark (1967) used a wide range of operating parameters to develop the following 

correlation for average gas holdup in a bubble column: 

- vs (2.2.7) 
- lVs + 0 . 3 5 ( 0 ~ ~ ,  i 721''~ 

This comlation was valid in colurnn diameter from 0.025 m to 1.1 m: gas velocities from 

0.004 m/s to 0.45 mis; and liquid densi- h m  780 kgim to 1700 k g m  '. Ahhou@ this 

correlation does account for liquid physical properties, the effects of gas physical 

propemes and colurnn diameter have been negiected 

Akita and Yoshida (1973) also used a wide range of conditions to propose following 

empirical equation: 

where. the value of a was 0.2 for pure iiquid and nonelectrdyie solutions and 0.25 for 

electrolyte solutions. This correlation was applied for colurnn diameter fiom O. 152 m to 

0.6 m: gas velocities from 0.006 d s  to 0.42 m/s; and Iiquid density h m  790 kg/m to 

1590 kg/m3. 

Hikita et al. (1980) recorded gas hoidup meamrements in a 0.10 m diameter coiumn 

using various gases and liquids. They pmposed following cone1ation: 



where. f was a fllnction of the ioaic strength and has a value of 1 for non-eiectr~iyfe 

solutions and sait solutions. This comlation is vaiid for gas veiocities from 0.004 m/s to 

0.38 ms and liquid density fiom 790 to 1170 kgim 3 .  

Krishna et al. ( 1991) proposeci a gas holdup mode1 based on rwo bubble classes. They 

proposed that the gas holdup consisted of s d l  bubbles and larger bubbles. This 

correlation was m e r  developed by Wilkinson et ai. (1992) and generaiized to 

incorporate the effects of both gas and liquid phisical properties. Nitrogen was used as 

the gas phase along with different Iiquids. The corniauon was expressed as: 

where U ..,-and U1.b. were bubble rising velocities of srnalier and larger bubbles. U ,, 
was the velocity at which the transition h m  dispersion flow regirne to churn turbulent 

regme takes place. U . b-, LJ b- and U ,, can be obtained as follows: 

Cornlafions of Akita and Yoshida (1973) and Hikita et ai. (1980) have bœn o&tained 

over a wide range of operating conditions. These comlations shouid give rasonable 



estimates of gas holdups in bubble columns operting at low pressure. For high pressure 

operations the correlation by Krishna et al. ( 199 1 ) is recommended 

2.23.2 Slurry Bubble Column 

For systems with low solids concentration (< 10 vol.%), Smith et al. ( 1984) proposed the 

following correlation: 

where, 

PSI = Pl exp{(s 1 3)4, / ( l -  4,)) 

The correlation was based on experimental resdts in a 0.108 m diameter with varying 

gas velocities fiom 0.03 m/s to 0.20 rn/s and liquid densities from 820 kg/m to 1100 

kg/m '. This correlation dose not take account for larger column diameter. 

Kara et al. (1982) proposed the folIowing correlation based on cocurrent up flow of gas 

and slurry phase: 

where, parameters A 1 , B , C 1 , D 1 depended on particle size from O to 70 p rn (Kara et 

al. 1982). This correlation was applied for gas velocities corn 0.03 d s  to 0.30 m/s, 

slurry flowrate from O to 0.10 d s ,  sluny concentration From O to 40 Wh, solid density 

of around 1.3 kg/m . 

Koide et al. (1984) worked with air, various aqueous solution, and glass and bronze 

spheres to develop the following correlation: 



where, k is 0.227 for water and aqueous solutions of glycerol and glycol and 0.364 for 

inorganic electroiyte solutions. Particle concentrations between O and 12 vol.% were 

used with particle sizes fiom 48 p to 200 Pm. Gas velocities were from 0.0 1 m/s to 

O. 18 m/s. 

Sada et al. ( 1986) proposed following correlation for fine solids suspension: 

where, Ut was particle terminal velocity. The experiments were camied out in srna11 

colurnn of 0.078 rn diameter. Gas veiocity was fiom 0.02 m/s to 0.20 mis. Solids 

concentration fiom O to 10 vol.%. 

Sauer and Hempel ( 1987) proposed following correlation: 

where, c 1 -co were constants depended on distributor type; v , ~  was the effective 

kinematic slurry viscosity; v , f f ,d  was effective radial momentum transfer coefficient. 

v,, and veffff. rad cari be calculated as follows: 

CI 

This correlation was valid for particle diameter fiom 1 10 urn to 2900 um, pmcle density 

corn 1020 to 2780 kg/m 3 ,  solid concentration h m  O to 20 vol.%. 



2.2.33 Gas Holdup based on Drift Flux 

The drift flux is generally defined as the volumebic flux of gas relative to a surface 

moving with the average velocity of the dispersion (Nicklin, 1962; Darton and Harrison, 

1975; Fan, 1989; Saxena and Chen, 1994). According to this concept, for a general three 

phase system, the gas holdup can be expressed (Pandit and Joshi, 1984; Smith et al., 

1984; O'Dowd et al., 1987; Saxena et al., 1992; Saxena and Chen, 1994): 

where c 1 and c 2  were constant. Smith et al. (1984) and O'Dowd et al. (1987) estimated 

c? - to be 2.0. Pandit and Joshi (1984) found cz  to be 2.0 to 2.8. Saxena and Chen (1994) 

calculated c 2 to be 2.5. Other researchers (Nicklin, 1962; Hill, 1976) observed c 2 to be 

close to 1. Generally, c 1 has k e n  identified as the characteristic terminal rise velocity 

(V b.r. ). Pandit and Joshi ( 1984) found U b, to Vary fiom 0.22 to 0.55 m/s. O'Dowd et 

al. (1987) found Ub, to range between 0.36 and 0.50 d s .  Saxena and Chen (1994) 

analyzed previous studies to develop the following correlation for V b, : 

0.333 0.289 
Vbm = ~ - 8 0 q ~ V X a i ~ s i  / 72) Pd (22.20)  

here, C(P,) is the pressure conesponding to the midpoint of the dispersion in the 

column. 



2.3 Bubbles and Bubble Wake Propertks 

2.3.1 Bubble Size Measurement 

It is important to characterize bubble properties since mass and heat transfer behavior 

and rnixing are dependent on the bubble size and velocity distributions. The commonly 

1 ) Photographic Method; 

2) Dynamic Gas Disengagement; 

3) Two Electrode Conductivity Probe; 

4) Optical Probe. 

2.3.1.1 Photographie Method 

The photographic method has k e n  widely used by 

used techniques for detemining bubble properties are: 

a number of researchers (Stewart a 

Davidson, 1964; Rigby and Capes, 1970; Akita and Yoshida, 1974; Tsuchiya and Fan, 

1986; Tzeng et al., 1993; Chen et al., 1994). It c m  be used in either MO-dimensional or 

three dimensional columns. In two dimensional column, Iiquid-solid phase was 

accommodated between two transparent plates. Movie photographs were taken with high 

speed camera to film bubble and i ts wake passage. In three dimensional column, 

curvature effect can be reduced by arranging a reçtangular box around test section which 

is filled with column liquid. The advantage of this technique is that the bubble properties 

and structure of bubble wake can be directly observed. This technique, however, is very 

time consurning and is limited to the measurement near the column wall. 

23.1.2 Dynamic Gas Disengagement Technique 

This technique requires an accurate measurement of the rate at which the level of gas- 

liquid dispersion dropped once the gas has been shut-oK The rate at which the height 



drops would depend on the concentration and velocity of the gas bubbles in the 

dispersion This technique has been used to obtain the holdups and rise velocities of 

larger and smaller bubbles (Schurnp et al., 1985; Idogawa et al., 1986, 1987; Daiy et al., 

1990). 

23.13 Electroconductivity Technique 

This method uses the difference in conductivity between the liquid and the gas phases. 

The resistance of water is much lower than that of air bubbles. The probe, consisting of 

two electrodes and separated by a small distance, can detect the presence of a gas bubble 

fiom the resdting hi& electncd resistance when the gas bubble meets with the probe 

and spans the distance between the electrodes. The hme during which the resistance 

reains high is representative of the bubble size. The bubble size c m  be estimated if the 

bubble velocity is known, which can be obtained by using two probes. This technique 

was further developed and improved to rneasure the bubble diameter, velocity and 

frequency (Hill, 1974; Yamashita et al., 1979; Ueyarna et al., 1980; Buchholz et al., 

1981). This technique was also applied for gas holdup measurement (see 2.2.1.2.1 ). 

The use of a probe may interfere with the bubble flow due to a poor probe design and the 

orientation of the probe in the column. Aiso due to limitations in the probe design, some 

probes cannot detect small bubbles of diameters less than 1 mm (Hudson, 1996). Wachi 

et al. ( 1987) found that the probe technique failed to detect 30 % of the gas holdup. 

Main problems in determining bubble velocity are that any error in bubble velocity will 

affect the calculated bubble diameter and bubbles will be slowed down by their collision 

with the probe (Hudson, 1996). 



2.3.1.4 Optical Probes 

Ln this technique, a light source sen& a beam of light through the dispersion, and the 

transrnitted, reflected, or scattered light is analyzed by a photocell, camera or some other 

electronic detector. This technique was developed to measure the bubble rise velocity 

(Weiland et al., 1980; Saxena et al., 1988; Genenger and Lohrengel, 1992). This 

technique was also applied to measure gas holdup (see 2.2.1 -2.3). 

2.33 Bubble Size and Bu bble Rising Velocity 

The average bubble size in a bubble column has been found to be affected by gas 

velocity, liquid properties, gas distribution, operating pressure and column diameter. 

Some researchers have reported a decrease in bubble size with increasing gas flowrates 

(Akita and Yoshida, 1974). Ueyama et al. (1980) and Fukuma et al. (1986) observed that 

the average bubble size gradually increased with gas velocity. Both used dual- 

electroresistivity probe and multi-nozzle as the distributor. They explained that Akita 

and Yoshida (1 974) obtained results photographically near the wall and by using single 

orifice as the gas distributor. Idogawa et al. (1986, 1987) obtained cross-sectional 

average bubble size in perforated plate and found that the average bubble size was almost 

independent of gas velocity. The different tendency of the average bubble size from 

different researchen could be explained by differences in distnbutor design, column 

diarneter and range of gas velocity studied. 

The average bubble size has been observed to derease with decreasing surface tension of 

liquid (Akita and Yoshida, 1974; Idogawa, 1987). and increase with increasing liquid 

viswsity (Bhavaraju et al., 1978). 



At low operating pressures, average bubble size was observed to depend on the 

distributor type (Idogawa et al., 1986). Lower average bubble size was obtained with a 

porous distributor as compared to a single nonle sparger. The difference disappeared 

with increasing operating pressure. 

Koide et al. ( 1979) and Ueyama et al. (1980) measured average bubble size in column 

diameters of 5.5 and 0.6 m. Their results indicated that a higher average bubble size was 

obtained in the column of larger diameter. 

Yu and Kim (1988) observed that bubble chord length in the column center was higher 

than that near the walL 

The rise velocities of a single gas bubble depends on its size. For srnall bubbles, the rise 

velosity is affected by Iiquid properties such as surface tension and viscosity. For larger 

bubbles, the rise velocity is insensitive to Iiquid properties, and can be predicted by 

Davies-Taylor relationship for spherical-cap bubbles in inviscid liquids. Peel and Garber 

( 1953) found that for very large bubbles with a spherical cap shape, both viscosity and 

surface tension did not affect bubble rise velocity for various liquids. Henriken and 

Ostergaard (1974) and Wallis (1974) found that for large single bubbles in two- 

dimensional column, the bubble rise velocity could be successfully correlated by a 

Davies-Tay lor type relationshi p. Wallis ( 1 974) and Jarnialahmadi et al. ( 1 994) have 

proposed correlations for predicting terminal rise velocities of smail bubbles and large 

bubbles at different bubble sizes. 

In multi-bubble systems, the bubbie nse velocity follows a log-normal distribution (Fan, 

1989). Several investigaton have related the bubble nse velocity in muiti-bubble system 

to the bubble size. Fan (1989) has tabulated and reviewed various correlations for bubble 

rise velocities in rnulti-bubble systems. 



23.3 Bubble Wake Structure 

The bubble wake has been recognized as a key factor in explaining vanous phenomena 

occuruig in three-phase fluidized beds such as  solids mixing, particle entrainment and 

heat transfer (Fan, 1989; Kumar et al., 1992). The bubble wake structure has been 

directly observed by photographie techniques (Stewart and Davidson, 1964; Rigby and 

Capes, 1970; Tsuchiya and Fan, 1986). 

In gas-liquid systems, the wake geometry has been grouped into closed larninadtoroidal 

wake and open or closed turbulent wakes (Coppus et al., 1977). Bubble wakes in three 

phase fluidized beds may be different from those in gas-liquid system. However, in beds 

of fine particles a resemblance should exist in the wake structure with gas-liquid systems. 

Laminar wakes have k e n  observed behind large spherical-cap bubbles rising in viscous 

liquid or behind the corresponding circular-cap bubbles in narrow twodimensional bed. 

The closed larninar wake is hydrodynamically stable, consists of a welldefined boundaty 

and a toroidal vortex ring inside, and exchanges no liquid with the extemal flow (Coppus 

et al., 1977; Bhaga and Weber, 1981). The stability of the closed laminar wake is due to 

viscous and/or wall efFects. Increasing Reynolds number by decreasing liquid viscosity 

at a constant bubble volume made wake flow less stable and it started shedding vortices 

(Bhaga and Weber, 1981). The smaller the gap between two plates of two dimensional 

system, the more stablized the wake flow (Crabtree and Bndgwater, 1967). 

Turbulent d e s  have been visualized behind large bubbles nsing in low viscosity 

liquids. There is considerable disagreement among researchen(Maxworthy, 1967; 

Coppus et al., 1977; Slaughter and Wraith, 1968). While some of them observed an open 

turbulent wake (Maxworthy, 1967; Slaughter and Wraith, 1968), others observed a closed 

turbulent wake structure (Davies and Taylor, 1950; Coppus et al., 1977). 



An open geometq of turbdent wakes seems to be a more accurate description of the 

phenornenon. As discussed in literature (Maxworthy, 1967), a turbulent wake cannot be 

confined to a completely closed region due to the momentum defect in the liquid 

following the passage of the bubble. 

Using photography, Tsuchiya and Fan ( 1988) studied the wake flow of a bubble rising in 

a liquid (water)-solid (774p m glas  beads) fluidized bed. The interna1 structure of 

bubble wake was characterized by the dynamic behavior of vorrices, (Figure 2.4). As 

shown in Figure 2.4, the region included two growing vortices. One was represented by a 

well-established circulation (right side) and the other was being formed (lefi side). This 

region, denoted as primary wake, had nearly the same rise velocity as the bubble, and 

was suggested to play a primary role in hydrodynarnid transport phenornena The region 

beneath the primary wake, denoted as seu>ndq wake, included shed vortices. It was 

also observed that çolids concentration was lower immediately beneath the bubble base 

and around a vortex center, and higher solids concentration occurred around the vortices, 

especially in the regions where the two vortices interacted. The solids concentration in a 

vortex center would be reduced due to the centrifuga1 force generated by circulating 

flow. 

2-3.4 The Ratio of Wake Volume to Bubble Volume 

The ratio of wake volume to bubble volume is usually given by a dimensionless 

parameter, k: 

when solid particles are considered not to be present in the bubble wake, the parameter 

ko is used in place of of k. Some correlations for parameten k and ko are listed in Table 

2.3.1. These empiricai correlations were generally in agreement: k increased with V 1 to 



Stable 
liquid 
layer 

+ Vortex center 

- Solids flow 

Figure 2.4 Schematic interpretation of the wake flow for 
bubble rising in a water-glass bead (774 pm ) 

fluidized bed (fiom Tsuchiya and Fan, 1988) 
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the power of 0.2 - 1 -0 and decreased with Vg to the power of 0.6 - 0.7. The correlations 

proposed by Bhatia and Epstein (1974) and Baker et al. (1977) are commonly 

recommended. 

Table 2.3.1 Correlations of phase holdups based on the wake models 

The solids holdup in bubble wakes is characterized by dimensionless parameter, x. This 

parameter is defined as the ratio of average solid holdup in the wake region ( E,, ) to that 

in liquid-solid fluidized region ( &,f ): 

Bhaîia & Epstein 
( f 974) 

Darton & Hanison 
(1 975) 

et ( 19") 

In most cases, x is restricted to values between O and 1. El-Terntamy and Epstein ( 1978) 

presented an empirical correlation for x (see Table 2.3.1). 

Kitano and Fan (1988) cornputed the average solids holdup within the prirnary wake 

region based on the experimental observation. They found that E,, was constant around 

0.42 regardless of bubble size, particle properties, and liquid velocity. Their founding 

indicates that the soiids holdup inside the primary wake is determined by the fluid 

mechanic properties. Kitano and Fan (1 988) proposed a simple correlation for x: 

X= o-4gs, , 0.25 < csf < 0.52 (2.3.3) 

k= (og + 0.037 3 
zg f0.0 13 X I  -ES) 

k f . 4  (y 1 v ~ ) ~ - ~ ~  - I 

1.6 17 (VI 1 Vg)06100 6654 

O<x< 1 

X--O 

x=o 



2.4 Liquid Backmixing and Solids Distribution 

2.4.1 Liquid Backmixing 

Liquid backmixing in three phase fluidized beds has been measured by the following 

techniques: 

-imperfect tracer puise method (Ostergaard and Michelsen, 1969) 

-continuous injection of colored tracer (Kim et al., 1972) 

-pulse of saline tracer (Kim and Kim, 1983; Morooka et al., 1986) 

antinuous injection of saline tracer (El-Temtamy et al., 1979) 

The axial dispersion coefficient is obtained fiom the residence time distribution data as 

measured with these techniques. 

Liquid backmixing was generaily found to increase with an increase in gas velocity 

(Ostergaard and Michelsen, 1969; Kim et al., 1972; Kim and Kim, 1983; Morooka, 

1986). 

The effect of liquid velocity on liquid dispersion has been found to Vary with the bed 

particle size. Tha axial dispersion coefficient was generally found to increase with 

increasing liquid velocity in the beds of particles ranging from about 1.0 mm to 6.0 mm 

in diameter(E1-Temtamy et al., 1979; Kim and Kim, 1983). For the beds of 0.45 mm 

particles, El-Temtamy et al. (1 979) found that the axial dispersion coefficient decreased 

with increasing liquid velocity. 

Ostergaard and Michelsen ( 1969) found that the beds of 0.25 and 1.0 mm particles were 

chanicterized by a high degree of backmixing while beds of 6 mm glas beads were 

characterized by very low degree of backmixing. 



The liquid axial dispersion has been found to increase with column diameter (Kim and 

Kim, 1983). 

The effect of liquid viscosity on Iiquid mixing was studied by Kim and Kim (1983). In a 

bed of 6 mm particles, axial mixing generally increased with increasing liquid viscosity. 

In beds of 1.7 and 3.0 mm particles, axial mixing increases with liquid viscosity at low 

gas velocity (< 0.0 1 m/s) and decreased at higher gas velocity. 

2.4.2 Solid Distribution Profile 

The solids mixing behavior in a batch sluny bubble column resembles that in the 

fieeboard region of gas-liquid-solid fluidized bed containing particles (Fan, 1989). The 

solids concentration shows a decreasing tendency with axial distance. The flow regime 

also has an effect on the axial solids concentration profile. Fan (1989) noted that within 

the same flow regime (dispersed or coalesced bubble regime), the effect of gas velocity 

on axial solids concentration profile is not significant Tang and Fan ( 1989) studied local 

solids holdup in the dispersed bubble regime and found that gas velocity had a slight 

effect on the holdup distribution. Smith and Ruether (1985), Smith et al. (1986), 

O'Dowd et al. (1987) and Murray and Fan (1989) fond  no appreciable ciifferences in 

axial slurry concentration in the coalesced bubble regime. 

The dirnentation-dispersion model has been used extensively to detemine the axial 

solids concentration profiles in batch slurry column. The model was originally proposed 

by Cova (1966) and developed and simplified by Kato et al. (1972) and Smith and 

Ruether (1985). The following assumptions have k e n  made in formulating the 

sedimentationdispersion model; 

1. no radial gradients in solid particles concentration; 

2. al1 solids particles have identical terminal velocity. 

3. gas holdup, solids dispersion coefficient and settling velocity of solids are al1 

constant along the column axis; 



4. gas and liquid velocities are such that ail solids particles are completely 

suspendeci in liquid 

The simplified mode1 for axial solids distribution in batch sluny systems may be 

expressed as: 

where, Es is solid dispersion coefficient; V is the average d i d s  convective velocity in 

the particulate fluidization phase and can be directly related to the particle hindered 

settling velocity U . 

Various empirical correlations have been proposed in literature a account for U , and 

Es, which are summerized in Table 2.4.1. The dispersion coefficient is expressed as 

Peclet Number which in turn is related to the gas Froude Number ( Fr, = '8 /m )- 

Generally, solids dispersion coefficient increases with increasing gas velocity and c o l ~  

diameter. Hindered settling velocity increases with increasing particle terminal velocity 

and decreasing solids concentration. However, reported studies have not measured solids 

dispersion coefficient and hindered settling velocity at high sluny concentration (> 20 

vol.%). 
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2.5 Heat Transfer 

A nurnber of literature studies have reported heat transfer measurernents in two and 

three-phase fluidized bed systems. These measurernents of heat transfer coefficients can 

be divided into: 1 )  bed-to-wall heat transfer coefficients; and 2) immersed object-to-bed 

heat transfer coefficients. 

Bed-to-wall heat trmsfer have been investigated by Kato et al. ( 1980, 198 1, 1984), 

Muroyarna et al. ( 1984, 1986) and Chiu and Ziegler ( 1983, 1985). The investigations of 

immersed object-to-bed heat tramfer have been reported by a nurnber of researchers, 

including Baker et al. (1978), Deckwer et al. (1980), Kang et al. (1985), Kim et al. 

( 1988)- Magliotou et al. (1 988) and Saxena et al. (1 989, 1990). These studies can be 

further divided into those conducted in three-phase fluidized beds (d 2 500 p ; Baker 

et al., 1978; Kang et al., 1985; Chiu and Ziegler, 1985; Kim et al., 1988) and othen 

conducted in slurry beds of fine particles (d 5 500 p ; Deckwer et al., 1980; Saxena et 

al., 1989, 1990). 

These measurements of heat transfer coefficients normally require a heat source and 

measurements of surface and bed temperatures In bed-to-wal 1 heat tram fer 

measurements, the heat source is mounted on the wall of the column with its inside 

diameter sarne as the column diameter. Heat is usually supplied by electric power or 

steam. The surface temperature is rneasured by thennocouples mounted on the inside 

surface of the heat source equipment. In imrnersed object-to-bed heat transfer 

measurements, the heat tramfer probe is localized inside the column, nomdly at column 

center. An electrical heater is inserted into the probe as heat source. The surface 

temperature is measured by thennocouples mounted on the outside of the probe. In both 

measurements, the bulk temperature of the bed is measured by using thermocouples 

immersed in the bed at different axial locations. 



While rnost 1 iterature studies have investigated average heat tramfer coefficients, Kurnar 

et al. (1992) studied local instantaneous heat transfer coefficient in bubble and three 

phase column. The local heat transfer rate (heat flux) was measured by a heat flow 

sensorkater assembly. The fast response heat flux sensor recorded change in heat 

transfer rate due to passage of bubble over probe surface. Measurements of 

instantaneous heat transfer coefficients can provide more insights into bubble dynarnics 

and mechanism of heat transfer in multiphase particulate system. 

2.5.1 Effects of Operating Parameters on Heat Transfer Coeffkient 

In this section, the effects of various operation parameters on heat transfer in two and 

three phase fiuidized beds are summarized based on literature studies. These parameters 

include gas and liquid velocity, liquid viscosity, particle size and density, sluny 

concentration, bed porosity, column diameter, the axial and radial location of the heat 

tram fer sectiodprobe. 

2.5.1.1 Effect of Gas Velocity 

The effects of gas velocity on heat tnuisfer coefficients in two and three phase systems 

have been investigated by many researchen (Fair, 1962; Baker et al. 1978; Deckwer et 

al., 1980; Kang et al. 1985; Chiu and Ziegler, 1983; Saberian-Broudjenni et al., 1985; 

Saxena et aI., 1989, 1990)- 

Generally, the introduction of gas into a liquid or liquid-solid bed augments the 

respective k a t  transfer coefficients for both bed-to-wall and object-to-bed heat transfer. 

Therefore heat transfer coefficients increase with an increase of gas velocity, irrespective 

of the liquid flow rate, particle properties (diameter, shape, and densities), liquid 

viscosity, slurry concentrations etc.. These results also showed that the rate of increase 
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of heat transfer coefficients with gas velocity was rapid at low gas velocity, then the rate 

. decreased with fùrther increase of gas velocity. 

Baker et al. ( 1978) observed that the increase in the heat transfer coefficient with gas 

flowrate did not change the bed porosity significantly. However, a gas flow increased the 

bed turbulence and consequently, the heat transfer coefficient. Kang et al. ( 1985) also 

proposed that the introduction of a gas Stream into a liquid-solid fluidized bed generates 

mixing of solid and liquid phase, which resulted in an increase of the heat transfer 

mefficient Higher gas velocity increased overall liquid circulation but not micro sa le  

eddies in the bed. Thus, the heat transfer coefficient did not increase appreciably at 

higher gas velocity. 

2.5.1.2 ERect of  Liquid Velocity 

The effects of liquid velocities on heat transfer coefficients in two phase and three phase 

fluidized beds have been investigated by several researchers including Baker et al., 1978; 

Kato et al., 1981; Chiu and Ziegler, 1983; Kang et al. 1985, Kim et al. 1986, Magiliotou 

et al., 1988; Kumar et al., t 994. 

Most of the results indicate that the heat transfer coefficient initially increases. passes 

through a maximum, and then decreases as a function of progressiveiy increasing liquid 

veiocity, or porosity. 

The liquid velocity at which the heat transfer coefficient exhibits a maximum value is 

mainly dependent on the liquid and solid particles properties (Baker et al., 1978; Chiu 

and Ziegler, 1983; Kang et ai., 1985). It increases with increasing particle size and 

density, but decreases as increasing liquid viscosity. 

The initial increase of the heat transfer coefficient with liquid velocity has been 

aîtributed to an increase of turbulence and oscillatory motion of the particles resulting in 



an erosion of the thermal boundary layer (Baker et al., 1978). At higher liquid 

velocities, the solid mixing is reduced due to the reduction in solid holdup. As a result of 

these two opposing effects, the heat transfer coefficient exhibits a maximum value as a 

function of liquid velocity or bed porosity, Le. the sum of liquid and gas phase holdups in 

the bed. Maximum heat transfer coefficients have been reported to occur at a bed 

voidage of 0.55 to 0.8 (Baker et al., 1978; Chiu and Ziegler, 1983; Kang et al., 1985; Kim 

et al., 1986). 

The influence of particle size on heat transfer coefficients in two and three phase 

fluidized beds has been investigated in both three phase fluidized beds (Baker et al. 1978; 

Chiu and Ziegler, 1983; Kang et al., 1985) and three phase sluny bubble columns 

(Saxena et al., 2 WOb). 

In three-phase fluidized beds, the heat transfer coefficient increased with the particle size 

at low gas velocities (x 0.05 m/s). At higher gas velocities, it passed through a minimum 

value at a particle size of about 1.5 mm. In general, the effect of particle size on heat 

transfer coefficients was negligible at particle sizes larger than 3.0 mm, particularly at 

hi& gas velocities. 

Chiu and Ziegler (1983) found that particle shape and type did not have much influence 

on heat transfer coefficients in three-phase fluidized beds. 

In three phase slurry bubble colurnn, Saxena et al. (1990% 1990b, 1992) observed a weak 

dependence of srnaIl particle size (50 p m-143 p m) on heat transfer coefficients. 

However, a systematic study to investigate efTects of particle size, density and shape in 

different media is lacking. 



2.5.1.4 Eff't of Liquid Viscosity 

The heat tramfer coefficient has k e n  found to decrease with increasing liquid viscosity 

in three phase fluidized systems (Deckwer et al., 1980; Kang et al., 1985; Kim et al., 

1986; Kumar and Fan, 1994) regardless of particle size. 

Kang et al. ( 1985) attributed the decrease in heat transfer coefficient to two factors. Fint 

in the region adjacent to the heater surface, the thickness of thermal boundary layer 

around the heating surface increases with increasing viscosity, thus increasing resistance 

to heat msfer .  Second particle movement is retarded due to increasing viscosity 

diminishing their attack on the thermal boundary layer around the heating surface. 

The influence of slurry concentration on heat transfer coefficient has been investigated 

by Kolbel et al. (1958, 1960), Deckwer et al. (1980) and Saxena et al. (1989, 1990a, 

I WOb, 1992)- 

Heat transfer coefficients were found to increase with increasing slurry concentrations 

(Kolbel et al., 1958, 1960; Deckwer et al., 1980). 

Deckwer et al. (1980) demonstrated that the increase in heat transfer coefficient with 

increasing sluny concentration could be accounted for by altemation of thermophysical 

properties of pseudo homogeneous slurry phase for small particles (d ). This excluded 

the possibility of the heat transfer enhancement due to independent motion of particles 

leading to higher surface renewal rate of liquid at the heat hansfer surface. 

Recent reports showed that the variation of heat tramfer coefficient with solids 

concentration slightly increase with the addition of high thermal conductivity magnetite 



( Saxena et al., 1 WOb) and slightly decrease with the additionof low thermal conductivity 

sand in room temperature (Saxena et al., 1992). 

2.5.1.6 Effect of Particle Deosities 

Nore et al. (1994) studied the effects of low density solid particles on wall-tu-bed heat 

tramfer coefficient. Five solid particles were selected for the investigation. The solid 

partdes were al1 made of polypropylene with inclusions of fine fiberglass mica or 

talcum particles which modified their densities. Their results indicated that for a given 

gas and liquid velocities, the heat tramfer coefficient decreased as an increase of the 

particle densities from 1070 to 1700 density (kg/rn ). 

2.5.1.7 Effect of Axial Location of Heat Transfer Probe 

Saxena et al. (1992a) compared the heat transfer coefficients at NO different axial 

locations. The probes were at 2.9 m and at 0.52 m From the distributor. Their results 

indicate that the heat transfer coefficients at 2.9 m were systematically higher than that at 

the 0.52 m. This rnay be attributed to the influence of the distributor region. The 

influence of the distributor region usually extends up to 3 to 4 times the column 

diameter. The height of 0.52 m from bottom is less than two times the column diarneter 

(0.302 m) which would be in the developing region for bubble growth and liquid phase 

flow pattern. 

2.5.1.8 Influence of the Column Diameter 

Kim and Laurent (1991) analyzed the published results to sumrnarize the effect of 

colurnn diarneter on the heat transfer coefficient in three phase fluidized beds. The effect 

was found to be negligible for column diameters ranging from 0.052 m to 0.152 m. 



Saxena et ai. (1990a), however, observed that the heat transfer coefficients in a slurry 

bubble column of diameter 0.305 m were systematically higher than that in a column of 

diarneter 0.1 O 8  m. Saxena et al. ( 1990) attributed the difference to higher mixing rate in 

a larger diameter column. 

Saxena et al. ( 1990a) investigated the effects of the number of heat transfer tubes inside a 

column on heat transfer coefficients. They compared the experimental results obtained 

with single and 7-tube bundle immersed inside the c o l m .  It was found that the heat 

transfer coefficients with 7-tube bundle were systematically higher than that with single 

tube. The authors attributed the difference to irnproved Iiquid mixing in presence of the 

7-tube bundle, compared to the single tube case. 

Systematic studies are required to further investigate the effect of internais and their 

configurations on mixing and heat transfer coefficients. 

2S.I.10 Instantaneous Reat Transfer Coefficient 

Recently, Kurnar et al. (1992, 1994) applied a f't response heat flow sensor to measure 

instantaneous heat transfer coefficients. They used video carnera to observe and record 

bubbles passing on the surface of the heat flow sensor in the air-water system. At the 

same time, the instantaneous heat transfer coefficients were obtained by the heat flow 

sensor. It was concluded that the maximum (or peak) instantaneous heat transfer 

coefficient occurred in the bubble wake region which induced rapid surface renewal of 

the liquid on the surface of the heat transfer probe. This technique was used to study 

single bubble and bubble chain rising in liquid and liquidsolid systems. Heat  ansf fer 

coefficients enhanced with increase in bubble size (or wake) and with increasing 

bubbling Frequency. 



2.5.2.1 1 Conclusion and Recommendation 

Generally, the heat transfer coefficient is an increasing function of gas and liquid 

velocities, and particle size, but a decreasing function of liquid viscosity and particle 

densi ty . 

The effect of slurry concentration on heat transfer coefficient depends on particle thermal 

conductivity. The addition of high thermal conductivity particles increases the heat 

transfer coefficient. 

Axial profiles of heat transfer measurement indicate that the heat transfer coefficient in 

the developed region is higher than in the developing region. 

Heat transfer coefficients with multiple-tube bundle immersed in the colwnn are 

systematically higher than with single tube. 

Systematic studies are required to further investigate the effect of intemals (interna1 tubes 

and gas disiributor) and their configurations on heat transfer. 

2.5.2 Correlations and Models of Heat Transfer Coeficieat in TwePhase and 

Thr-Phase Systems 

25.2.1 Empirical Correlations for Heat Transfer Coenicient 

This section s rna r i ze s  various literature correlations and their ranges of application. 

Correlations for heat transfer coefficients in two-phase (gas-liquid) system have been 

proposed by Fair et ai. (1 962) and Hikita et al. (1 98 1 ). 
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Fair et al. (1962) were the fim to obtain a correlation in air-water system and gas 

velocities used were up to 0.30 d s :  

Hikita et al. (1981) developed a generalized correlation for gas-liquid systems based on 

wall-to-bed heat transfer: 

This correlation is valid for following dimensionless numbers: 

5.4 x 1 0 - ~  < V,pI / ol d . 6  x 1oV2 

4.9<Cp,jli / k, <93 

7.7 x IO-'* / < 1.6 x los 

The fol lowing correlations have been developed for three-phase (gas-l iquid-sol id) 

systems. 

Baker et al. ( 1978) proposed a correlation based on the measurement of object-to-bed 

heat transfer in three phase beds: 

This correlation is valid for gas velocities up to 0.25 m/s7 liquid velocities up to 0.125 

m/s7 and particle diameters up to 5 mm. 

ffito et al. ( 198 1 ) proposed a dimensional correlation: 

(0.1 7 
NU' = 0.044(~; Pr) + 2.OFr 



1 

Re =pldp VI / pl (1 - q 

* 7 
Fr =us / gdp 

This correlation is based on data obtained in rneasurernent of wall-to-bed heat transfer 

and is valid for air velocities up to 0.15 m/s, liquid velocities fiom 0.004 to 0.06 m/s, 

particle diameten from 0.42 mm to 2.2 mm, liquid viscosity corn 0.001 Pas to 0.036 

Pas, column diameters of 0.052 and 0.12 m. 

Chiu and Ziegler (1985) noted that the relative increase of heat transfer coefficients in 

three phase fluidized beds was equal to the relative decrease of liquid holdup as follows: 

where h3 and h2 are heat transfer coefficients in liquid-solid and gas-liquid-solid 

fluidized beds respectively . Chiu and Ziegler ( 1 9 85) proposed the following correlation 

to evaluate heat -fer coefficients in three-phase fluidized beds by combining their 

data with those of Richardson et al. ( 1976): 

(2.5.6) 

here, a,  is surface area per unit volume of particle (a, = 6/d for spherical particles); 

@ p  is particles shape factor. This correlation accounts for the effect of the liquid phase 

properties and the particles properties on the heat transfer coefficient. 

Muroyama et al. (1984) proposed the following correlation based on a wide range of 

operating conditions: 



The particle size were varied fiom 0.61 to 6.9 mm and density b r n  1330 to 3500 kg/m ; 

air velocities ranged from 0.03 to 0.259 d s  and liquid velocities from 0.01 2 to 0.26 m/s. 

The influence of liquid properties (Le. viscosity, density) have k e n  investigated (Kang et 

al., 1985; Sabenan-Broudjennie et al., 1985; Kim et al., 1985) and suitable correlations 

have been proposed Applications of these correlations are generally limited to the range 

of operating conditions used in the study. These correlations should be used with caution 

for conditions outside the range of operating variables applied. There is a need to obtain 

a unified correlation based on the accurnulated data of heat transfer measurements in two 

and three-phase fluidized beds. 

253.2 Moàels based on Surface Renewal Theory 

Surface renewal theory has been applied to explain the heat transfer phenomena in two- 

and three-phase fluidization (Decker et al., 1980; Suh and Deckwer, 1989, Kumar et al., 

1 992). Wasan and Ahluwalia ( 1 969) initial ly proposed a model based on surface renewal 

mechanism. In this model, a uniform film was viewed to lie adjacent to the wall and a 

mass of fluid was viewed to exchange heat by unsteady state conduction at the outer edge 

of this film. In addition the film was thinner than that predicted by film theory because 

of the fluid convection and the motion of particles near the surface. This is explained in 

Figure 2.5. 

To apply this theory to predict heat transfer coefficient between three-phase bed and the 

heat transfer surface (Le. heat transfer probe, column wall), the following assumption 

were suggested (Wasan and Ahluwalia, 1969): 

1. The temperature of the intefiace between the film and the Buid element 

changed with time. The temperature of the mass of fiesh fluid as it swept the 

outer surface of the film was assumed uniform and equal to the bulk Buid 

temperature. 

2. For the instantaneous heat ttansfer rate to this fluid mass, no heat storage in 
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Figure 2.5 Main feature of proposed surface renewai mode1 



the film. 

3. The bulk temperature of the bed was constant. 

4. Resistance to heat transfer was due to the film followed by penetration and 

unsteady state heating of an element resting at the outer edge of the film. 

From assurnption 2, heat flux on the surface of the heat transfer wall can be described as 

foIIow: 

here, q is instantaneous heat flux. k is thermal conductivity; y is the distance measured 

fiom the edge of the film. T , and T y=O are wail and bulk temperature; h is heat transfer 

coeficient, defined as: 

where, 6 was the thickness of thermal boundary layer. 

To describe instantaneous temperature profile, unsteady balance equation c m  be applied: 

here a is thermal d ihivi ty .  This equation represented the unsteady state heat 

conduction to the fluid mas. By integrating the above equation, Wasan and Ahluwalia 

(1969) obtained an expression of total heat transfer rate: 



The average heat tramfer rate is defined as: 

combining equations (2.5.11) and (2.5.12), the average heat transfer coefficient can be 

obtained as: 

here, t is contact tirne. 

In the extrerne when 6 + O , equation (2.5.13) cm be simplified to: 

here, pi is the density of fluid; C pi is specific heat capacity. 

Deckwer ( 1980) developed a theoretical model to describe the heat transfer fiom wall or 

immersed tube to the bed. In this model, he applied Higbie's unsteady-state transfer 

theory to heat transfer and obtained a similar expression to equation (2.5.14): 

h 4 q ~ 1 C ~ l  1 tc )O5 (3.5.15) 

here, contacting time t, can be interpreted as the mean lifetime of microscale eddies 

which are generated by macroscale eddies resulting fiom the rising bubbles. It was 

assumed that contact tirne was connected with the length and velocity scale of the micro 

eddies. Thus, 

t , = q  l u  (2.5.16) 



It was also assumed that the energy dissipation by the micro scale eddies was mainly 

govemed by viscous forces. Thus, length scale qi and velocity u scale were formdated 

based on the correlation from Kolmogoroff s theory: 

u=(vP,,) I / 4 (3.518) 

here, v is kinetic viscosity; P v  is dissipation rate per unit mass of liquid. Combining 

above equations, Deckwer ( 1 980) obtained an expression as: 

The energy dissipation rate per unit mass can be expressed as: 

Pv ' Vg g (2.5.20) 

lntroducing equation (2.5.20) to equation (2.5.19), Deckwer ( 1980) proposed an 

expression of heat transfer coeficient: 

05 0.7SC 0.5 -0.25 0.25 0.25 
h ~ k l  Pl pl Pl g V' 

which was rearranged as: 

or expressed by dimensionless number: 

2 4.25 St = P(ReFrPr ) (2.5.23) 

here, p is an empirical constant. Based on experimental observation in gas-liquid 

system, Deckwer et a1.(1980) proposed P=û. 1. These authon also found this equation to 

be applicable for slurry (fine particles) systems. 



Saxena et al. (1992a) modified the mode1 proposed by 

proposed the correlation based on experimentai results 

0.305 m colwrin diameter 

This correlation was valid for gas veiocities up to 0.30 

below I O  vol.%. 

fi69 

Deckwer et al. (1980). They 

in s l u q  bubble colurnn with 

(23.24) 

mis and slurry concentrations 

Suh et al. (1985) extended the model proposed by Deckwer (1980) to three phase 

fluidized beds. In this model, it was assumed that the energy dissipation rate per unit 

mass of liquid phase was given by the energy input minus the energy recovery, since 

phase holdups in three phase was found to be uniform dong the bed height (JSato et al., 

198 1 ; Kim et al., 1972; Bergovich and Watson, 1978). This lead to: 

The heat transfer coefficients in three phase fluidized beds can then be expressed as: 

(2.5.26) 

where, C - ]  is a proportional constant which can be determined fiom the experimental 

data of heat transfer coefficients. Suh et al. (1985) proposed C 7 *.O647 based on 

experimental results from (Baker et al., 1978; Kato et al., 198 1 ; Chiu and Ziegler, 1983; 

Kang et al., 1984). 

Suh and Deckwer ( 1989) modified the model proposed by Suh et al. ( 1985) by replacing 

liquid viscosity pl by the bed efléctive viscosity. They compared experimental bed 

effective viscosity at slurty concentration up to 50 vol.% with a model proposed by Vand 

( 1948): 



where, 4, is fraction of solids in sluny 

(2.5.27) 

phase. The heat transfer coefficients in three 

phase fluidized beds can k expressed by the placement of bed effective viscosity in 

equation f 2-5-26): 

(2.5.28) 

This correlation is valid for predicting heat transfer coefficient in three phase fi uidized 

bed (particle size > 1 mm). 

Kim et al. (1986) extended surfiace renewal mode1 to correlate heat transfer coeficient in 

three phase sluny-fluidized bed: 

(2.5.29) 

In their experiments, air was used as gas phase, 1.7 to 8.0 mm glass beads as the solid 

phase, water, kerosene and minerai oii as liquid phase. Pulverized bituminous mal (< 1 00 

mesh) in mineral oil or kerosene as slurry phase. Based on their experirnental results and 

previous results (Baker et al., 1978; Kato et al., 1981; Kang et al., 1984), They found 

C 9 4.0772 in equation (2.5.29). This semi-theoretical correlation of heat transfer 

coefficient in two- and three-phase fluidized beds covered the range of variables 1.1 < 

VS1 < 12 crn/s; O < Vg < 14.0 crn/s; O c dp < 0.8 cm; 0.92 4 CpSl < 4.18 JI&; 0.14 < 

kSl < 0.59 W/mK; and 1.0 c p,, c 38.9 mPa.s. 

Magiliotou et al. (1988) analyzed the mechanism of heat transfer in three phase fluidized 

beds. They suggested that in a three phase fluidized bed, particle movement rnight play 

an important role for the surface renewal. To account for this independent renewal 



contribution of particle movement, they extended the heat transfer coefficient into 

following equation: 

Uid was minimum fluidization velocity. 

The main di fference between equation (2.5.28) and equation (2.5 -30) is that equation 

(2.5.30) had an additional second term, which indicated the contribution of parhcle 

movement to surface renewal. They stated that the particle renewal mechanîsm 

expressed in equation (5.2.30) might noi be applicable to a very fine particles system, 

such as slurry bubble column. The suspended fine particles might not have enough 

inertia to induce major particle collision effects. 

2.5.23 Models based on Recirculation Flow of Liquid Phase 

Joshi and Sharma (1976, 1978, 1979) proposed the annular flow pattern in bubble 

columns. Based on their analysis, these authors obtained the average liquid circulatîon 

V , , average axial and radial wmponents of liquid velocities (Va , V , ): 



Joshi et al. (1980) applied the above equations and obtained the correlation of heat 

transfer coefficients in bubble col umns based on anaiogy with mec hanically agitated 

comactor and liquid flow through the pipes: 

analogy with mechanical agitated tank: 

analogy with liquid flow through a pipe: 

Zehner (1  %6a, 1986b) suggested a flow model with cylindrical eddies. Based on this 

flow model, he obtained the following expression for heat transfer coefficient: 

1"' (2.5.36) 

w here, 

Saxena et al. (1989) concluded that both models proposed by Joshi et al. (1980) and 

Zehner (1986% 1986b) poorly reproduced the experimentai results in air-water bubble 

colurnn. 



2.6 Mass Transfer and Analogy with Heat Transfer 

2.6.1 Mass Transfer in Three Phase Fluidized Bed 

Various techniques used for the measurement of volumetric mass transfer coeficient can 

be divided into two categories: 1) physical methods and 2) chemical methods. The 

volumetric mass transfer by physical methods cm be measured by analyzing dissolved 

oxygen in the liquid samples (Akita and Yashida, 198 1 ). The chemical method involves 

gas absorption accompanied by a chemical reaction which is suficiently fast to maintain 

gas concentration below its equilibrium concentration with respect to the sparging gas 

Stream (Prakash, I 99 1 ). 

The parameten affecting the gas-liquid mass transfer rate in bubble colurnn and three 

phase bed has k e n  reviewed by Prakash (1991) and Kim and Kang (1997). The 

volumetric mass transfer coefficient has been found to increase with gas velocity (Akita 

and Yoshita, 1973; Godbole et al., 1984). The liquid velocity was generally not found to 

have any effect on the mass transfer coeficient (Deckwer et al., 1974; Schuegerl et al., 

1977). The mass transfer coefficient has been found to decrease with increasing liquid 

viscosity (Kang et al, 1990, Lee et al., 1993). The mass tmnsfer coefficient was found to 

decrease with an increase of soli& concentration in sluny colurnn (Kato, 1973; Koid., 

1983; Schumpe et al., 1987). The mass transfer coeficient has been found to increase 

with an increase of the particle size (Kim and Kim, 199 1; Lee et al., 1993). The effect of 

low particle densities ( 1000- 1800 kg/m ) on the rnass transfer coeficient has been 

generally founci to be not considerable in three phase beds of relatively larger particle 

size. 

The following techniques have been used to measure the liquid-solid mass transfer 

coefficient in fluidized bed. 



1) Dissolution of soluble solids. This technique is based on the measurement of the rate 

of dissolution of one or a few solid particles in a bed of inert solids (Prakash et al., 1984, 

1987; Prakash, 199 1) or the dissolution rate of a whole bed of soluble particles 

(Ballesteros et al., 1982; Arters and Fan, 1986). The mas  transfer rate can be obtained 

by weighting loss of the soluble solid particles or analyzing the liquid exit concentration. 

2) Electrochemical techniques. This technique utilizes the principle of limiting current 

when the mass transfer to the electrode surface is diffusion-controlled (Prakash, 199 1 ). 

The liquid-solid mas transfer coefficient in fluidized bed can be also measured by other 

methods, such as ion exchange rnethod, photographic technique, etc. 

The liquid-solid mass transfer coefficient in three phase fluidized beds has been found to 

be practically independent of liquid velocity and increase with gas velocity (Hassannien 

et al., 1984; Arters and Fan, 1986; Prakash et ai., 1984; Fukuma et al., 1988). Hassanien 

et al. (1984) reported that the particle size has almost no influence on rnass transfer 

coefficient in the particle diameten From 5 to 10 mm. Arten and Fan (1  986) reported 

that the mass transfer coefficient was independent of the particle size at low gas velocity 

(< 0.066 mk) while it was dependent on the particle size at high gas velocity. Nikov and 

Delmas ( 1  987) shidied the effect of particle density and found that the rate of increase of 

the mass transfer coefficient with the gas velocity was large for Iight particles near the 

minimum fluidization velocity, becarne smaller with increasing solids densities and 

1 iquid velocities. 

2.6.2 Analogy betweea Heat and Mess Transfer 

In the design and operation of three phase fluidized bed reacton, the effects of operating 

variables (gas and liquid velocities, particle and liquid properties) on the heat and mass 

transfer have a similar trend. In general, the heat transfer coefficient in three phase 

fluidized beds is an increasing fiuiction of gas and liquid velocities (Deckwer, 1980), the 

particle size (Baker et al, 1978), but a decreasing Function of the dynamic viscosity of the 

liquid (Kang et al., 1985; Kim et al., 1986). The gas-Iiquid mass transfer coefficient 



(kl a) increases with increasing gas and liquid velocities, and the particle size, but 

decreases with increasing liquid viscosity (Kang et al., 1990; Lee et al., 1993). 

For the correlations of heat and mass transfer coefficients in three-phase fiuidized beds, 

some wrrelations had similar expressions, and thus those co~elations can be exchanged 

with each other. 

Kim and Kang ( 1997) proposed similar correlations for heat and mass transfen: 

for heat transfer: Nu = 0.436 Pr f4?96 (2.5.37) 

for mass transfer: Sh= 2.694 ~ e i ~ ~ ~  (2.5.38) 

V d 
where, Re ,, =*. The correlation for heat transfer was based on experimental 

VI 

ranges: Vg up to 0.25 m/s, V 1 From 0.004 to 0.25 m/s, d from 1 to 8 mm, and pl from 

0.001 to 0.0985 Pas. The wrrelation for mass transfer was based on experimental 

ranges: V from 0.005 to 0.1 9 mis, V 1 fiom 0.008 to 0.1 75 d s ,  d fiom 1 to 8 mm, and 

From these equations, the following relation can be made (Kim and Kang, 1997): 

In wall-to-bed heat and mass tninsfer systems, the correlations of heat and m a s  transfer 

coefficients based on the energy dissipation rate per unit mass of liquid have been 

correlated acwrding to Colbuni j-factor (Yasunishi et al., 1988). The mass transfer 

coefficient in the wall-to-bed mass transfer coefficient can be correiated as: 



Based on the anaiogy between the heat and mass transfer, equation (2.5.40) c m  be 

converted into the corresponding dimensionless groups for heat transfer as: 

It has been reported that the wall-to-bed heat transfer coefficients in three-phase fluidized 

bed were well correlated by equation (2.5.41) (Yasunishi et al., 1988). Thus, it is 

apparent that an analogy between heat and mass transfers exists in the wall-to-bed 

system. 



3.0 Experimental 

This chapter describes the designs of equipment and probes and methodology of 

experimental investigations. 

3.1 Experimental Setup 

Experiments were conducted in a Plexiglas column of 0.28 m inside diameter and total 

height of 2.4 m. The column was designed with three sections for easy construction and 

flexibility, as shown in Figure 3. la. The main support structure was constructed using 2" 

(0.0508 m) piping ensuring that the column was held firmly at times of high vibration 

(Le. high gas velocities). The liquid or slurry phase heights before fluidization were 

maintained at 1.4 m. The liquid used was tap water and solid particles were 35 

pm glas beads. The glas beads were supplied by Flex-o-lite Co. (St. Thomas, Canada). 

The density of the glass beaàs was 2450 k g h  3 .  The slurry concentration ranged from 5 

vol.% to 40 vol.%. The gas phase was oil-fiee compressed air. The supeficial gas 

velocity was varied from 0.05 to 0.35 d s .  Gas flow rate was measured by a rotameter, 

supplied by OMEGA (FL-1660). The gas fiow rate at rotameter pressure and 

temperature was corrected to obtain flow rate at reference pressure and temperature (see 

Appendix A). Gas sparger was located at the bottom of the column. Its details are given 

in the following section. A bal1 valve was installed at the bottom of the column to drain 

the slurry and clean the column. 

Two pressure tramducers, supplied by OMEGA (PX54 1, Montreal, Canada) were located 

on the wall of the column. One was placed at 0.07 m above the bottom of the colurnn 

and other at 1 -33 m above the bottom of the column (Figure 3.1 b). Five pressure taps 

were spaced on the wall of the column, which were 0.07, 0.52, 0.73, 1.13 and 1.53 m 

above the bottom of the column (Figure H a ) .  Each pressure tap was c o ~ e c t e d  to a 



1 . Pressure Regulator 
2. Rotameter 
3. Gas Distributor 
4. Pressure Transducers 
5. Pressure Taps 

Air in 

Figure 3.1 a Schematic diagram of the experimental setup 



Gas out 

1. heat transfer probes 1 1 
2. electrical heater 1 1 

Figure 3.1 b Locations of heat tramfer probes and sluny sampling probes 
on the coIumn 
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water manometer by flexible tubing. Pressure transducers provided instantaneous 

pressure signals which were used for gas holdup measurement and gas disengagement 

studies. Pressure taps were mainiy used to ver@ the measurements by pressure 

transducers. 

Two heat transfer probes were located at the same vertical location as the two pressure 

transducers on the wall of the colurnn, but at a 90' degrees angle in horizontal plane 

(Figure 3.1 b). The heat transfer probes were movable along radial direction to measure 

radial variation of heat tmnsfer. The heat transfer probe could also be rotated to study 

the effect of probe orientation on heat transfer. The heat transfer probe provided 

instantanmus heat transfer rate which could be averaged over time to obtain an average 

heat transfer coeficient. 

Four solids sarnpling probes were located on the column. One was located just below the 

gas sparger, 0.07 m above the bottom of the wlumn. M e r  three probes were arranged 

above the sparger, equally spaced at 0.4 m each (Figure 3.1 b). The probes were used to 

measure axial solids concentration distribution during the operatiom. 

Three thennocouple probes were used to monitor bed temperatures. An electrical heater 

was located near the bottom of the column to maintain a constant bed temperature. The 

input power for the electrical heater was controlled by variable autotransformer. 

3.1.1 Cas Distributor 

Gas distributor was located at the bottom of the column. As s h o w  in Figure 3.2, the gas 

sparger consisted of six arms and wnnecting tube. Each arm was made of bras tube 

0.112 m long and 6.3 mm in diameter. On each ann there were four downward facing 

orifices of 1.5 mm diameter for each. The orifices were located at 28 mm, 79 mm, 105 

mm and 115 mm from the center of the column to ensure approximately even 

distribution of gas across column cross-section. The distance h m  the bottorn of the 



sparger atm 

112 mrn 
4 

v~ 1 E 

Figure 3.2 Details of gas distributor design 



column to the a m  of the sparger was 0.07 m. The ratio of pressure difference of gnd to 

pressure difference of the bed is up to 16.5. 

3.2 Probes and Transducers 

A heat transfer probe was designed to measure local and instantaneous heat hansfer 

coefficients in the colurnn. A slurry sampling probe was designed to obtain a 

representative sarnple of slmy fiom the column. Fast response pressure transducers 

were selected to obtain instantaneous and average pressure profiles along column height. 

3.2.1 Heat Transfer Probe 

The estimation of the heat transfer coefficient between an immened object and 

surrounding fluid requires measurements of the heat flux at the surface of the object, and 

the surface and bulk temperatures. The heat transfer probe was designed to mesure 

i nstantaneous k a t  flux and surface temperature. 

The details of the heat transfer probe are shown in Figure 3.3. It consisted of a micro-foi1 

heat flux sensor rnounted flush on the surface of a bras cylinder of 1 I mm O.D. and 25.4 

mm length. The heat flux sençor was provided by RDF corporation (Hudson, U.S.A.) 

with ovemll dimension of 1 1 mm x 14 mm x 0.08 mm (No. 20453-1). The micro-foi1 

sensor consisted of two foil-type thermocouples bonded on both sides of a known 

thermal barrier, the difference in temperature across the known thermal bamier king 

proportional to heat flow through the sensor. The heat flux sensor was factory-calibrated 

to provide a relationship between voltage output from the sensor and heat flux. 

Appendix B provides calibration details of the heat flux sensor. The calibration of the 

built-in thermocouple for the probe surface temperature measurernent is given in 

Appendk C .  





A small electrical cartridge heater was installed inside the bras cyiinder to provide a 

kat source. A steel tube was used to support the probe, and prevent its damage under 

high solids concentration and higb gas velocity operations. A teflon tip was arranged on 

the end of the brass cylinder to reduce the heat loss from the end of the cylinder. On the 

other end of the bras cylinder, a teflon connector was used between the bras  cylinder 

and the steel tube to reduce the heat loss from this side of the bras cylinder. On the 

surface of the teflon connector, a deep groove was made to accommodate the electrical 

wires of the heat flux sensor. At the middle of the teflon connector, a hole was drilled 

from the outside to cany the electricai wires of the heat flux sensor inside the steel tube. 

Epoxy was used to fil1 up the hole and fix electrical wires on the surface of the teflon 

connector. This prevented water or sluny from entenng the inside of the teflon 

connector. A flexible connector was used between the steel tube and the wall of colurnn. 

n ie  steel tube could be moved along a radial direction to measure the heat transfer 

coefficient at various radial locations. 

Two such heat transfer probes were mounted on the wail of the colurnn, located at 0.07 

m and 1.28 m from the bottom of the colurnn. 

The heat flux sensor provided a fast response time (0.02 s) and local measured heat flux 

and sinface temperature. Thus the sensor could be used to m a u r e  local instantaneous 

heat flux and surface temperature. Signals for the measured heat flux and the surface 

temperature were collected at 60 Hz. The frequency of larger bubbles in a slurry bubble 

column is nomaily below 10 (Vs). The selection of sampling rate was therefore 

reasonable for measuring the frequency of larger bubbles. 

The microvolt signals from the heat flux sensor were arnplified to millivolts before data 

collection. The arnplified signals from the heat flux sensor and the surface temperature 

probe were interfaced with a cornputer data acquisition system, provided by OMEGA 

(WB-21). The millivolt signals rneasured from the heat flux sensor were converted to the 
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corresponding k a t  transfer fluxes. The signals measured for surface temperature were 

converted to corresponding temperatures by using the software provided by OMEGA. 

3.2.2 Pressure Transducers and Pressure Teps 

Pressure transducen were used for measurîng average and quasi-instantaneous pressures 

along column height. Compared with pressure taps, the advantage of pressure 

tranxiucers are fast response (2 ms), and more accurate ciah. In addition, pressure 

transducers provided the quasi-instantaneous information to study dynamic variations of 

pressure and gas holdup during gas disengagement studies. 

Two pressure transducers provided by OMEGA (PX 1540) were used in the experiments. 

One transducer was located in the distribution section (0.07 m fiom the column bottom) 

and the other transducer was located in bulk region (1.33 m from the column bottom). 

Quasi-instantanmus pressures at two locations were measured at the sarne time. 

These high accuracy pressure transducen provided the signal output of electrical current 

(4-20 rnA). The data acquisition systern supplied by OMEGA accepted the input signal 

as electncal voltage. Thus the signals collected from pressure transducers were 

converted fiom electrical current to electncal voltage by using resiston. The top and 

bottom tratlsducers could measure pressures up to 3 .O and 7.5 psi respectively. 

The converted voltage signals were found to have a linear relationship with the height of 

water in the wlumn in the range of desired experirnental operation. The calibrations 

giving the relationship between the heights of water and the voltage output of both 

pressure transducen are given in Appendix C. 

To measure axial gas holdup, five pressure taps were also placed on the wall of the 

colurnn. One of taps was located below the gas sparger and other four were arranged 

above the distributor at heights of 0.07 m, 0.52 m, 0.64 m, 1.03 m, and 1.43 m from the 
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bottom of the column. The pressure taps were made of 6 mm stainless steel tubes and 

were connected by means of flexible plastic tubing to one side of a U-tube water 

manorneter. The neighboring pressure tap was comected to the other side of the 

manometer. Five such manometen were used to mesure local pressure drops and gas 

holdups between neighboring pressure taps. 

The major problem in measuring the water levels in the manometers was the fluctuation 

of level in the glas tubes, particularly at higher gas velocities. To reduce the fluctuations 

and obtain a stable value, teflon capillary tubes (diameter less than 1 mm) were placed 

inside the plastic tubes connected to the manometers. 

3.23 Slurry Sempling Probes 

The slurry sampling probe was designed to mesure solids concentration at various axial 

locations, along the column height. Figure 3.4 shows details of the slurry sarnpiing 

probe. It consisted of a bras tube 12.7 mm in diameter and 0.35 rn long. The sampling 

tube was inserted into the sluny column up to ha1 fway between wall and center. 

A teflon rod was inserted inside the tube. The rod could be moved radially with the help 

of a handle. The probe design therefore constituted a piston and cylinder arrangement. 

The movements of the rod were restricted by a screw and groove anangement The 

s l q  sarnple was collected at the other end through an outlet placed at 30 angle to the 

tube. The inlet end was also tapered at 30' angle to minimize sampling errors due to 

sudden changes in flow direction. The inlet was oriented to be at 90 O to the main bubble 

flow to avoid entrainment of bubbles into sampling line. The piston-cylinder 

arrangement also allowed self cleaning of the tube after sampling. Four such sampling 

probes were installed along the column height at 0.07 m, 0.47 m, 0.87 m, and 1.27 m 

from the bottom of the column. 





The collected slurry sample volume was limited to 50-100 ml so as to minimize the 

effect on bulk solids concentration in the slurry bubble column. The samples were 

withdrawn after at least 40 min of  stamip to ensure that a steady operaiion had k e n  

reached To maintain neariy constant amount of the solids in the slurry column, 

collected samples were retumed to the coiumn afier rneasuring their solids and water 

contents. 

3.2.4 Thermocouple Probes 

A thermocouple probe was designed for measuring temperatures at various locations 

inside the sluny culurnn. 

As shown in Figure 3.5, the probe consisted of four copper-constantan thermocouples, 

which were placed inside a stainless steel tube with a diarneter of 6.4 mm and a length of 

0.15 mm. Four small holes were drilled on the tube. The tip of each thermocouple was 

p l a d  in each hole and exposed to the inside of the slurry column. Silicone was tilled 

inside the tube to fix the thermocouples in the tube. 

Three such thermocouple probes were arranged along colurnn height. The time and 

spce  averaged bed temperatures measured fiom thermocouple probes were monitored 

by a digital themorneter. 

3.3 Experimental Procedures and Measurements 

3.3.1 Eeat Transfer Coefficient 

As described in section 3.2, the k a t  transfer probe was wd to measure heat flux and the 

surface temperature of the probe. The thennocouple probe was used to mesure bed 

temperature. The fast response heat transfer probe provided instantaneous heat transfer 





coefficients based on measurernents of heat flux, surface temperature and bed 

temperature: 

where, h i is instantaneous heat transfer coeficient; q is heat flux; T p , T b are surface 

and bed temperatures respectively. 

Experiments were initially conducted to study the probe response to single bubbles 

passing on probe surface. They were conducted in a small column with a diameter of O. 1 

m and height of 0.39 m, as show in Figure 3.6. Tap water was filled up to column 

oveflow. A brass tube of a diameter of 12.7 mm with a single orifice of 1.5 mm was 

placed on the column bottom to generate single bubbles. The generated bubbles passed 

on the surface ofthe heat transfer probe. The bubble fiequency was controlled at about 1 

bubble per second by controlling gas input. To maintain a constant bed temperature, tap 

water at constant temperature flowed into the column at the bottom and ovefflowed at 

the top. The heat transfer probe was placed at the center near the top of column. The 

experimental results are shown in Figure 3.7. This figure indicates that the variation of 

heat transfer coefficient with tirne is cyclic with one peak per second (sampling 

fiequency was 50 Hz), which corresponds the fiequency of generated bubbles. This 

resdt showed that a sharp peak of instantaneous heat tninsfer coefficient was directly 

related to the bubble passage on the surface of the probe. 

The generation of peaks can be atîributed to enhancement of heat transfer by the 

Nbulent wake region behind bubbles. 

Kurnar et al. (1992) collecteci photographical records as single bubbles passed on the 

sudace of a fast response heat transfer probe. They found that the instantmeous heat 

transfer coefficient increased as a bubble approached the surface of the heat transfer 

probe. The instantaneous heat transfer coefficient continued to increase up to a 

maximum value which indicated a wake region behind the bubble. After the maximum 
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Figure 3.6 Diagram of single bubble experiment 
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value, the heat transfer coefficient decreased. Their observation showed that the peak of 

instantaneous heat transfer coefficient was generated by bubble-wake-induced 

turbulence. Tt was also observed that the heat transfer coefficient increased with 

increasing bubble volume in different systems. A larger bubble wouid have a larger 

wake and stronger vortices associated with i t  This wodd induce a stronger turbulence 

and enhance heat transfer rate. Kumar and Fan (1994) also observed higher 

instantaneous heat transfer coefficient with chain bubbling compared to single bubble 

injection, which was attributed to fiequent bubble-wake effects and rapid bubble 

acceleration. 

Figure 3.8 shows a typical time series observation of instantaneous heat iransfer 

coefficients obtained in this study io the central region of air-water system. n e  higher 

and sharper increase of instantaneous heat tmnsfer coefficient can be attributed to the 

wake region behind a bubble passing on probe surface. 

The time averaged heat tïansfer coefficient is an important parameter for designing heat 

transfer surfaces for a slurry bubble colwnn. This parameter cm be obtained by 

averaging instantaneous heat transfer coefficients as follows: 

here, hm is time averaged heat transfer coefficient; N is the total nurnber of collected 

data. The value of N was selected to be 2 100 to ensure a stable value of heat transfer 

coefficients. 

Experiment conducted at different times were compared to ver@ the reproducibility of 

the probe response. Figure 3.9 compares the experimental results obtained over a six 

months period. The data points are plotted with 95 % confitdence intervals. It can be 

seen that the results obtained are very close , verifjmg the reproducibility and stability of 

probe response. 
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Figure 3.9 Average heat transfer coefficients in air-water system 
at column center (95% confidence intervals) 
(Data based on Appendix E21 



33.2 Phase Holdup 

Phase holdups are important hydrodynamic parameters for designing a slurry bubble 

column. They are defined as the fractions of the bed volumes occupied by each phase. 

In this study, phase holdups were obtained from rneasurements of pressure gradients and 

slurry sampling along column axis. in a three-phase slurry bubble colurnn, the static 

pressure drop along the bed height is given as: 

Al' = ~ ( P ~ E ~  +PlEl + P S " S ) ~  (3.3) 

where, zg, EI and Es are gas, liquid and solid phase holdups; pg , pl and ps are gas, 

liquid and solid densities. 

Moreover, the sum of the holdups must be equal to unity: 

Liquid and solid phase holdups can also be defined as: 

El = $1 (EI + c g )  = 41 ( 1 - E g )  (3-5) 

ES = $ S  (CI  + E S )  = $ S ( ~ - E ~ )  (3.6) 

where el and @, are volume fractions of liquid (water) and solids in bubble-free sluny 

phase, which are obtained from sluny sarnples collected by using sampling probe. 

The concentration of slurry sample was measured using a pycnometric technique. The 

Fraction of solid in slurry phase can be obtained by: 



where, sluny density, p,, , was measured by weighing sarnples of kmwn ~ ~ h m e -  

Substituting equations (3.4) - (3.6) into equation (3.3): 

Since ps is negligibly small, the above equation becomes: 

Therefore gas holdup can be obtained as: 

If A P is measured by means of a water manorneter, A P can be expressed as: 

@ = P&& (3.1 1) 

where, A hm is the height difference measured in the water manometer. The gas holdup 

can be obtained as foiiow: 



The solids and liquid holdups cm be then calcuiated by Equations 3.6 and 3.7. 

Experiments conducted at di fferent times were wmpared to ven@ the reproducibi l i ty of 

gas holdup measurements. Figure 3.1 0 compares the experimental results obtained over 

a six months period. The data points are plotted with 95 % confidence intervals. It can 

be seen that the results obtained are very close, verifjmg the reproducibility and stability 

of pressure transducers. 

3.3.3 Dynamic Gas Disengagement 

The dynamic gas disengagement technique is based on complete stoppage of gas phase 

entering the column at a given time. Before this moment, the inlet gas flowrate was kept 

at a constant value. A quick closing bal1 valve was used for stopping gas flow into 

column. 

The data acquisition for measuring pressure started about 10 seconds before gas flow was 

shut down, so as to record the whole dynarnic process of pressure variation. The whole 

process included three parts: steady operation, gas escaping afler stoppage of gas flow, 

and gas fiee suspension. 

As the gas inlet valve was closed, the instantaneous gas holdup was rnonitored by two 

pressure tramducen, which provided instantaneous gas holdup defined as: 

This technique is based on the principle that different bubble classes in a gas-liquid 

dispersion can be distinguished if there are significant differences between their rise 

velocities. The rate at which the instantaneous gas holdup drops would depend on the 

fraction and rise velocity of the gas bubbles. Initially, when the fast rising larger bubbles 
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Figure 3.10 Gas holdup in air-water system (95% confidence 
intervals) 
(Data based on Appendix E 1 ) 



are escaping, the drop of the instantaneous gas holdup would be fast. The rate of &op 

would, however, slow down when only srnail bubbles are escaping This technique can 

provide reasonably approxirnate information if there are two distinct classes of bubbles. 

Various assumptions and sources of errors associated with the technique have been 

reviewed by Schurnpe and Grund (1986). The main assumptions for this application are: 

1) the holdup structure is not affected by the bubbles interactions afler the gas supply is 

cut off; 2) the holdup structure is axially uniform. The gas holdup structure can be 

affécted during the disengagement of larger bubbles, which c m  accelerate the smaller 

bubbles in their wake. Meanwhile, the gas holdup of smaller bubbles may be affected by 

the volume of sparger. 

The gas holdups of larger and small bubbles are identified by obsewing instantaneous gas 

holdup during gas disengagement. Figure 3.1 1 a shows instantaneous gas holdups during 

gas disengagement in an air-water system at different supeficial gas velocities. At high 

superficial gas velocity, the instantaneous gas holdups have higher fluctuations and drop 

faster as gas is shut off, indicating larger bubbles escaping front the bed. This can be 

defined as fint p e n d  At the rear end of the larger bubble leaving out from the bed, only 

srnail bubbles disengage, when gas holdups drop smoothly. This c m  be defined as 

secondary period. At low superficial gas velocity (i-e. Vg=0.05 rn/s), first period was not 

observed, indicating negligible amount of larger bubbles in the bed. 

Figure 3.1 1 b shows typical instantaneous gas holdup and behaviors of two classes of 

bubbles during diçengagement. The initial gas holdup at t o  is defined by EW AAer 

stopping the gas supply, the instantaneous gas holdup drops fast, indicating larger 

bubbles escaping. At time t ,  , the rear end of the larger bubble s w m  reaches the 

dispersion level denoted by s2.  [n the second period, only small bubbles disengage and 

the dope is much smaller. Then at time t z, the rear of the small bubble s w m  leaves 

out from the liquid phase; at that tirne the gas holdup become zero. These two lines can 

be used for evaluating bubble rise velocity and gas holdup of the two bubble classes. The 







two linear equations were obtained by regression analysis. The two straight lines were 

considered separately only when their dopes were statistically different. 

In the fim period of the disengagement, the disengagernent rate of small bubbles can be 

accelerated by the wakes of larger bubbles, while the liquid backflow due to bubble 

disengagement can slow their disengagement rate. These two effects can cornpensate for 

each other. Figure 3.1 Ic shows two different expanded bed heights which can be used to 

estimate small bubbles properties. Hd3 is the height which accounts for the 

disengagement of small bubbles during both periods. If smdl bubbles disengage at the 

sarne rate in both periods, Hd3 = H d l  ; if there is no disengagement of srna11 bubbles 

during the first period, iid3 = Hd2. The tnie value may lie between these two extremes. 

Schumpe and Grund (1986) accounted for the effects of liquid backflow on the 

disengagement rate of the small bubbles during the fint penod and proposed the 

following procedure to obtain the dispersion height of small bubbles: 

The value of H d3 was obtained by an interactive procedure, using equations 3.14 and 

3.15. Equations 3.14 and 3.1 5 require the initial and expanded height H 0 , H H ,.J 1 

and HdZ . which can be converteci fiom conesponding gas holdups: 

where, H , is static liquid height without bubbles. 
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Figure 3.1 lc  Plot of dispersion height as a function of time 



Based on this calculation procedure, the values of Hd3 were always found to be close to 

Hdl ("thin 3%). Thus, small bubbles disengage at the same rate in both periods. This 

indicated that in this experiment, the rise velocities of small bubbles at both periods were 

essentially the same and that the gas holdups of small bubbles is close to q . 

In this technique, another problem is the effect of sparger volume on small bubble gas 

holdup. Schurnpe and Grund (1986) outlined a calculation procedure to correct the 

dispersion height of mal1 bubbles if the volume of the sparger rnakes a contribution in 

this technique. B a d  on this correction, the effect of sparger volume on dispersion 

height of small bubbles in this midy is negligible (< 1 %). 

Based on mass balance during second period of disengagement, the amount of gas 

leaving due to smail bubbles from the region between two probe should be equal to that 

of liquid flowing back in fiom the top, that is: 

here, V, is superficial gas velocity associated with small bubbles; H, is the height 

between two probes. Thus, the superficial gas velocity of small bubbles can be obtained 

fiom the siope of the second period of disengagement. 

The individual gas holdups, the superficial gas velocities and the nse velocities for the 

two bubbles classes can be obtained using the following relations: 



3.4 Genenil Operation Procedures 

Experiments were carried out at five superficial gas velocities for each s1un-y 

concentration. When switching from a Iower to a higher solids concentrations, instead of 

removing the entire slurry and replacing with fresh slurry, the liquid fiom the top of the 

column was removed and the desired mass of solids was added into the slurry bed. 

For startup at higher concentration slurry systems (20 vol.% solids and higher), the bed of 

settled solids pariicles codd not be dispersed by simpiy switching on the desired gas 

velocity. At these soli& concentrations, solids plugs were forming and moving up along 

the column without solids dispersion. Air was first introduced by using the solids 

sampling probe located near the top of the settled bed. Therefore at high solids 

concentrations, the solids were dispersed stagewise. Once solids in the region beyond the 

first sampling probe were dispersed, the next sampling probe was used. This was 

continuai until dispersion was completed by the gas sparger itself. The approximate 

time of dispersion was 1 hour for a 20 vol.% solids system and about 4 hours for a 40 

vol.% solids system. 



4.0 Results and Discussion 

This chapter presents the results of the hydrodynamics and heat transfer measurements. 

The first section reviews the gas holdups, solid distribution data and gas disengagement 

results. Section 4.2 discusses local average and instantaneous heat transfer 

measurements at various superficial gas velocities and slurry concentrations in different 

regions of the column. Bubble wake behavior is analyzed based on instantaneous heat 

transfer coefficients. 

4.1 Hydrodynamics 

The results in this section are presented in three subsections. In subsection 4.1.1, gas 

holdups obtained in the bubble column and the slurry bubbte colurnn are presented. In 

subsection 4-12, measured axial solid concentrations are applied to the study of particle 

hindered settling velocity and solid dispersion coefficients. In subsection 4-13,  gas 

disengagement data are analyzed to investigate bubble rise velocities and bubble size 

population. 

4.1.1 Cas Holdups 

The gas holdups obtained in air-water system based on pressure gradients are shown in 

Figure 4.1.1. The experimental results are also cornpared with literature studies 

(Goldbole et al., 1984; Saxena et ai., 1989, 1990a). Gotdbole et al. ( 1984) and Saxena 

et al. (1989, 1990a) measured gas holdups in column diameter of 0.305 m. It can be 

seen fiom Figure 4.1.1 that the gas holdups at gas velocities fiom 0.05 to 0.30 m/s are in 

good agreement with these literature studies. It can also be seen from Figure 4.1.1 that 

gas holdup was an increasing function of gas velocity. 
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Figure 4.1.1 Gas holdup in air-water system 

(Experirnental resdts based on Appendix E 1) 



As fine particles are added into water, it becomes a slurry phase and its hydrodynarnic 

behavior is changed Figure 4.1.2 shows the dependence of gas holdup on gas velocity 

at various solids concentration. It cm be seen from Figure 4.1.2 that the gas holdups 

increased with increasing gas velocity for al1 slurry concentrations. Figure 4.1 -2 also 

indicates that the addition of soli& into water reduced the gas holdup. However, the 

effects of high slurry concentrations on gas holdup are not clearly shown in Figure 

4.1.2. 

Figure 4 -13  presents the variation for gas holdup with slurry concentration for constant 

gas velocities. It can be seen from Figure 4.1 -3 that gas holdup initially decreased 

quickly with increasing sluny concentration up to sluny concentration of about 15 

vol.%. For higher slurry concentrahons, the rate of decrease slowed dom. In fact there 

was a slight increase in gas holdup at high solids concentrations (> 25 vol. %). There 

were minimum gas holdups at slurry concentration around 25 vol. % for gas velocities 

from 0.05 to 0.30 m/s. This phenomenon has not been reported in literature so far. 

It is interesting to note from Figure 4.1.3 that the decrease of gas holdup depends on gas 

velocity at s l u q  concentrations below 15 vol.%. It is seen from Figure 4.1.3 that the 

gas holdup at high gas velocities decreased more rapidly with increasing slurry 

concentration, compared with that at low gas velocities. The decrease in gas holdup 

with increasing slurry concentrations has been observed by other researchers (Kara et 

al., 1982; Koide et al., 1984; Sauer and Hernpel, 1987). This phenomenon may be 

explained by an increase in bubble size due to the increase in s l q  viscosity in 

presence of fine solids particles (Kara et al., 1982; Nigam and Schumpe, 1996). The 

gas holdup at a given gas velocity would decrease, due to higher rise velocity of larger 

bubbles fonned. As solids particles are added into water, the apparent sluny viscosity 

would increase. ? l e  increase of bubble size can be amibuted to either increasing rate 

of bubble coalescence or reduced rate of bubble-breakup. Fan (1989) attributed the 

drop in gas holdup to the promotion of bubble coalescence caused by increase in 

"pseudo-viscosity" of suspension. However, it is also important to consider effects of 
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Figure 4.1.2 Gas holdup as a fùnction of gas velocity at constant 
sluny concentrations 
(Data based on Appendix E 1 ) 



Figure 4.1.3 Gas holdup as a function of slurry concentration 
at a constant superficial gas velocity 
(Data based on Appendix E 1) 



fine particle suspension on bubble breakup rate. It is reasonable to explain this 

phenornenon by means of both bubble coalescence and bubble breakup. Bubble 

breakup occurs through bubbles interactions with turbulent eddies (Prince and Blanch, 

1990) as large unstable bubble moves up from the tips of gas jets. High gas velocity 

will improve the turbulence of the slurry phase. The improved turbulence wili improve 

the interactions between bubble and turbulent eddies, which result in an increase in the 

rate of bubble breakup. Therefore, high gas holdup at high gas velocity cm be 

attributed to the hi& rate of bubble breakup. The addition of solids reduces the bubble 

breakup rate by increasing slurry pseudo Mscosity of the continuous phase, which result 

in the larger size bubble. Therefore, gas holdup will decrease. It can be seen corn 

Figure 4.1.3 that the rate of decrease of gas holdup with an increase in slurry 

concentration is much higher at higher gas velocity. This indicates that the addition of 

solids at high gas velocity more effectively reduces the rate of bubble breakup, which 

results in a fast increase in bubble size and in a fast decrease of gas holdup. At low gas 

veIocity, the bubble breakup rate is expected to be low, therefore the rate of decrease of 

gas holdup with increasing sluny concentration is low for low air velocity. 

For solids concentrations between 20 to 30 vol%, data on Figure 4.1.3 shows oniy a 

slight dependence of gas holdup on sluny concentration. Similar observations have 

been made by other researchers (Deckwer et al., 1980; Ying et al., 1980). Ying et al. 

(1980) found that gas holdup in silica-water system reduced up to solids concentration 

of about 16 wt?h but thereafier no significant change was observed as sluny 

concentrations increased. This indicated that bubble size has reached a stable value of 

the coalesced bubble flow regime (Fan, 1989). In this flow regime, bubble size and 

rising velocity do not change significantly with an increase in solids concentration, 

which will result in a slight dependence of gas holdup on solids concentration. 

Figure 4.1.3 also shows that the measured gas holdups increased slightly at the slurry 

concentrations higher than 25 vol.%. Such an increase in gas holdup with slurry 

concentration has not been reported in literature since most literature studies have 



stayed bdow slurry concentrations of 20 vol.%. The observed increase in gas holdup at 

the high slurry concentration wuid be attributed to decrease in rise velocity of small 

bubbles due to significantly increased suspension viscosity and density. Literature 

studies have shown negligible effects of liquid properties (viscosity, density etc. ) on the 

rise velocity of large spherical cap bubbles. The terminal velocity of srnaIl single 

bubbles in liquid phase has been investigated by many authors (Wallis.1974; Peebles 

and Garber, 1953). The terminal velocity of small single bubble depends on the liquid 

properties. Jarnialahmadi et al. (1994) predicted terminal bubble rise velocity by the 

following equation: 

here, U, is terminal bubble nse velocity. Uz and Uz are rise velocities of small and 

larger bubbles, which are aven by: 

Slurry viscosity cm be calculated by using correlation proposed by Vand ( 1948): 

The calculated terminal bubble velocities are show in Figure 4.1.4. It is seen from 

Figure 4.1.4 that as slurry concentration increases fiom 25 vol% to 40%, the terminal 

bubble velocity of small bubble decreases, particularly for bubble size smaller than 4 

mm. This will result in a longer residence time of srnaIl bubbles in the dispersion. 
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Figure 4.1.4 Single bubble terminal velocity at high 
slurry concentrat ions 
(Calculations based on Jarnialahmadi, 1994) 



As slurry concentration increased from 25 vol.% to 40 vol.%, rise velocity of coalesced 

bubbles remained unchanged because the rise velocity of spherical cap large bubbles 

are independent of slurry properties (Fan, 1989; Jarnialahmadi et al., 1994; Wallis, 

1974). Thus the gas holdup of larger bubbles remained constant as slurry concentration 

increased fiom 25 vol.% to 40 voI.%. As calculated above, rise velocities of srna11 

bubbles are reduced. The reduced rise velocities of srnall bubbtes will result in an 

increase in gas holdup. The detailed description of the effects of larger and smaller 

bubbles on gas holdups will discussed in section 4.1.3. 

It may also be pointed out that pressure at the colurnn bottom increased with increasing 

concentration of high density solid particles used in this study. Gas holdup has been 

found to increase with operating pressure (or gas density) by several literature studies 

(Idogawa et al., 1986; Wilkinson et al., 1990). At hi& slurry concentrations, the 

pressure at the column bottorn will increase. However, based on the reported studies, 

the small pressure increase due to hi& sluny density cannot account for observed 

increases in gas holdups in this study. 

The measured gas- holdup in two phase (air-water) and three phase (air-water-glass 

particles) are cornpared with the predictions by li terature correlations. The vanous 

correlations for gas holdups which have been wrnmonly used in bubble columns are 

listed in Table 4.1.1. 

Figure 4.1.5 shows the cornparison of experirnental gas holdup with the various 

correlations in air-water system. It can be seen that the correlation proposed by Hikita 

et al. (1980) provides good predictions in air-water system. Prediction by Koide et al. 

(1984) are also close to experimental observation in air water system below gas velocity 

of 0.25 d s .  Predictions by correlations proposed by Smith et al. (1984) and Sauer and 

Hempel(1987) are lower than experimental results. The correlation proposed by Hikita 

et al. (1980) is based on the experimental data obtained in two phase system. 
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Figure 4.1.5 Cornparison of measured gas holdup with literature 
correlations in air-water system 
(Exptl. results based on Appendix E 1 ) 
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Figure 4.1.6a Cornparison of Koide et al. ( 1984) correlation with 
experimental gas holdups in sluny bubble column 
(Data based on Appendix E 1)  
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Figure 4.1.6b Cornparison of Smith et al. (1  984) correlation with 

experimentd gas holdups in slurry bubble col umn 
(Data based on Appendix E 1) 
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Figure 4.1.6~ Cornparison of Sauer and Hempel(1987) correlation with 
experirnental gas holdups in slurry bubble column 
(Data based on Appendix E 1 ) 
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Several literature studies have successNly modeled gas holdup in bubble colurnn based 

on the drift velocity (Vo ) concept of Nicklin (1962). Based on this approach the gas 

holdup c g  in a three phase systern can be expressed in terms of the superficial gas 

velocity V g ,  the superficiai slurry velocity V , and the drift velocity V : 

For the churn hirbulent regime, 07Dowd et al. ( 1987) assumed the drift velocity to be 

the sum of the superficial gas velocity and the characteristic terminal bubble rise 

velocity so that 

Vo = V, + Vb (4.1.6) 

where, V b, is characteristic terminal bubble rise velocity. Substituting V in equation 

(4.1.5) gives: 

In the present study, V A  is zero since the slurry column was operated in the semi-batch 

mode. Thus, equation (4.1.7) is reduced to: 

The above derivation assumes the bubble terminal nse velocity in the fully developed 

chum-turbulent regirne to be independent of superficial gas velocity for a fixed set of 



operating conditions (Le. solids type and loading, liquid properties, and column 

configuration). The fully developed churn turbulent regime is usually attained above a 

superficial gas velocity of about 0.08 mis in bubble column (Shah et al., 1982). The 

bubble terminal rise velocities were calculated by using equation 4.1.8 and 

experimental gas holdups. The average bubbIe terminal rise velocities were then 

obtained for different slurry concentrations. By using the average bubble terminal n'se 

velocities. the gas holdups at various gas velocities and sluny concentrations cm be 

calculated by using equation (4.1.8). Figure 4.1.7 shows that the calculated gas holdups 

compare well with experimental values. This figure also lists values of terminal rise 

velocities. It can be seen that bubble terminal rise velocities increase with increasing 

sluny concentration up to slurry concentration of 25 vol.% but decrease for the high 

slurry concentration of 40 vol.%. As pointed by O'Dowd et al. (1 987), the bubble 

terminal rise velocity essentially reflects the bubble size distribution and higher bubble 

terminal nse velocities indicate presence of larger bubbles. 

The increase in bubble size with increasing slurry concentration cm be attributed to an 

increase in apparent SI uny viscosity, since hi gher apparent sluny viscosity promotes 

bubble coalescence rate. The correlations for prediction of apparent slurry viscosity 

were proposed by Vand (1948)- Thom ( 1965) and Barnea and Minahi ( 1973). These 

correlations, given below, were used to estimate the apparent suspension viscosity over 

the entire range of slurry concentration used in this study. 

Vand (1948): 

Thomas ( 1965): 

PSI = pl (1 + 2.5& + 10.0& + 0.00273exp(16.@,)) (4.1.9) 
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Figure 4.1.7 Cornparison of predicted gas holdup with experimental 
values 
(Experirnentai resdts based on Appendix E 1 ) 



Barnea and M i d i  ( 1973): 

The calculated terminal rise velocities for different sluny concentrations were plotted 

against apparent suspension viscosity obtained with above correlations. Figure 4.1.8 

shows the relationship between the characteristic bubble terminal rise velocity and 

sluny concentration. At low sluny concentration, the rise velocity increases with slurry 

concentration. At slurry concentration higher than 25 vol.%, the rise velocity decreases 

with slurry concentration. At the slurry concentration around 25 vol.%, the rise velocity 

reaches a maximum value. It can be found that the &op in the terminal rise velocity 

coincides with the steep increase in sluny viscosity predicted by three correlations at 

the high slurry concentrations. Even though the results from different conelations have 

different values, al1 the results provide similar trends. 

Figure 4.1.3 shows that at various gas velocity, variation of gas holdup with sluny 

concentration has similar trends. Therefore, a normalized gas holdup can be used to 

generalize this trend The normalized gas holdup is defined as the ratio of gas holdup in 

three-phase to gas holdup in air-water system at corresponding gas velocity. 

Figure 4.1.9 shows the normalized gas holdup. Figure 4.1.9 indicates that the 

normalized gas holdups are relatively independent of gas velocity, and strongly 

dependent on slurry concentration. Meanwhile, at sluny concentration of 25 vol.%, 

there is a minimum normalized gas holdup. Based on those observations, an expression 

for normalized gas holdup can be suggested as follows: 
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Figure 4.1.8 Variation of terminal rise velocity of the swarm of bubbles 
and relative viscosity with sluny concentration 
( basgd on Figure 4.1.7) 
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Figure 4.1.9 Ratio of gas holdup in sluny systern to gas holdup 
in air-water system 
(Data based on Appendix E 1 ) 
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Figure 4.1.10 Cornparison of predicted gas holdup in equation 4.1.1 1 

with measured gas holdup 
(Exptl. results based on Appendix E 1 ) 



By fitting the experimental results, parameten a and b are found to be 

Figure 4.1.10 compares die calculated results with experimental results. Average 

relative error is 3.44%. 

4.1.2 Solids Distribution Profiles 

In this section, axial profiles of solid concentration at different gas velocities and sIuny 

concentrations are presented. Particle hindered settling velocities and solid dispersion 

coefficients are obtained based on experimental axial solid concentration profiles. The 

axial solid concentration profiles, particle settling velocities and solid dispersion 

coefficients are compared with literature correlations. 

4.2.2.1 Axial Solid Concentration Profiles 

Axial profile of solids concentration at various slurry concentrations are presented in 

Figure 4.1.1 la through 4.1.1 Id. In general, a downward sloping axial solids 

concentration profiles (gradient) were observeci for various solids concentrations and 

gas velocities. The gradients are. however, higher at the low gas velocity of 0.06 m/s. 

For higher gas velocities, there is no significant effect of gas velocity on concentration 

gradients. The gradients can be explained by the settling effect of gravity on dense 

solids particles. However, due to the turbulence created by the flow of gas and liquid 

circulation, there is also an upward force acting on the particles. When the net upward 

force exceeds the gravity on particles, the particles are dispersed upwardly. The lift is a 

function of sluny kinetic energy which in turn is related to column turbulence and 

bubble wake phenornenon. 
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Figure 4.1.1 1 a Axial distribution of solids concentration at slurry 
concentration of 5 vo1Y0 
(Data based on Appendix E 1 1 )  
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Figure 4.1.1 I b Axial distribution of solids concentration at slurry 
concenîration of 10 vol% 
(Data based on Appendix E 1 1 ) 
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Figure 4.1.1 1 c Axial distribution of solids concentration at slurry 

concentration of 20 vol% 

(Data based on Appendix E l 1) 
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Figure 4.1.1 1 d Axial distribution of solids concentration at s l u y  
concentration of 40 vol% 

(Data based on Appendix E I l )  



The efEects of varying superficial gas velocities are M e r  studied for different slurry 

concentrations. As gas velocity increases, the dope of axial solids concentration is 

generally lowered This effect can be explained in ternis of the potential energy 

required to keep particles in suspension. The incoming buoyant power, which is 

primarily a f i c t ion  of a gas volurnetric flowrate, is used for the generation of bulk 

motion and can be calcuiated as follows (Lamont, 1958): 

Turbulence is generated as a resuit of this bulk motion and spread quickly throughout 

the reactor. As pointed out by Kleijintjens et ai. (1994), a portion of the turbulent 

power generated is used to maintain the potential energy of the particles in suspension 

and the remainder maintains sluny motion (kinetic energy). Assurning unifom axial 

and radial distribution of particles, the energy input required to maintain the potential 

energy of suspended particles can be approxirnated as: 

For the range of gas flowrates in this study (0.06 < Vg < 0.35 d s ) ,  the incoming power 

was calculated by the above correlation (4.1.12) to range fiom 50 W to 430 W. 

However, the corresponding potential energy required to keep particles in suspension 

was calculated to be less than 2.5 W. Thus, there is an abundant amount of energy 

available to keep particles in suspension. Since the particles are already in suspension 

at lower gas velocities, the effect of increasing gas velocity was small. 

Figure 4.1.12a through 4.1.12~ show the effect of different average soli& 

concentrations. To clearly demonsîrate the effect, the normalized concentration profile 
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Figure 4.1.12a Nomialized axial solid concentraion at a gas 

velocity of 0.06 mk 
(Data based on Appendix E 1 1) 
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Figure 4.1.12b Normalized axial solid concentraion at a gas 

velocity of O. 1 1 m/s 

(Data based on Appendix E 1 1 ) 
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Figure 4.1.1 2c Nomalized axial solid concentraion at a gas 

velocity of 0.35 m/s 

(Data based on Appendix E 11) 



cm be defined as the ratio of local slurry concentration to average slurry concentration. 

As shown in Figure 4.1.12a through 4.1.12~~ the slope of normalized concentration 

profiles decreases as slurry concentration increases. Similar results have been reported 

by OYDowd et al. (1987) and Gandhi et al. (1998). This can be attnbuted to a decrease 

in hindered settling velocity as slurry concentration increases. The regression result of 

hindered sertling velocity fiom expenmental data indicated this tendency. Higher slurry 

concentrations increase particle-particle interactions which reduces the hindered 

settling velociîy. 

The one-dimensional sdmentation-dispersion model has been widely used to descnie 

the axial solids concentration profiles for batch and continuous slurry bubble column 

systems. In this section, the sedimentationdispersion mode1 was used to estimate the 

axial profile of sluny concentration, the particle hindered settling velocity and the solid 

dispersion coefficient. 

According to the sedimentation-dispersion model, the longitudinal movement of 

suspended solid particles is assumed to be caused by longitudinal dispersion and 

seîtling of solid particles and liquid flow, resulting in the concentration distribution of 

solid pmcles in the bubble column. The model was originally proposed by Cova 

(1 966). The model was subsequently developed and simplified by other researchers 

(Kato et al ., 1972; Smith and Ruether 1985). 

The following assurnptions have been made in fomulating the sedimentation- 

dispersion model: 

1. no radial gradients in solid parhcles concentration; 

2. ail solids particles have identical terminal velocity. 

3. gas holdup, solids dispersion coefficient and settling velocity of solids are al1 

constant dong the column axis; 



4. gas and liquid velocities are such that al1 solids particles are completely 

suspended in liquid 

If we consider a horizontal cross sectional element of a sluny bubble column having a 

thickness Az, a differential mass balance in the vertical zdirection with respect to 

solids particles gives: 

Rate of accumulation Rate of ( m a s  in Rate of (mas  in - mass Rate of (mas  in - mass 
within volume = - rnass out) due + out) due to convective + out) due to the settling 
element to dispersion flow of s l u q  of solids 

The effects of gravitational and buoyant forces are taken into account in the last term on 

the rïght hand side of the above equation. The differential equation can be obtained as 

where, U , is the generalized solids settling velocity, and the flux of solids particles due 

to dispersion, n , , is given by 

where, E , is solids dispersion coefficient. Substituting eqn. (4.1.1 5) into eqn. (4.1.14) 

yields the sedimentation-dispersion mode1 (Parulekar and Shah, 1980): 

At steady state and batch mode, eqn. (4.1.16) c m  be simplified to: 



The term U , can be interpreted as particle terminal velocity or as the hindered settling 

velocity of a swarm of particles. Smith and Ruether (1985) defined Ust as the solids 

hindered settling velocity relative to liquid (slurry). The sedimentationdispersion 

mode1 is then integrated as: 

Kato et al. (1972) defined U ,, as the solids hindered settling velocity relative to the 

wlumn. The sedimentation-dispenion mode1 is then integrated as: 

where, Cs and Co are slurry concentration at location of z and the bottom; U, is 

hindered setîling velocity of particles relatively to liquid phase in equation (4.1.18a), 

and reiatively to the colwnn in equation (4.1.18b); 6 is liquid fraction in sluny phase. 

Hindered settling velocity ( U p )  and solid dispersion coefficient (Es ) in equation 

(4.1.18a) can be obtained by using measured axial profile of measured slurry 

concentration. Equation (4.1.18a) is a non-linear equation. Therefore, non-linear least 

squares regression is required to estimate Up and Es for each average slurry 

concentration profile measured at various gas velocity. The value of two parameten ( 

U p  and Es ) are detennined to minimize the residual sum of squares between the 

measured and calculated slurry concentration by using equation (4.1.18a). The 

objective function is then defined as: 



Maquart method (Ahrendts and Baehr, 198 1 ) was used to obtain the minimum value of 

the objective function F. The parameters U and E , in equation (4.1.19) are obtained 

by minimizing objective function F. 

4.123 Hindered Settling Velocity 

Particle hindered settling velocity, U , represents the slip velocity between the solid 

and liquid phase in the slurry bubble colurnn (Smith and Ruether, 1985). Figure 4.1.13 

shows particle hindered settling velocity at various gas velocihes and slurry 

concentrations. 

As show in Figure 4.1.13, the particle hindered settling velocity decreased as slurry 

concentration increased. Higher sluny concentration increases particle-particle 

interactions, which reduces the hindered settling velocity. Figure 4.1.13 also shows that 

the hindered settling velocity is strongly dependent on the solids concentration in the 

slurry, which implies a hindered effect. Similar observation were made by Kato et aI. 

(1972) and Smith and Ruether (1 985) in relatively dilute suspension (0.0 12 vol.%). The 

effect of high solids concentration on pamcle settling velocity has not been addressed in 

previous investigations. From experimental observation in this study, the hindrance 

effect on particle settiing velocity continues as slurry concentration increases above 

0.012 vol.%. 

Figure 4.1.13 also shows variance of hindered settling velocity with gas velocity. 

Hindered settl ing veloci ty increases as gas velocity increases. Higher gas velocity 

improves global sluny recirculation, which will increase particle settling velocity. 

Smith et al. (1 986) observed a similar tendency of variation of hindered settling velocity 

with gas velocity. 
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Correlations for hindered settling velocity have been proposed by several researchers 

(Kato et al., 1972; Smith and Ruether, 1985; O'Dowd et al., 1987). These correlations 

are presented in Table 2.4.1 ; where, <pl is liquid volume fraction in slurry phase; V is 

the gas velocity; U t  is the terminal settling velocity of single particles, which can be 

calculated by using Stokes equation: 

Figures 4.1.14a through 4 .1 .14~  show the cornparison of those correlation with 

experimental results. The average relative deviations and the ranges are list in Table 

4.1.3. As show in the Figures 4.1.14a, b, c and Table 4.1.3, the calculated hindered 

settling velocities from the correlations from Kato et al. ( 1972) and O'Dowd ( 1987) are 

close to that from the experimental observations. Thus, those corrdations can be used 

to estimate the hindered settling velocity up to slurry concentrations of 40 vol.% and 

velocities up to 0.35 m/s. 

Table 4.1.3 Deviation and range of particle hindered settling velocity 

average relative 

deviation (%) 

Smith and Ruether( 1985) 

O'Dowd et al. (1987) 

maximum relative 

deviation (%) 

minimum relative 

deviation (%) 

32.58 

5.57 

66.02 

15.93 

1 .O5 

0.42 



Figure 4.1.14a Cornparison of Kato's correlation with measured 
particle hindered settling velocity 
(Experimental data based on Appendix E 1 1 ; 
calculation based on Kato et al., 1972) 



Figure 4.1.14b Cornparison of Smith's correlation with measured 
particle hindered settling velocity 

(Experimental data based on Appendix E 1 1 ; 
calculation based on Smith and Ruether, 1985) 



Figure 4 .1 .14~  Cornparison of O'Dowd's correlation with measured 
particle hindered settling velocity 

(Experirnental data based on Appendix E 1 i ; 
calculation based on O'Dowd et al., 1987) 



4.12.4 Solids Dispersion Coefficient and Peclet Number 

Axial solids backmixing or dispersion is another characteristic parameter of slurry 

bubble column. A quantitative description of the solids back mixing can be obtained 

from the solids dispersion coeficient Solid dispersion coefficients at various gas 

velocities and slurry concentrations are shown in Figure 4.1.15a As shown in Figure 

4.1.1 Sa, solid dispersion coefficient is an increasing function of gas velocity. 

Figure 4.1.15b shows the effects of the column diarneter on the solid dispersion 

coefficient. The solid dispersion coeficient for a column diameter of 0.15 m were 

obtained based on the axial profile of slurry concentration for a column diarneter of 

0.15 m from Gandhi (1997), who used sarne particles (35 p n  glas beads) in his study. 

Generally, the solid dispersion coefficient is an increasing fùnction of the column 

diameter, as shown in Figure 4.1.1Sb. These results are in agreement with Kato et al. 

( 1972). 

The correlation of the solid dispersion coefficients have been proposeci by several 

researchers (Kato et al., 1972; Smith and Ruether, 1985; O'Dowd et al, 1987 ). These 

correlations are s h o w  in Table 2.4.1. The correlations in Table 2.4.1 are expressed by 

solids Peclet nurnber as a function of the Froude nurnber, gas Reynolds number, and 

particle Reynolds nurnber. Those dimensional variables are defined as follows: 
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Figure 4.1.15a Variation of the solids dispersion coefficient with 
gas velocity based on data of  this study 

(Data based on Appendix E 1 1) 
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Figure 4.1.15b Solid dispersion coefficients at different colurnn 
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Table 4.1.4 presents the average relative deviation and range of error. The predictions 

of the correlations of Kato et al. ( 1972) and Smith and Ruether ( 1985) are within 15 % 

of experimental values. Therefore, either of these correlations can be used for high 

SI uny concentrations. 

Peclet nurnben computed by correlations show in Table 2.4.1 are compared with 

experimental Peclet numbers. The Peclet nurnber from experiment was defined in 

equation (4.1.2 1 ), in which E , was used €rom experimental results. Table 4.1.5 list the 

relative deviation and error range. Again predictions by correlations of Kato et al. 

( 1972) and Smith and Ruether ( 1985) are within 15 % of experimental data. 

Table 4.1.4 Deviation and range of solid dispersion coefficient 

average relative 

deviation (%) 

1 O'Dowd et al. (1987) 1 15.82 1 3 1.23 I 1-87 

Kato et al. ( 1972) 

Smith and Ruether(1985) 

Table 4.1.5 Deviation and range of Peclet number 

maximum relative 

deviation (%) 

minimum relative 

deviation (%) 

12.38 

11.60 

average relative 

deviation (%) 

1 O'Dowd et al. (1987) 1 19.83 1 45.42 1 1.83 

36.45 

25.3 1 

Kato et ai. ( 1972) 

Smith and Ruethex-( 1 985) 

0.48 

0.2 1 

maximum relative 

deviation (%) 

minimum relative 

deviation (%) 

11.61 

12.86 

28.07 

33.88 

0.48 

0.2 1 



4.1.2.5 Prediction of Axial Solids Concentration Distribution 

The experimental data of axial solids concentrations were compared with the 

predictions by various literature correlations (Kato et al., 1972; Smith and Ruether, 

1985; O'Dowd et al., 1987). In a11 three correlations, U and Es cm be obtained by 

using corresponding correlations. The obtained U and Es are used in calculation of 

solids axial profile by using sedimentationdispeaion mode1 (equation 4.1.18a or 

equation 4.1.1 8b ). 

Cornparisons of Iiterature correlations with axial profile of measured solids 

concentrations are shown in Figures 4.1.16a through 4.1.16~. The cornparisons are 

also listed in Table 4.1.6. From Figures 4.1.16a, b, c and Table 4.1.6, it cm be seen that 

any of the correlations cm be used to predict axial solids concentration with good 

results. 

Table 4.1.6 Deviation and range of axial solids concentration 

l 1 deviation (%) ( deviation (%) 1 deviation (%) 

average relative 

1 Smith and Ruether( 1985) 1 1.100 1 4.64 I 0.00 

maximum relative 

Kato et al. (1972) 

minimum relative 

-896 

O'Dowd et al. (1  987) 

4.58 

.896 

0.00 

4.49 0.00 



Figure 4.1 .16a Cornparison of Kato's correlation with measured 
solids concentration 

(Experimental data based on Appendix E 1 1 ; 
calculation based on Kato et al., 1972) 



Figure 4.1.1 6b Cornparison of Smith's correlation with measured 
sol ids concentration 
(Expenrnental data based on Appendix E 11 ; 
calculation based on Smith and Ruether, 1 985) 



Figure 4.1.16~ Cornparison of ODowd's correlation with measured 
solids concentration 

(Experimental data based on Appendix E 1 1 ; 
cdculation based on O'Dowd et al, 1987) 



4.1 3 Gas Disengagement and Bu bble Population 

Gas holdup structure and bubble size distribution are important for a proper analysis of 

the bubble colurnn reactor performance. The dynamic gas disengagement technique 

was used to obtain information on the fractions of larger and small bubble populations 

in the dispersion. The corresponding rise velocities of bubble classes were also 

estimated (sec. 3.3 -5). 

Figure 4.1.17 show the gas holdup distribution of larger bubbles and small bubbles in 

air-water system. As shown in Figure 4.1.17, the gas holdups due to both smaller and 

iarger bubbles increased as gas velocity increased. It can be seen that holdups due to 

larger bubbles were generally lower than that of smail bubbles, indicating more fraction 

of gas taken by small bubbles. The difference decreased as gas velocity increased, 

indicating more small bubbles coalescing into larger bubbles. 

The effect of slurry concentration on gas holdup and bubble rise velocity, the relative 

gas holdup and relative rise velocity are discussed below. The relative variable is 

defined as the ratio of gas holdup or rise velocity in slurry phase to that in air-water 

system at same superficial gas velocity. 

Figures 4.1.18a and 4.1.18b compare the gas holdup of small bubbles at different 

superficial gas velocities and slurry concentration. As the slurry concentration 

increases, the gas holdup of srna11 bubbles decreased up to a slurry concentration of 25 

vol.%. Above slurry concentrations of 25 vol.%, the gas holdup of small bubbles 

increased slightly, which c m  be attributed to reduced nse velocity of small bubbles, as 

shown in Figure 4.1.2 1 .  

Figures 4.1.19a and 4.1.19b compare the gas holdup due to larger bubbles at different 

slurry concentrations. The gas holdups slightly decreased with increase of slurry 

concentrations. As slurry concentration increases, coalesced larger bubble size 
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Figure 4.1.18a Srnall bubbles gas holdup 
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Figure 4.1.1 8b Relative srnaIl bubble gas holdup 
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Figure 4.1.19a Larger bubble gas holdup 
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Figure 4.1.19b Relative larger bubble gas holdup 



increases and the rise velocity of larger bubbles increases, resulting in a slightly reduced 

gas holdup. 

Figure 4.1.20 shows the variation of rise velocity of small and larger bubbles as a 

function of gas velocity in air-water system. It can be seen that the rise velocity of 

larger bubbles increased with an increase in superficiai gas velocity, due to the 

formation of coalesced larger bubbles. The rise velocity of srnaIl bubbles slightly 

decreased with an increase in gas velocity. Schumpe and Grund (1986) observed 

similar trend in air-water system. The rise velocity of small bubbles was found to be 

constant around 0.21 m/s. Ln the present study, rise velocity of small bubbles is 19 

cm/s. The rise velocities of larger bubbles in this study are systematically higher than 

those observed by Schumpe and Gnind ( 1986). This can be attributed to the procedure 

used Schumpe and Grund ( 1986) measured gas holdup by o b s e ~ n g  dispersion height, 

which would have included the foam layer on the top of the column. The experimental 

result from this experiment, however, are based on observation by rneasuring pressure 

drop between two pressure transducers, in which the foam layer is not included. 

Figures 4.1.2 la and 4.1.2 I b show the effect of slurry concentration on the rise velocity 

of smaller bubbles. As shown in Figures 4.1.2 1 a and 4.1.2 1 b, the rise velocity of 

smailer bubbles increased with increase in sluny concentration up to slurry 

concentrations of 20 vol.%. Above slurry concentrations of 20 vol.%, the rise velocity 

of smaller bubbles decreased slightly. The increase in rise velocity of the small bubble 

population can be attributed to an increase in average bubble size with increasing slurry 

concentration. As discussed earlier, bubble breakup rate would be reduced with 

increasing sluny concentmtions, leading to higher average bubble size. The slight drop 

in rise velocity of small bubbies above slurry concentrations of 25 vol.% can be 

attributed to an increase in apparent suspension viscosity. 

Figure 4.1.22a and 4.1.22b show the effect of slurry concentration on the nse velocity 

of larger bubbles. The nse velocity of larger bubbles increased with increasing slurry 
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Figure 4.1.20 Bubble rise velocity in air water system 
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Figure 4.1.2 la  Rise velocity of srna11 bubbles 
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Figure 4.1.2 1 b Relative rise velocity of smdl bubbles as a fùnction 
of sluny concentration 
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Figure 4.1.22a Larger bubble rise velocity as a fùnction 
of slurry concentration 
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Figure 4.1.22b Relative farger bubble rise velocity as a function 
of slurry concentration 



concentrations, due to the formation of coalesced larger bubbles. Above slurry 

concentrations of 20 vol.%, the larger bubble rise velocity increases only slightly, 

indicating formation of a more stable bubble size. 

In the experimental observation described above, the effect of slurry concentrations on 

bubble population and rise velocities has not k e n  reported in literatwe so far. 
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Figure 4.2.1 Variation of average heat transfer coefficient 
with gas velocity 
(Data based on Appendix E2 and E6) 





Figures 4-23 and 4.2.4 present the effiects of increasing sluny concentrations in the 

central and wall regions of the column. It may be noted fiom these figures that for slurry 

concentrations below 10 vol.%, the rate of decrease of heat transfer is low for gas 

velocities higher than 0.1 m/s. However for higher slurry concentrations, the heat transfer 

rate decreases with increasing slurry concentrations for al1 gas velocities. In the wall 

region, the heat transfer rate decreases more tapidly for low gas velocities (Figure 4.2.4). 

This can be amibuted to low turbulence in the wall region and higher local slurry 

concentrations. Heat transfer in slurry bubble colurnns has been investigated by several 

researchen (Deckwer et al., 1980; Saxena et al., 1989, 1990, 1 992a). Generally a weak 

dependence of the heat transfer coefficient on the sluny concentration has k e n  observed. 

Most of the literatwe studies, however, are limited to sluny concentrations below 20 

vol.%. A cornparison of heat transfer data of this study with literature wrrelations and 

models is presented below. 

The measurements of heat transfer in particdate muftiphase systerns can be divided into 

object-to-bed (Deckwer et al., 1980; Saxena et al., 1989 and 1990a) or wall-to-bed heat 

transfer (Chiu and Ziegler, 1983; Saberian-Broudjenni et al., 1985). In this study, the 

measurements of heat tram fer coefficients belong to object-to- bed heat tram fer. Various 

correlations proposed in literature for heat transfer coefficients in these systems were 

reviewed in section 2-52. The correlations proposed by Deckwer et al., 1980, Kim et al., 

1986 and Suh and Deckwer, 1989 are generally based on large arnount of experirnental 

data. These correlations were tested first against the data of this study. 

The semi-theoretical correlation of Deckwer et al. (1980) is derived fiom Higbie's 

surface renewal theory and assumption of isotropic turbulence in bubble colurnns. This 

equation can be expresseci as given below in ternis of energy dissipation per unit volume 

P, (Ugpslg) in a three-phase slurry bubble column: 
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Figure 4.2.3 Average heat transfer coefficients as a hct ion  of 
slurry concentration in the centrai region (F 1 .28m) 

(Data based on Appendix E2) 
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Figure 4.2.4 Average heat transfer coefficients as a function of 
sluny concentration in the wall region (F 1.28 m) 
(Data based on Appendix E6) 



where, p,l, C and ksi are suspension density, specific heat and thermal conductivity 

respectively. The physical properties of the suspension were estirnated from liquid and 

soiid properties according to the following relations: 

2 k i  + k, -2@,(k! - k,) 
ksl = kl 

2kl  + k , - i , @ \  -k,) 

For estimating of slurry viscosity, Deckwer et al. (1980) proposed Einstein's equation 

which is found to be applicable for dilute slurries (< 5 vol.%). 

Psi = PI (1+4-544 (4.2.4) 

For the high slurry concentrations used in this study other equations were considered 

(sec. 4.1.1 ). The widely tested semi-theoretical correlation of Vand ( 1948) and the 

correlation proposed by Bamea and M i d i  (1973) provided sirnilar estimates of 

apparent slurry viscosity. Based on their d y s i s  of heat transfer coefficients in three- 

phase fluidized beds, Suh and Deckwer (1989) also recommended the equation of Vand 

(1 948) for estimation of bed viscosity. This equation was therefore selected to estimate 

apparent sluny viscosity in the present study . 

For three-phase fluidized column with no liquid flow, the correlation of Suh and 

Deckwer ( t 989) can be written as: 



fn this equation, the term in the i ~ e r  bracket represents energy dissipation rate per unit 

volume of liquid: 

The correlation proposed by Kim et al. (1986) is based on about thousand data points 

obtained in three-phase slurry-fluidized beds. For a slurry bubble column reactor this 

correlation is given as: 

Kim et al. (1986) used sluny viscosity for their correlation while Suh and Deckwer 

(1989) proposed the use of bed viscosity term. Moreover, the constant term in the 

correlation of Suh and Deckwer ( 1989) is higher than in Kim et al. ( 1986) correlation. 

The values obtained with above correlations and experimental results Corn this study are 

compared in Figures 4.2.5a to e. It cm be seen that the predictions by Deckwer et al. 

(1980) correlation are generally closer to measured heat transfer coefficients in the wall 

region of colurnn up to slurry concentrations of 30 vol.% and gas velocity below 0.3 d s .  

The predicted values are, however, significantly lower than measured values of heat 

transfer coefficients in the center. Figure 4.2.5a to 4.2.5e also show that the computed 

values based on Suh and Deckwer (1989) correlation are generally in between the 

measured values at the wall and at the center. It may be pointed out that the power input 

in Suh and Deckwer (1989) correlation is based on per unit liquid volume while in 

Deckwer et al. (1980) mode1 it is based on per unit slurry volume. The calculated results 



O 10 20 30 40 50 

Slurry Concentration (vol. %) 

Figure 4.2.5a Cornparison of measured heat transfer coefficients with 
literature correlations at Vg = 0.05 m/s ( F I  -28 rn) 
(Data based on Appendix E2 and E6) 
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Figure 4.2.5b Cornparison of measured heat transfer coefficients with 

literature correlations at Vg = 0.10 d s  ( F I  .28 m) 
(Data based on Appendix E2 and E6) 
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Figure 4.2 .5~ Cornparison of measured heat transfer coefficients with 

Iiterature correlations at Vg = 0.15 m/s ( F I  .28 m) 
(Data based on Appendix E2 and E6) 



O exptl.: center 
O exptl.;wall 

Deckwer et aI. ( 1980) 

10 20 30 40 

S lurry Concentration (vol. %) 

Figure 4.2.5d Cornparison of measured heat transfer coefficient with 
literature comeiations at Vg = 0.20 d s  (z= 1.28 rn) 

(Data based on Appendix E2 and E6) 
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Figure 4.2.5e Cornparison of measured heat transfer coefficient with 
literature correlations at Vg = 0.30 m/s ( ~ 1 . 2 8  m) 
(Data based on Appendix E2 and E6) 



by the Kim et a1.(1986) correlation underestimate the measured heat transfer coefficients 

at al1 gas velocities and slurry concentrations 

Figure 4.2.6 compares the predictions by Deckwer et al. (1980) correlation with al1 the 

experimental data in the wall region If can be seen that while most points are within 

+ 10% of predicted values, a few points are not well predicted The outlien belong to 

sluny concentrations above 30 vol.% and gas velocities above 0.2 d s .  Figure 4.2.7 

shows that predicted values are within 10% of measured values when data points for high 

sluny concentrations (> 30 vol.%) and high gas velocities are removed. It is observed 

fiom Figure 4.2.5a to 4.2.5e that there is no significant change in measured heat transfer 

coefficients as slurry conceniration is increased h m  30 to 40 vol.% for al1 gas velocities. 

Therefore for a given gas velocity, the predicted values at the slurry concentration of 30 

vol.% should provide an adequate estimate of heat transfer coefficients at 40 vol.%. 

Moreover, increase in measured heat transfer coefficients are reiatively smalI as the gas 

veIocity is increased from 0.2 to 0.3 d s .  

As observed from Figures 4.2.5a to 4.2.5e, the measured heat transfer coefficients in the 

central region are significantly higher than the predictions by Deckwer et al. (1980) 

correlation. Figure 4.2.8 compares the predicted values with the rneasured values in the 

central region. It can be seen that the measured values are higher by about 20% and the 

percent difference is within a narrow range (15 to 20%). This indicates that the basic 

assurnptions of the semi-theoretical equation do not apply to the heat transfer mechanism 

in the central region of the column for the conditions of this study. In the denvation of 

their model, Deckwer et al. (1980) assumed energy dissipation by the micro scale eddies 

to be locally isotropie based on Kolmogoroff s theory (Hinze,1958). This assumption 

may be reasonable for the relatively low gas velocities (5 0.05 d s )  and fine gas 

distributor (sintered plates with mean pore diameter 75 p m) used by Deckwer et al. 

(1980). These conditions wodd result in a uniform bubble distribution with reiatively 

small average bubble size and high gas holdups (homogeneous flow regime). From 

instantaneous heat -fer rneasurements (Figure 4.2.2), it is observed that fluctuations 
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Figure 4.2.6 Cornparison of predictions by Deckwer et al. ( 1980) 
mode1 with measured heat transfer coefficient in the 
wall region (dl data) 
(Data based on Appendix E6) 
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Figure 4.2.7 Cornparison of predictions by Deckwer et al. (1980) mode1 
with measured heat transfer coefficients in the wall region 
(slurry conc. < 30 vol.% and Vg < 0.2 m/s) 

(Data based on Appendix E6) 
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Figure 4.2.8 Predictions by Deckwer et al. (1980) correlation 
for central region of the column. 
(Data based on Appendix E2) 



in the wall region are much smaller compared to the central region of the column. The 

intensity of fluctuations cm be related to the average bubble size in the region. The 

smaller bubbles in the wall region give rise to srnaller tluchiations than the larger bubble 

of central region. There is an enhancement of heat transfer in the central region due to 

large wakes associated with larger bubbles. This enhancement is not accounted for by 

the Deckwer et al. ( 1980) correlation. 

Savena et al. (1992a) also concluded that the correlation of Deckwer et al. (1980) failed 

to predict the heat îransfer coefficients measured in the central region of a sluny bubble 

column. Saxena et al. (1992a), however, made no measurements in the wall region of 

their column. Based on the data of their study, Saxena et al. (1992a) modified the 

Deckwer et al. (1980) correlation to predict heat transfer coefficients in a slurry bubble 

column: 

This correlation is based on the experimental results of gas velocities up to 0.15 m/s, 

temperature between 297 and 343 K, and slurry concentrations up to 5 vol.% in air- 

water-sand system. Figure 4.2.9 compares experimental results with the above 

correlation. It can be seen that both experimental and predicted results are close at low 

slurry concentration and gas velocity up to 0.20 d s .  However, the correlation 

underestimates heat transfer coefficients at the higher slurry concentrations of this study. 

It is observed from Figure 4.2.8 that the ciifferences between heat transfer coefficients in 

the wall and central regions are relatively constant. Therefore reasonable estimates of 

heat transfer coefficients in the ceneal region could be obtained from the values in the 

wall region by multiplying them with a suitable enhancement factor. Therefore, for the 

central region, the correlation of Deckwer et al. (1980) was modified as: 
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Figure 4.2.9 C o m p ~ s o n  of measured heat transfer coefficients with 
mode1 of Saxena et al. ( 1 W2a) 
(Data based on Appendix E2) 



Figure 4.2.10 presents a parity plot of the experirnental and predicted values in the 

central region. It can be seen that the predicted values are within 10% of experirnental 

values. It cim be seen from Equation 4.2.8. that the coefficient in the central region is 

about 22% higher than the original Deckwer et al. (1980) correlation. The Deckwer et al. 

(1980) correlation is based on the assumption of isotropic turbulence in which micro- 

eddies contribute to surface renewal. In the central region, however, the bubble wake 

behind larger bubbles also contributes to surface renewal. The contribution due to 

bubble wake can be defined as a bubble wake enhancement factor (Ek). Equation 4.2.8 

can be written as: 

where Lk is the bubble wake enhancement factor with a value of 0.2 27. 

4.2.1.1 Modeling Heat Transfer Based on Consecutive Film and 

Surface-Renewal Theory 

The heat transfer mechanism in the slurry bubble column was further analyzed based on 

consecutive film and surface-renewal theory original1 y proposed by Wasan and 

Ahluwalia(l969) for gas-solid and liquid-solid systems. This theory was applied by 

Kurnar and Fan (1994) and Luo et al. (1997) to examine the k a t  transfer behavior in 

three-phase fluidized beds uing a flat surface probe. This mode1 assumes that a thin 

liquid film of thickness 6 exists surrounding the heating surface, through which the heat 

tninsfer takes place by conduction. The outer surface of the film is continuously renewed 

with fluid elements induced by the bubble wake. During the contacf the heat is 
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Figure 4.2.10 Prediction of heat transfer coefficients in the central 
region by modified Deckwer et al. ( 1  980) correlation 
(Data based on Appendix E2) 



transferred by the elements through unsteady-state conduction. The temperature of the 

tluid element sweeping the outer surface of the film is assumed to be uniforni and equal 

to the bdk temperature. Thus the heat transfer phenomenon is a sequential process of 

diffusion followed by convection. The time average heat transfer coefficient from the 

heating surface to the bed cm be expressed by physical properties of the liquid, the film 

thickness ( 6) and the contact time between the liquid elements and the film ( 0, ) as: 

the term (JX/ 6) accounts for the contribution of film resistance to heat transfer 

(Luo, 1997). 

The contact time 8, cm be estimated by applying Kolmogoroff% concept of isotropie 

turbulence for evaluating the contact time of turbulent eddies at the heat exchange 

surface (Deckwer, 1980): 

The thickness of laminar viscous sublayer is depends on the geography of the surface of 

heat transfer source. For the cylindrical probe used in this study, the thickness of 

laminar viscous sublayer at different angular locations with respect to the point of 

incidence can be expressed as (Schlichting, 1960): 



here, R, is the radius of the cylindncal probe, parameter A, depends on angular location 

on probe (Schlichting, 1960) and Re, is Reynolds number based on probe radius. The 

bulk fluid is velocity assurned to be average bubble rise velocity (Luo, 1997), expressed 

as: 

This approximation is reasonable in view of the assumption of isotropic process in 

which micro-eddies conaibutes to surface renewal at the heat transfer surface. The 

thickness of laminar sublayer is nomally defined as the distance from solid surface while 

velocity inside laminar layer is larger than 0.99 of bulk velocity, u , . The heat flux 

sensor was located at an angle of 90" in fiont of Iiquid flow. The parameter A, in 

equaîion (4.2.12) is found to be 2.5 (Schlichting, 1960). 

The film thickness of thermal conductions is equivalent to the thickness of the diffusion 

sublayer and is related to the laminar viscous sublayer, 6, as: 

Thus, the film thickness can be calculated by combing equations 4.2.12 and 4.2.14, 

expressed as: 

As before, apparent slurry Mscosity was computed by expression of Vand (1948). Figure 

4.2.11 shows that expimental values in the wall region are well predicted by the above 

procedure. This procedure had to be rnodified for the central region, since the 
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Figure 4.2.1 1 Cornparison of predicted heat tram fer coefficients 
with experirnentd results in the wall region 
(Data based on Appendix E6) 



experimental values in the central region are about 20% higher than the wall region. The 

bubble rise velocity calculated by Equation 4.2.13 is an average bubble nse velocity. In 

the cenaal region, however, bubble nse velocity is higher than the average bubble rise 

velocity. The relationship between bubble rise velocity in the center and average one can 

be expressed as: 

here cb> 1 - Table 4.2.1 gives average absolute relative deviation, and minimum and 

maximum relative deviations, calculated based on variation of cb from 1 to 1.4 

Table 4.2.1 Error analysis based on predictions of central region heat 

tram fer coeficients for di fferent ratios of mean to centrai 

region bubble rise velocities 

It can be s e n  that minimum average relative deviation is obtained for a value of cb of 

1.3. Further examination showed that average relative errors are sarne for c b  values of 

1.2 17 and 1.3; however maximum relative error is slightly higher at cb value of 1.2 17. It 

was found earlier that heat transfer coefficients at the center are generally higher by this 

factor than the values at wall. Figure 4.2.12 compares the experimental heat transfer 

coefficients at the center with predicted values for cb = 1.217. It can be seen that most 

of the data lies within &IO% error lines. The outliers belong to air-water system at gas 

Ub.0 I' Ub.avg 

Avg. Relative Dev. (%) 

Min. Relative Dev. (%) 

Max. Relative Dev. (%) 

1 -0 

10.8 

0.58 

23.62 

1.1 

7.64 

0.034 

20.12 

1.2 

6.50 

0.53 

16.90 

1.217 

6.39 

0.10 

16.3 I 

1.3 

6.39 

0.44 

13.7 1 

1.4 

10.05 

0.23 

20.50 
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Figure 4.2.12 Cornparison of predicted heat transfer coefficients 
with experimental results in central region 
(V h o  =1-21qvce)  
(Data based on Appendix E2) 



velocities 2 0.1 m/s. It is observed in the following section that radial profiles of heat 

transfer coefficients are steeper for air-water systern compared to slurry systems. 

4.2.1.2 Radial Profiles of Heat Transfer Coefficients 

Radial profiles of heat transfer coefficients were obtained to fbrther investigate heat 

transfer variations in the radial direction. Figures 4.2.13a to 4.2.13~ present radial 

profiles of heat transfer coefficients in the bulk region of the column for gas velocities of 

0.05, 0.15 and 0.3 m/s. It can be seen, from these figures, that as sluny concentration 

increases, radial profile generally becomes flatter in the central region. This can be 

attributed to formation of larger bubbles with increasing slurry concentrations (sec. 

4.1.3). Larger bubbles rise in the centml region of the column (Chen et al., 1994). Thus 

cross secîional area of the column occupied by larger bubbles will be expanded as slurry 

concentration increases resulting in flatter profiles. In the regioa near the wall, the dope 

of the radial profile of heat transfer coefficient generally became sharper as slurry 

concentration increased indicating a reduction in the wall region with increasing slurry 

concentration. This can again be attnbuted to expanded central region with increasing 

s l u q  concentration. 

To quantitatively describe the radial profile of the heat transfer coefficient at various 

slurry concentrations, normdized heat transfer coefficients, defined below, were plotted 

as a function of dimensionless radius (r/R). 

here, ho  and hW are heat transfer coefficients in the center and near the wall. 
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Figure 4.2.1 3a Radial profile o f  heat tram fer coefficient 
at superficial gas velocity of 0.05 m/s 
(Data based on Appendix E2-E6) 
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Figure 4.2.1 3 b Radial profile of heat tram fer coefficient 
at superficial gas velocity of 0.15 d s  

(Data based on Appendix E2-E6) 
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Figure 4.2.13~ Rradid profile of heat transfer coefficient 
at superficial gas velocity of 0.30 m/s 
(Data based on Appendix E2-E6) 



It can be seen fiom Figures 4.2.14a to c that the s-shaped profiles can be roughly divided 

into two main parts around the haif way point between center and wail. Based on this 

feature, two curves can be fitted to describe the radial profile of the heat frmsfer 

coefficient in the two regions. The two curves are defined as follows: 

Figure 4.2.14a to c show the experimental results and fitting results based on above 

equations. At r/R=û.5, calculated values from Equations (4.2.1 8a) and (4.2.18b) will 

result in a srnaIl difference. The average of two values was used for estirnating 

normal ized heat transfer coefficients at r R 4 . 5 .  

Figure 4.2.15 shows the radiai profile of normalized heat transfer coefficient based on 

calculated results from both Equations(4.2.18a) and (4.2.1 8b). The parameten c 1 -c 4 

used in the equations are listed in Table 4.2.2. It is seen fiom Table 4.2.2 that parameter 

cz increases as slurry concentration increases, which indicates more uniforrn radial 

profile of normalized heat tramfer coefficient in the central region. It also indicates that 

the central region becomes larger as slurry concentration increases. It is also seen fiom 

Table 4.2.2 that parameter c4 becomes small as slurry concentration increases, 

indicating that the wall region become smaller with increasing slurry concentrations. 



Figure 4.2.14a Radial profile of heat transfer coefficient 
in 5 vol.% sluny system 
(Data based on Appendix E2-E6) 



Figure 4.2.1 4b Radial profile of heat transfer coefficient 
in 15 vol.% slurry system 
(Data based on Appendix E2-E6) 
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Figure 4.2.14~ Radial profile of heat transfer coefficient 
in 20 vol.% slurry system 
(Data based on Appendix E2-E6) 
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Figure 4.2.15 Effect of sluny concentration on radial 
profile of heat transfer coefficient 
(Data based on Appendix E2-E6) 



Table 4.2.2 Values of parameters in equations 4.2.18a and 4.2.18b for 

di fferent slurry concentrations 

1 water 1 1.5884 

Radial distribution of liquid velocity and gas holdups has k e n  investigated in bubble 

columns (Hill, 1974; Ueyama and Miyauchi, 1979). Results of these studies indicate that 

the radial profiles of gas holdup and liquid velocity are sirnilar to the k a t  transfer 

profiles of this study. The liquid fiow was highest at the center. The direction of liquid 

flow was upward up to r/R of about 0.7. In the region From r/R = 0.7 to r/R = 1, there 

was a downward flow of iiquid (Figure 4.2.16). Between these two regions, the liquid 

velocity decreased sharply. The absolute liquid velocity in the downward direction was 

significantly lower than in the upward direction. The observations of heat transfer 

profiles in the present study are in agreement with the radial profile of liquid velocity in a 

bubble column. Like the liquid velocities, the heat transfer coefficients are highest at the 

center and lowest near the wdl with a sharp decrease in the transition region between the 

center and wall. 

The heat transfer coefficient at a given radial position can be estimated as follows. The 

heat transfer coefficient near the wall (hW) can be estimated by using Deckwer et al. 

(1980) correlation The heat transfer coefficient at the center (h) can be estimated by 



Figure 4.2.16 Radiai profiles of Iiquid velocity in bubble column 
(Ha 1974) 
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usine corrected correlation for the centrai region (Eq. 42.8). Then use equation 4.2. t 8a 

or 4.2.18b to obtain the heat transfer coefficient at the desired radiai location, 

4.2.13 H a t  Transfer Coefficients at Different Aria1 Locations 

Figure 42-17 compares the heat transfer coefficients in the bulk and distributor regions at 

the \val1 and half way between wall and center. It cm be observed that heat transfer 

coefficients in the bulk region are significantly higher than in the distributor region at 

both radial locations indicating higher turbulence in the bulk region of coiumn This is 

coafirmed by the instantaneous kat transfer measurements shown in Figure 4.2.1 8. The 

tluctuanons in the buik region are significantlv higher than in the disaibutor region. 

It is also observed from Figure 4.2.17 that the heat -fer coefficients in the distributor 

region near the wall are systematicaily higher than that in the halfway position- This 

observation in the distributor region is reverse of that in the bulk region. This 

phenornenon ûan be attributed to sparger design and the locations of the heat tramfer 

probe. As shown in Figure 4.2.19, each sparger ami had four orifices and three of these 

orifices were close to the wal1 while one was around halfway of the column. The 

positions of orifices on the sparger a m  were baseci on criteria for uniform distribution of 

gas per unit cross-secrional area (section 3.2.1 ). The heat tramfer probe was located just 

below the sparger arm. More gas bubbles were generated from three holes near the wall 

(thus providing more agitation) than from one hole in the halhvay iocation. It was 

visuail? observed that the downward gas jets leaving from three holes near the wdl  

tended to coalace due to short distances between them. Thus, local slurry mixing near 

the waii was stronger than that in the halfway region. This resdted in a higher average 

heat a ~ s f e r  coefficients near the wali. The ciifference between the average heet aaasfer 

coefficients near the wdl and in the balfway location is larger at low gas velocity. The 

gas jet petration at low gas velociîy is expected to be Iow due to low gap jet 

momentm. The bubbles leaving the sparger holes were observed to go quickly up and 

beyond the ami of sparger. These gas bubbles thus provideci 1 4  agitation in the region 
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Figure 4.2.1 7 Variation of heat transfer coefficient with gas velocity 
at different axial and radial locations 
(slurry conc.=lO vol.%) 
(Data based on Appendix E9) 





Figure 4.2.19 Relative locations of heat transfer semors and sparger holes 



resulting in a non-uniform mixing in the region. This non uniform mixing in the region 

at the bottom of the column resulted in the higher difference in the average heat ûansfer 

coefficients as shown in Figure 4.2.17. As the gas velocity increased, the difference in 

average heat tramfer coefficients became smaller, indicating a more uni fonn mixing in 

the region. Jet momentum and length will increase with increasing gas velocity which 

should improve local agitation and mixing thus reducing the difference between heat 

transfer coeficients at two locations. 

Heat transfer coefficients obtained in the central region above the gas distributor are 

compared in Figure 4-2-20. The probes were located at 0.52, 0.9 and 1.28 m above the 

column bottom. These results show that the kat transfer coefficients are generally close 

at the axial positions of 0.9 and 1.28m. However, the values are systematically higher 

(about 12%) at the height of 0.9 m (or 1.28m) compared to 0.52 m. This may be 

attributed to increasing bubble size along axial location due to bubble coaiescence. 

Bubbles from the distributor region rise up and move toward the center to form larger 

bubbles with increasing height fiom the bottom. The influence of the distributor region 

usually extends up to 3 to 4 times the column diameter depending on column diameter, 

sparger design and physical properties of liquid phase (Yamashita, 1985; Haque et al., 

1986). The height of 0.52 m fiom bottom is less than two times the column diameter 

which would be a developing region for bubble growth and liquid phase flow patterns. 

There is pnictically no difference between the heat tmnsfer coefficients at the axial 

positions of 0.9 and 1.28m. This indicates that both positions are in fully developed bulk 

region of the column. Therefore it can be concluded that the distributor region effect 

extended between two to three times the column diameter in this study. The variation of 

heat transfer coefficients in axial direction was also investigated by Saxena et aL(1992a). 

The measurements were made in a 0.305 m diameter slurry bubble column at elevations 

of 0.52 m and 2.19 m from the distributor. It was observed that the average heat -fer 

coefficient at higher elevation (bulk region) was systematically higher (about 11%) than 

the lower region. These results are similar to the data of this study, which heat hansfer 
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Figure 4.2.20 Heat transfer coefficient in the central region at 

different axial Locations (sluny conc. 10 vol.%) 
(Data based on Appendix E9) 



coefficients at higher elevation (bulk region) was systematically higher (about 12%) than 

the lower region. 

Figure 4.2.21 compares the heat transfer coefficients at different axial locations for the 

wall region. It can be observed that heat transfer coefficients in the distriiutor region are 

significantly lower compared to the region above the distributor. This again shows that 

the mixing patterns in the distributor region are significantly different from the bulk 

region. 

Moreover, the small di fferences between heat tram fer coefficients at el mations of 0.52 

and 0.9 m (and 1.28 m) b e r n e  negligible with increasing gas velocities. This indicates 

that recirculating liquid flow in the wall region extends to lower axial positions with 

increasing gas velocity; however, it does not reach below the distributor. 

The influence of sluny concentrations on local heat transfer coefficients in the distributor 

and bulk regions are show in Figures 4.2.22 and 4.2.23 respectively. It is observed fiom 

Figure 4.2.22 that at low gas velocities (0.05 and 0.15 m/s) the difference between the 

two radial positions are significant for slmy concentrations below 30 vol.%. The 

differences, however, decrease with increasing sluny concentrations. For the highest gas 

velocity (0.3 m/s), the differences between the two radial locations are small and 

relatively constant for al1 slurry concentrations. However, in the bulk region, a 

significant difference remains between the wall and center values even at highest slurry 

concentration and gas velocity. This observation again suggests different mixing patterns 

in the distributor and bulk regions of the column. The mixing in the distributor region 

can be amibuteci mainly to agitation induced by gas jets and their break-up into bubbles. 

The agitation due to gas jets would increase with increasing gas velocities resulting in a 

more uniforni mixing in the region. In the bulk region mixing is mainly caused by the 

wake region of large bubbles in the central region and a circulating flow of liquid in the 

wall region. The turbulence intensity of the wake region is controlled by bubble size 

which increases with slurry concentration (sec. 4.1.3). As observed in Figure 4.2.23, the 
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Figure 4.2.2 1 Cornpaison of heat transfer coefficient at different 
axial locations near wall (slumy conc. 10 vol.%) 
(Data based on Appendix E9) 
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Figure 4.2.22 Variation of heat transfer coefficients with 

slurry concentration in distributor region 
(Data based on Appendix E7 and E8) 
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Figure 4.2.23 Variation of heat tram fer coefficients in bdk 
region for different slurry concentrations 
(Data based on Appendix E2 and E6) 



differences between wall and central region heat transfer coeficients are affected to a 

smaller extent by the increasing sluny concentration at ail gas velocities. 

4.2.1.4 Effect of Probe Orientations on Heat Transfer Coefficients 

Local heat tramfer coefficients were also rneasured for three probe orientations: 

downward (O"), side-way (90') and upward (1 804 orientation (Figure 4-2-24). Figures 

4.2.25a and b show experimental results obtained in air-water and 1 O vol.% s l u q  system 

in the central region and near the wall. In the central region, heat transfer coefficient in 

the downward orientation is higher than that in the upward orientation. At the wall, heat 

transfer coefficients in upward orientation is higher than that in the downward orientation 

(opposite of central region). The heat transfer coefficients in side orientation is between 

upward and downward (Figures 4.2.25a & b). These observations can be explained 

based on formation of boundary layer dong the cylindrical probe surface. A boundary 

layer is fomed when a fluid flows past a solid surface since the fluid velocity at the 

surface is zero. Bounciq layer is generaily defined as the region of fluid close to the 

solid surface whose velocity is less than 1% of the free stream velocity (Brodkey and 

Hershey, 1988). For flow past a cylinder, the development of boundary layer begins with 

a stagnation point in front of flow and reach a maximum thickness until a favorable 

pressure gradient exists in the direction of flow. The boundary layer can separate at the 

rear end of the probe due to an adverse pressure gradient (Le. pressure is increasing in the 

direction of flow). The thickness of the thermal boundary layer is smallest in front (near 

stagnation point) due to the beginning of formation of the thermal layer. The heat 

iransfer coefficient is highest in the downward orientation in the central region (Figure 

4.2.25a), indicating an upward fluid flow. The cold water or slurry first arrive at the 

downside of the heat transfer probe associated with bubble wake. Thus the downside of 

the probe is in front of the incorning flow and it is more frequently renewed by the cold 

fluid in the bubble wake. At the laterai orientation (904 of the probe a larger bowidary 

layer thickness is fomed resulting in a lower heat transfer coefficient. As shown in 

Figure 4.2.25a and b, the heat transfer coefficients at 90" orientation are systematically 
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Figure 4.2.25a Heat transfer coefficient at different probe 
orietion in air-water system 
(Data based on Appendix E 10) 
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Figure 4.2.25b Heat transfer coefficients at different probe 
orientations in slurry concentration of 10 vol.% 
(Data based on Appendix E 10) 



lower than that in downside orientation. The heat transfer coefficients in the upward 

orientation is the lowest where the boundaq layer separation effects could affect the heat 

removal rate. 

At the wall, the heat tramfer coefficient is highest when the probe is facing upwards 

indicating that flow of water (or slmy) is downward. The downward flow of liquid in 

the wall region of a bubble column has k e n  recorded in literature (Hill, 1974 and 

Ueyama and Miyauchi. 1979). These observations show that by rneasunng heat transfer 

coefficient at different orientations, the direction of flow of fluid can be identified in the 

colurnn thus providing fk ther  information on flow patterns. 



4.2.2 Instantaneous Aeat Transfer Coefficient 

The rneasurement of the instantaneous heat trans fer rate provides time de pendent 

variations of the heat exchange process in different locations of the column for different 

gas velocities and slurry concentrations. As a bubble passes over the surface of the 

probe, heat transfer rate is enhanced due to its turbulent wake region. The bubble wake 

enhanced heat transfer is an important event which could be recorded by the fast 

response probe used in this study. 

4.2.2.1 Air-Water System 

Figure 4.2.26 compares the variation of the instantaneous heat transfer coefficient at the 

central in air-water system for low and high gas velocities. It can be seen that peaks are 

significantly higher for the higher gas velocity. As gas velocity increases, larger 

coalesced bubbles generate stronger bubble-wake-induced turbulence, resulting in higher 

heat transfer rate. It was observed in section 4.1.3 that the concentrations of both srnall 

and large bubbles increase increasing gas velocities. However, rise velocities of 

larger bubbles population increase faster compared to srnall bubbles population. Increase 

in bubble size with gas velocity has been reported in literature in both gas-liquid and gas- 

Iiquid-solid system (Rigby et al., 1970; Kim et al., 1977; Han and Kim, 1990). 

Variations of instantaneous heat transfer coefficients at center and at wall are presented 

in Figure 4.2.27 for air-water system at gas velocity of 0.05 d s .  It can be seen that the 

peaks at the wall are significantly smaller than that at the center. This indicates that the 

wall region is relatively free of larger bubbles or faster moving bubble chain. Higher 

bubble-wake-induced turbulence in the center is due to faster moving larger bubbles in 

the central region of the column. Smaller peaks of instantaneous heat transfer coefficient 

and absence of sharp peaks at the wall region indicate mal1 bubbles passing at the wall 







region of the column. The bubbles with the smaller diarneter near the wall would have 

smaller bubble-wakes, resulting in smaller peaks of local heat transfer coefficients. 

These observations cm be compared with reported radial profiles of bubble size 

distribution and gas holdup in bubble colurnn (Yasunishi et al., 1986; O'Dowd et al., 

1987; Yu and Kim, 1988; Chen et al., 1994; Kwon et al., 1994). These studies have 

shown that average bubble diameter is smaller near the wall and larger in the central 

region of the bubble colurnn. The experimental observation of instantaneous heat 

transfer coefficients of this study shows similar trends. Higher peaks of heat transfer 

coefficients are found in the central region and smaller peaks at the wall, indicating 

larger bubbles in the central region and smaller bubbles in the wall region.. 

4.2.2.2 Effect of Solid Addition 

Figure 4.2.28 compares quasi-instantaneous heat transfer coefficients in the air-water 

system with the air-water-glas particles system for a solids concentration of 5 vol.% in 

the central regions. It can be seen from Figure 4.2.28 that the addition of solids particles 

significantly reduces the peak height (or intensity) of instantaneous heat transfer 

coefficients. Reduced peak height indicates Iower turbulence intensity generated by 

bubble wakes. The change in instantaneous heat transfer coefficient with the addition of 

solids is a net result of two opposing factors. As solids are added into water, gas holdups 

decrease and bubble nse velocities increase (sec. 4.1 -3) indicating formation of larger 

bubbles. This should lead to larger bubble wakes and higher peak intensities. However, 

with addition of solids, the apparent suspension viscosity also increases which would 

have a dampening effect on turbulence intensity. Kumar and Fan (1994) studied the 

effects of liquid viscosity on instantaneous heat transfer coefficients. It was observed 

that the increase of the liquid viscosity lowered the local maximum heat transfer 

coefficient behind bubbles. This can be attributed to reduction of circulation strength of 

the bubble wake caused by higher dissipation of vorticity. The addition of solids into the 





bubble wake destroy an ordered motion/ circulation, resdting in reduced vortical strength 

in the water inside the bubble wake (Raghnathan et al., 1992). 

Instantaneous heat transfer coefficients for increasing sluny concentrations are compared 

in Figure 4.2.29a and 4.2.291, at gas velocity of 0.30 m/s. It can be seen fiom these 

figures that peak heights increase significantly as the slurry concentration is increased. 

The peaks are generally sharper and narrower at higher slurry concentrations. This 

indicates that effects due to increase in bubble size are taking over; narrower peaks, 

however, indicate a decrease in bubble wake size. The base lines are also lowered with 

increasing slurry concentrations. The influence of bubble-wake-induced turbulence is 

significantly reduced due to higher suspension viscosity. Lower base line values for 

higher slurry concentration can be attributed to lower bulk mixing due to increasing 

suspension viscosity. 

lnstantaneous heat transfer coefficients in the wall region are compared in Figures 

4.2.30a to c for different systems. It is seen that generally, the peaks in slurry system are 

higher than in air-water system. This indicates that the addition of solid into water 

increases average size of srna11 bubbles. This is also wnfirmed fiom bubble nse 

velocities measurements (sec. 4-13); the rise velocity of small bubbles increased with 

increasing sluny concentration. 

4.2.2.3 Cornparison between Bulk and Bottom Regions 

Figure 4.2.3 la and b compare instantaneous heat m s f e r  coefficients in bulk and bottom 

regions. No significant peaks are observed in the distributor region, indicating absence 

of larger bubbles. Figure 4.2.32a and b compare heat -fer coefficients at halfway and 

at the wall in the bottom region. Only small fluctuations of heat transfer coefficient can 

be observed at both locations again, indicating absence of larger bubbles at the bottom of 

column. 





















The above measurement of instantaneous heat transfer coefficients were M e r  analyzed 

based on effects of operating conditions on peak height distribution, peak area and peak 

fiequency. 

4.2.2.4 Procedure for Estimating Peak-Eieight Distribution 

As discussed in previous sections, instantaneous heat transfer coefficients c m  be used to 

describe bubble wake behavior. As bubbles pass on the surface of the heat tramfer 

probe, heat -fer is enhanced by the wakes associated with them. The higher peak 

should indicate higher intensity of Nbuience induced by a larger bubble wake. 

Therefore, the information on peak heights should provide information on bubble wake 

behaviors in the region where the heat transfer probe is Iocated. The measurement of 

instantaneous heat transfer coefficients (Figures 4.2.26 to 4.2.30) indicate that at the 

sarne operating condition(i.e. a time series heat transfer coefficient), the peak height is 

not uniformly distributed. Therefore, peak height fitting method described below was 

developed to obtain the distribution of peak heights. The distribution of peak heights can 

be reiated to bubbles dynarnics for the system. 

From peak-fitîïng method, other usehl information, such as baseline, peak-frequency and 

unit area of peak are also obtained. As described below, baseline can be used to describe 

the behavior of bulk turbulence. Peak frequency can be related to larger-bubble 

fiequency at different operaîïng conditions. Unit area of peak provides average effect of 

bubble-wake turbulence on heat transfer at particular operating conditions, which can be 

related to the bubble wake size. 

As discussed in previous section, no significant peaks are observed in the measurement 

of instantaneous heat transfer coefficient at the bottom. In this section, the peak-fitting 

method is not applied for analyzing instantaneous heat transfer coefficients in the 

distributor region. The discussion applies to heat transfer coefficients in bulk region. 



To quantitatively describe the distribution of the peak heights at a aven operating 

condition, peak heights can be divided into many equal spaced intervals. For example, 

al1 peak heights from O to 0.5 (kw/m2 C) are counted as peak height of 0.25 (kw/m2 C ) ,  

which is an average value in the interval. Here, forty e q d  spaced interval (average peak 

height h m  0.25 to 19.5 k W h  * C) are applied for determining peak height distributions. 

To quantitatively describe the effect of bubble-wake, the area of individual peaks c m  be 

calculated. The area of each peak is obtained by rnultiplying sampling time with the 

rneasured heat transfer coefficient above base line. To calcuiate the area of individual 

peaks, the baseline should be determined. Here, the baseline is defined as the average 

value of the minimum heat transfer coefficients, which are lower than the average heat 

transfer coefficient. The minimum heat transfer coefficient is defined as: 

if(hi c h i A l  a d  h i  < h i + l a d  h i  < h m )  

then h i is a minimum heat hansfer coefficient. 

The average minimum heat transfer coefficients is an average value of h i . Typical 

reconstnicted time senes heat transfer coefficients is show in Figure 4.2.33. I f  

instantaneous heat transfer coefficient is less than baseline value, it is replaced by the 

basel ine value. 

To calculate the area of each peak, two parameters are defined: time length and the 

height of peak. When a bubble passes on the surface of the probe, heat transfer 

coefficient increases, passes through a maximum, and then decreases. The height of each 

peak is defined as the maximum instantaneous heat transfer coefficient achieved for a 

passing bubble-wake minus baseline value. The time length of each peak is defined as 

the time between two minimum heat transfer coefficients in which one is before the peak 

and other after the peak. One should notice that the value of baseline is also a minimum 

heat tram fer coefficient. 



Heat Transfer Coefficient (kw/rn2c) 
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The area of each peak can be calculated by using Simpson's integration method. For 

example, the area corresponding to the time length from I to N cm be calculated as: 

here, h j is heat transfer coefficient at time j; hb, is the value of baseline of heat 

transfer coefficient. If h j or h j+ 1 is Iess than h b, , h j or h j+ 1 is replaceci by h b, 

At is time interval between h j and h j+l. 

Based on the above procedure, one can calculate the areas of individual peaks of 

instantaneous heat transfer coefficients. Then, the areas with sarne peak height are added 

up to obtain the summed area with peak-height (i). The cumulative area with peak height 

i represents total effect of bubble-wake-induced turbulence on heat transfer with peak 

height i. Then various cumulative areas with difTerent peak-height i c m  be classified 

into an area distribution of various peak-heights of heat transfer coefficients. 

By using the method described above, the area distribution of peak heights of heat 

transfer coefficients can be obtained. To normalize this distribution, which will be 

independent of the duration of collected data, the sumrned area for each peak height is 

divided by total area of al1 peaks: 

area of peak - height i 
Oi = 

total area 

The normaiized distributions are show in Figure 4.2.34a for the air-water system. This 

figure shows that the peak height distribution is close to the Gauss distribution for 

different gas velocities. The mean value and variance of Gauss distribution can therefore 

be applied to demibe the distribution as below 



X (area of peak - height i )  - ( peak - height i) 

X= 
total area 

E (area of peak - height i) - [( peak - height i )  - Kj2 

CF= 
total area (4.2.2 1 ) 

here, mean value represents an average value of peak-height (area average peak height) 

and variance represents the width of peak-height distribution of heat trans fer coefficient. 

The another important statistical parameter is standard deviation, which is defined as: 

Peak frequency and average peak area are other important parameters obtainable from 

measurernents of instantanwus heat transfer coefficients. Here, the peak frequency 

relates to the frequency of larger bubble passing on the surface of the heat transfer probe. 

It was counted fiorn sharp peak exhibited in time series measurements of heat transfer 

coefficients. As observed from Figures 4.2.26 to 4.2.30, a few of the peaks were close to 

base line which could be a result of local turbulent fluctuation. In order to avoid 

counting these low height peak-height, a minimum peak-height was defined. To define 

this minimum peak-height., average peak-height in air-water system at the wall in bulk 

region were chosen as the basis. For a given gas velocity, peak heights in the wall region 

were lowest for air-water systern indicating absence of larger bubbles. It can be seen 

from table 4.2.3 that average peak height in the wall region for air-water systems 

increases with gas velocity. 



Table 4.2.3 Average peak height in wall region for air-water system 

The maximum value of average peak height is in a range of 2.0-2.5. Thus, the minimum 

peak height to be counted was defined to be 2.25 Le. whenever peak height is in the 

ranges of 0-0.5, OS- 1 .O, 1 .O- 1 -5, 1 .5-2.0 and 2.0-2.5, the peak is not counted. 

gas velocity(m/s) 

peak-height 

(kWlm C) 

By using this procedure, the peak frequency could be obtained by dividing the total peaks 

for a given time series experiment by data collection time. This peak frequency 

essentially provides the frequency of bubble-wake associated with larger bubbles. 

The average peak area can be now obtained by dividing total area by peak-nurnber. This 

result represent a combined effect of both intensity and residence time of bubble wake on 

heat transfer. 

0.05 

0.94 

Three parameten namely peak-height, peak frequency, and average peak area were now 

used to analyze instantanmus heat transfer coefficient as a function of operating 

conditions in different locations of the colurnn. Here, the physical meaning of three 

parameters c m  be summarized as follows: 

1. peak-height indicates the intensity of a bubble wake turbulence 

O. 10 

1.47 

2. peak frequency indicates the fkquency of bubble wake ( peak-height > 

3. peak area indicates combined effect of intensity and bubble wake size. 

O. 15 

1.79 

0.20 

2.0 1 

0.30 

2.23 

, 



4.2.2.5 Peak Heigbt Distribution 

Figure 4.2.34a to c present the distribution of peak heights in air-water system at various 

gas velocities at the center in the bulk region of the column. These figures show that the 

peak distribution is close to Gaussian distribution for different gas velocities and slurry 

concentrations. The mean value and variance of Gaussian distribution can therefore be 

applied to descni the distribution. It can be seen fkom Figures 4.2.34a to c that as gas 

velocity increases, mean value of peak height increases, indicating a stronger intensity of 

bubble-wake-induced turbulence with increasing gas velocity due to larger bubbles 

formation. It is also seen that as gas velocity increases, the width of peak-height 

distribution increases, indicating a wider distribution of bubble-wake-induced turbulence 

at a higher gas velocity. 

As described above, distribution of peak height of instantaneous heat transfer coefficients 

follows Gauss distribution. Thus, the mean value and standard deviafion of peak height 

distribution can represent the average peak height and the width of peak height 

distribution. Figures 4.2.35 and 4.2.36 show the variation of mean values of peak heights 

and their standard deviation with gas velocity for different sluny concentrations. It is 

seen that both mean and standard deviation of peak height distribution increase with 

increasing gas velocity and s l u q  concentration. It can also be observed from Figures 

4.2.35 and 42-36 that the rate of increase of both average peak height and standard 

deviation are much farter in the central region compared to the wall region. A smaller 

variation of standard deviation in the wall region indicates more uniform bubble size 

distribution in the region. 

The variations of peak heights with gas velocity cm be compared with measurements of 

bubble size and bubble chord length distribution reporteci in literahtre (Rigby et al., IWO; 

Ham and Kim, 1990; Everson et al., 1993; Kwon et al., 1994). The size of larger bubbles 

increases with increasing gas velocity. The larger bubble size leads to higher bubble rise 
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Figure 4.2.34a Peak-height distribution at different gas velocities 
in air-water system in centrai region 
(r/R = O; z = 1.28 m) 
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Figure 4.2.34b Peak-height distribution at different gas velocities 
in slurry concentration of 15 vol.% in central region 
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Figure 4.2.34~ Peak-height distribution at different gas velocities 
in slurry concentration of 30 vol.% in central region 

(r/R = O; z = 1-28 m) 
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Figure 4.2.35 Variation of average peak-height with superficial 
gas velocity in central and wall region 
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Figure 4.2.36 Variation of standard deviation of peak-height 
distribution with superficial gas velocity in 
central and wall region 
(z = 1-28 m) 



velocity (Rigby et al., 1970). The faster rising bubble would give rise to stronger bubble- 

wake-induced turbulence, resulting in higher peak height However, the coalesced larger 

bubbles can also break up at hi& shear rate generated by higher gas velocities. 

Therefore, both bubble coalescence and break up determine the distribution of bubble 

size. Evenon et al. ( 1993) measured bubble chord length distribution and concluded that 

the bubble coalescence occurred in a probabilistic rnanner, thereby giving rise to the 

broad distribution of bubble chord length in the bed. The standard deviation of the 

distribution of bubble chord length increased with increasing gas flow rate. Kwon et al. 

( 1994) studied BubbIe-Chord Length in a three phase fluidized bed. It was observed that 

the average bubble-chord length increases alrnost linearly when gas flow rate is increased 

fiom -02 m/s to -10 m/s. They also found that the standard deviation of distribution of 

bubble-c hord length increases with gas velocity . By obsrvi ng peak- height distri bution 

of heat transfer coefficients, it is found that both mean value and variance of the peak- 

height increase as gas velocity increases. 

In the measurement of instantaneous heat trmsfer coefficient, peak-height indicates the 

intensity of bubble-wake-induced turbulence. The increase of average peak-height and 

standard deviation of peak height distribution with increasing gas velocity can be 

attributed to the increase of both mean size and standard deviation of bubble size 

distribution with gas velocity. As gas velocity increases, coalesced larger bubble size 

increases and bubble rise velocity increases. A coalesced larger bubble would have a 

larger wake and stronger vortices associated with it. The intensity of bubble-wake- 

induceci turbulence will increase, which results in higher peak-height of the heat tnuisfer 

coefficient with an increase of gas velocity. A wider bubble size distribution will lead to 

a wider distribution of peak-height of the heat tramfer coeficient. 

Meanwhile, a more uniform peak-height distibution (small standard deviation) at low 

gas velocity (0.05 m/s) can be attributed to a more uniform distribution of bubble size 

due to low rate of bubbles coalescence or breakup. 



The effects of solids addition and sluny concentrations on average peak height at the 

center are shown in Figure 4.2.37. The curves on Figure 4.2.37 cm be divided into three 

main sections. At low slurry concentrations (< 20 vol.%), the average peak-height of 

heat tmnsfer coefficient is generally lower than that in the air-water syçtem at different 

gas velocities. In the range of slurry concentration fiom 5 vol.96 to 20 vol.%, the average 

peak-height of heat transfer coefficient increases as sluny concentration increases. 

Average peak-height is unaffected by sluny concentration above 20 vol.%. 

The standard deviation of peak height distribution are presented in Figure 4.2.38. It can 

be seen that the curves are generally similar to the average peak height cwes  (Figure 

4-2-37), with a minimum at 5 vol.% slurry concentration. Standard deviation of peak 

height distribution, however, continue to increase up to 30 vol.% slurry concentration, 

especially for higher gas velocities (> 0.15 rn/s). There is practically no change in 

standard deviation fiom 30 to 40 vol.% slmy for al1 gas velocities. 

The lowering of average peak height in the fint section can be attributed to the 

dampening effect of solid particles on bubble wake turbulence. The heterogeneous 

effects caused by the particles in the bubble-wake destroy ordered motion/circuiation, 

resulting in reduced vortical strength inside the bubble-wake (Raghunathan et al., 1 992). 

Moreover, the addition of fine particles also increases suspension viscosity, which would 

aid the reduction of the circulation rate inside the bubble-wake. Therefore, intensity of 

bubble-wake-induced turbulence is reduced due to solids addition into water. 

The average peak-height increased as slurry concentration increased from 5 vol.% to 20 

vol.%. As slurry concentration increases, larger bubble size increased, as observai fiom 

bubble population and bubble rise velocity study (sec. 4.1.3). However, the strength of 

the vortical flow would continue to decrease. Moreover, the ratio of wake volume to 

bubble volume also decreases as slurry concentration increases (sec. 4.2.2.7). Obviously, 

the increase in bubble size due to increasing slurry concentration is predominant in this 

range of slmy concentration. 
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Figure 4.2.3 7 Variation of average peak height with slinry 
concentration in the central region 



Figure 4.2.38 Standard deviation of peak height in center as 
a function of slurry concentration 



As slurry concentration increases fiom 20 vol.% to 40 vol.%, the average peak height is 

not increased M e r .  It may be pointed out that rise velocity of larger bubbles was also 

not found to increase significantly over the sIurry concentration range of 20 to 40 vol.% 

(sec. 4.1.3). However, apparent sluny viscosity and particle-particle interactions would 

continue to increase with increasing slurry concentrations. There is, however, no 

apparent effect of these factors on average peak height. 

The average heat transfer coefficient, however, was found to decrease with increasing 

slurry concentrations (sec. 4.2.1). The base line values of heat transfer coefficients were 

therefore compared. Figure 4.2 -39 shows that baseline heat tramfer coefficients 

continued to decrease with increasing slurry concentration, thus lowering the average 

heat transfer coefficients. The baseline values of instantaneous heat transfer coefficient 

measured at wall and central regions are compared in Figure 4.2.40. It is interesting to 

note that the baseline values for the two regions are close in air-water system and 40 

vol.% slurry concentration. For intermediate sluny concentrations, baseline values at the 

center are higher than at wall. 

The baseline values of heat transfer coefficient cm be related to bulk turbulence in the 

region. The bulk turbulence cm be attributed mainly to the micro eddies generated by 

dissipation of bubble wake formation and shedding process. This process seems to be 

nearly unifonn in air- water system across column cross-section, when baseline values at 

wall and center are close. However, with addition of solids, a radial profile of soli& 

concentration wodd begm to develop, with a higher solids concentration in the wall 

region. Radial concentration profiles in sluny bubble column have k e n  reported in 

literaîure (Pandit and Joshi, 1 984; Gandhi et al., 1 998). Higher solids concentrations in 

the wall region will reduce eddies dissipation rate causing turbulence level to &op there. 

At highest slurry concentration of 40 vol.%, there is no difference in baseline values at 

wall and at center (Figure 4.2.40). This indicates that solids concentration gradients 

becorne nearly uniforni across the column cross-section at this concentration. The radial 
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Figure 4.2.39 Baseline heat transfer coefficients as a fùnction 

of slurry concentration at colurnn center 
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Figure 4.2.40 Cornparison of baseline values of instantaneous 
heat transfer coefficients in center and in the wall 



concentration profiles have ken  shown to become flatter with increasing slmy 

concentrations (Gandhi et al., 1 998). 

Average peak-height of heat transfer coefficients in the region near the column wall are 

shown in Figure 4.2.41 for various slurry concentrations. It can be seen that average peak 

height increases continuously with slurry concentration up to 20 vol.% with no minimum 

value was observed Beyond sluny concentration of 20 vol.%, average peak-height 

remains essentially unchanged. The minimum is observed at center where bubbles are 

significantly larger and strength of vortical motion is higher. The addition of solids has a 

larger influence on dissipation of vortical motion in bubble wake. 

Figure 4.2.42 shows that standard deviation of peak heights in the wall region follow the 

trends observed with average peak height variations. There is no minimum observed. 

Standard deviations don't Vary significantly above slurry concentration of 20 vol.%. 

However, cornparison of Figures 4.2.38 and 4.2.42 shows that standard deviation of peak 

heights in the wall region are low compared to central region, i.e. bubbles are more 

uniformly distnbuted in the wall region. 

4.2.2.6 Peak Frequency 

The peak frequency are presented in Figures 4.2.43 as a iünction of gas velocity in the 

center for bulk region of column. It can be seen that peak fiequency becomes nearly 

constant above gas velocity of 0.15 d s .  Peak frequencies in the wall region are 

generally lower than at center. The difference is more signifiant at lower gas velocities 

( s 0.15 m/s) and Iowa sluny concentration ( s 10 vol.%). 

As described above, the peak frequency represents the nurnber of bubble wakes detected 

by the heat transfer probe. The increase of bubble fiequency with gas velocity have been 

reported by Rigby et al. (1970). These authors have reported lower frequency of bubbles 

in the wall region which supports the observations in this study. 



Figure 4.2.4 1 Variation of average peak height with slurry 
concentration in the wall region 
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Figure 4.2.42 Standard deviation of peak height distribution 
in the wall 
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Figure 4.2.43 Variation of peak eequency with superficial 
gas velocity in central and wall region 



Variations of peak frequencies with sluny concentration at central region of the column 

are presented in Figure 4-2-44 It is seen that the curves follow the trends obsewed with 

variation of average peak height with slurry concentration (Figure 4.2.37). Fint, there is 

a drop in peak frequency with the addition of solids. Peak frequency then increases as 

slurry concentrations increase from 5 to 20 vol.%. For higher slurry concentrations (> 20 

vol.%) there is no significant change in peak frequency. It can also be observed fiom 

Figure 4.2.44 that there is a significant increase in peak fiequency fiom gas velocity of 

0.05 m/s to 0.10 m/s, transition from dispersed bubble flow regime to heterogeneous 

regime. 

Figures 4.2.43 and Figure 4.2.44 also indicate that peak fiequency reaches maximum 

value of about 7 s -' asymptotically. 

Cornparison of peak fiequencies in the central and wall regions (Figures 4-2-44 and 

4.2.45) shows that there is no drop in frequency with the addition of solids at wal l region. 

Instead peak fiequency increases at a façter rate in the wall region with increasing sluny 

concentrations. For gas velocities higher than 0.05 d s ,  the peak fiequencies reach 

asymptotic values above slurry concentration of 20 vol.%, and generally get closer to 

values at the center. This indicates more uniform bubble distribution at higher sluny 

concentrations across column cross-section. For the low gas velocity of 0.05 m/s, the 

peak fkquency continued to increase beyond sluny concentration of 20 vol.%, 

approaching the values in the central region. Again, the bubble distribution is becoming 

more uniform across the column. 

4.2.2.7 Average Peak Area 

Average peak-areas as a fhction of gas velocity are plotted in Figure 4.2.46 for slurry 

concentrations up to 40 vol.%. As gas velocity increases, the peak-area increases at a 

higher rate in the center and slowly in the wall region As gas velocity increases, 
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Figure 4.2.44 Variation fo peak frequency with slurry 
concentration in the central region 
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Figure 4.2.45 Variation of peak fiequency with slurry 
concentration in the wall region 
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Figure 4.2.46 Variation of peak-area with superficial 
gas velocity in central and wall region 



coalesced bubble size increases. As a result, the intensity of bubble-wake-induced 

turbulence will be increased The wake-volume behind the larger bubble would also be 

increased, since bubble-wake volume is proportional to bubble volume. 

The average peak-area in the central region is systematically higher than that in the wall 

region, due to larger bubbles passing in the central region. Figure 4.2.46 also shows that 

average peak areas in the central region are lower for a slurry concentration of 40 vol.% 

than for a 5 vol.% slurry, although there is an increase from 5 to 20 vol.% slurry 

concentration. 

Figure 4.2.47 presents how the average peak area in the central region varied with slurry 

concentration for constant gas velocities. With the addition of solids, average peak areas 

passed through a minimum (at 5 vol.% ) and through a maximum (at 20 vol.%) and 

generally drop to values below air-water system for high slurry concentration of 40 

vol.%. 

The average peak area is a combination of bubble wake turbulence intensity and its size. 

The initial &op in average peak area with the addition of solids can be atîributed mainly 

to reduction in bubble-wake turbulence intensity compared to air-water system. The 

bubble nse velocity was found to increase with sluny concentration at a relatively fast 

rate up to slurry concentration of 20 vol.% (sec. 4.1.3). The faster rising bubbles and 

their associated wake would enhance heat transfer rates as they move past the probe. 

There is no significant increase in bubble rise velocity beyond s l q  concentration of 20 

vol.%. However, apparent slurry viscosity would continue to increase and fraction of 

wake volume would continue to decrease with increasing slurry concentration. The 

decrease in wake volume would reduce contact time or residence time of bubble wake at 

the probe. This is also supported by the observed decrease in peak width at higher slurry 

concentrations (Figure 4.2.48). It cm be seen fiom Figure 4.2.48 that peak widths are 

generally lower in 30 vol.% sllrrry concentration compared to 5 vol.% slurry. 
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Figure 4.2.47 Variation of average peak area with slurry 
concentration in the central region 





Fan (1989) has summarized various correlations for predicting relative wake holdup k 

(the ratio of bubble-wake volume and bubble volume) in three phase system. For s1my 

bubble columns, the mode1 proposed by Bhatia and Epstein (1974, in Fan, 1989) is 

generally recomrnended, which is expresseci as: 

here, k, is calculated by following equation (El-Temptamy and Epstein, 1978): 

Figure 4.2.49 presents the results of calculations. It is can be seen that the ratio of 

bubble-wake volume to bubble volume decreases as slurry concentration increases, 

reaching between 0.2 to 0.3 at the highest slmy concentration. 

Ln the wail region, the average peak areas, initially increased with increasing slurry 

concentration (up to 15 vol.%), reaching nearly a constant value (Figure 4.2.50). These 

observations can be cornpared with variations of average peak heights (Figure 4.2.4 1 ) and 

peak frequency (Figure 4.2.45) in the wall region. Both average peak height and peak 

fiequency approach nearly constant values above slurry concentration of 15 vol.%. 

These values, however, increase with increasing gas velocity in the column. 

4.2.2.8 Heat Traasfer Mechanbm due to Bubble Wake Dynamics 

The above discussion can be summarized as presented below to elucidate the mechanism 

of the heat transfer process in the region: 

1 ) Initially, when fine particles are added into water, the turbulence intensity of the wake 

drops due to the reduction of vortical strength. The solid particles can darnpen the 
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Figure 4.2.49 Ratio of wake volume to bubble volume as 
a fûnction of slurry concentration 
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Figure 4.2.50 E ffects of s luq concentration on average 
peak area in the wall region 



strength of vortical motion and reduce the heat tramfer coefficient. This leah to 

reduction of peak height and average peak area 

2) Secondly, in sluny concentration range fiom 5 vol.% to 20 vol.%, the larger bubble 

nse velocity increases with slurry concentration at a relatively fast rate (sec. 4.1.3). The 

faster rise velocity of larger bubbles would improve the turbulence intensity of the 

bubble-wake region although the increased slurry viscosity and reduced ratio of wake 

volume to bubble volume wouid tend to reduce the effect of turbulence induced by 

bubble-wake. The fàster nsing bubble rise velocity effects seem to predominate in this 

range. Both peak height and peak area increase with increasing sluny concentrations. 

3) For slurry concentrations above 20 vol.%, the rise velocity of larger bubbles was not 

found to increase significantly (see sec. 4.1.3). Thus the bubble wake turbulence 

intensity is not significantly affecte4 resulting in relatively constant peak height values. 

However, the ratio of wake volume to bubble volume keep reducing and sluny viscosity 

is increasing with increasing slurry concentrations. These two effects, therefore, reduce 

the average peak area. 

4.2.2.9 Radial Profile of Average Peak Beight 

Complete radial profiles of average peak heights of heat transfer coefficients are 

presented in Figure 4.2.5 la to 4.2.5 1c. It can be seen that peak heights decrease with 

increasing radial distance from the center. This resuft can be compared to radial 

distribution of bubble size. Yu and Kim (1988) observed that the bubble chord length 

decreased with an increase of radiai distance. 

It can be seen from Figures 4.2.5 1 a to 4.2.5 1 c that the gradient is generally higher in the 

region fiom r/R = 0.5 to 1.0 and profiles are flatter in the region from r R  = O to 0.5. It 

c m  aiso be seen frorn these figures that profiles are steeper for air-water system and 

become flatter with addition of solids particles. This cm again be attributed to formation 
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Figure 4.2.5 1 a Radial profile of average peak heights for 
di fferent slurry concentration (Vg= 0.1 0 m/s) 
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Figure 4.2.5 I b Radial profile of  average peak heights for different 
slurry concentrations (Vg=0.20 m/s) 
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Figure 4.2.5 1 c Radial profiie of average peak heights for di fferent 
slurry concentrations (Vg= 0.30 m/s) 



of larger bubbles with increasing slurry concentration. Larger bubbles rise in the central 

region of the column (Chen et al., 1994). Thus cross sectional area of the column 

occupied by larger bubbles will be expanded as sluny concentration increases. The 

cross-sectional area for bubble-wake behind larger bubbles is expanded. The peak-height 

of kat transfer coefficients in the central region becomes more unifom and wider. 



5 Conclusions and Recommendation 

5.1 Conclusions 

Two important hydrodynamic parameten, namely gas holdups and axial solids 

dispersion, have k e n  analyzed for the first time over a wide range of sluny 

concentrations and gas velocities in a large diameter column. Gas holdups in slurry 

bubble columns were found to be an increasing function of gas velocity at al1 slurry 

concentrations. For a constant gas velocity, gas holdups decreased with increasing slurry 

concentrations up to slurry concentrations of about 25 vol.%. For higher slurry 

concentrations up to slurry concentrations (fiom 25 vol.% to 40 vol.%), gas holdups 

increased slightly. This has been amibuted to decrease in rise velocity of srna11 bubbles 

in dense suspensions. 

Axial profiles of solid concentrations were measured and analyzed at different slurry 

concentrations and gas velocities. Particle hindered settling velocities and solid 

dispersion coeficients based on the sedirnentationdispersion mode1 were estimated from 

measured axial profiles of solid concentrations. Hindered settling velocities increased 

with decreasing slurry concentrations and increasing gas velocities. The solid dispersion 

coefficient was an increasing function of gas velocity and column diameter. The 

literature correlations (Kato et al., 1972; Smith and Ruether, 1985; O'Dowd et al., 1987) 

were applicable for prediction of axial solids concentration in slurry bubble colurnns. 

Bubble size population and bubble nse velocities were investigated by using dynamic gas 

disengagement technique. Gas holdups due to srnaller bubbles were decreased as an 

increase of slurry concentration up to 25 vol.%, and slightly increased from 25 vol.% to 

40 vol.% of slurry concentrations. Gas holdups due to larger bubbles slightly decreased 

as an increase of slurry concentration. Rise velocities of small bubbles slightly decreased 

as an increase of superficial gas velocities. Rise velocities of larger bubbles were 



increased with increasing superficial gas velocities. Rise velocities of small bubbles 

increased with increase of slurry concentration up to 20 vol.%, and then slightly 

decreased. Rise velocities of larger bubbles increased with sluny concentrations up to 20 

vol.%. Above slurry concentration of 20 vol.%, the larger bubble rise velocities slightly 

increàse. 

The new fast response heat transfer probe developed in this study provided quasi- 

imtantaneous heat transfer coefficients at diRerent axial and radial locations of the 

column. The probe also detected flow direction at a given radial or axial location in the 

column. The average heat transfer coefficients could be obtained by averaging a large 

number of instantaneous measurements at a given location. 

Heat transfer coefficients increased with increasing gas velocities at al1 locations. 

Generally, average heat tram fer coefficients decreased with increasi ng s l urry 

concentrations at various axial and radial locations. In the bulk region, heat transfer 

coefficients in the center were systematically higher than near the wall. Heat transfer 

coefficients in the bulk region were significantly higher than in the distributor region. 

Heat transfer coefficients in the axial direction increased with increasing distance tiom 

the distributor region approaching constant values in the bulk region. The distributor 

region effect is shown to decrease with increasing gas velocity. The radial profile of heat 

transfer coefficients showed that as slurry concentration increased, the radial profile 

became flatter in the central region, indicating an enlarged central region attributed to 

enlarged bubble size. 

In the bulk region of the column, the average heat transfer coefficients at column center 

were higher for downward facing probe than for the upward facing direction. These 

observations were revened at the column wall i.e. the average heat transfer coefficients 

were higher for the upward facing direction. These observations were related to opposite 

flow directions in the center and wall regions based on boundary layer theory. 



Available literature correlations for ka t  transfer coefficients were tested against the data 

of this study. The semiempirical mode1 proposed by Deckwer et al. (1980) predicted 

well the heat transfer coefficients near the wall in the bulk region, but underestimated the 

heat transfer coefficients in the center. The rnodified model proposed by Saxena et al. 

( 1992) was applicable for predictions of heat transfer coefficients in the center at low 

slurry concentrations. This study modified the model proposed by Deckwer et al. (1980) 

based on the observations that in the center, the larger bubble wakes play an important 

role in the heat transfer process. Therefore, for the central region, an enhancement factor 

is proposed to modified the original Deckwer et al. ( 1980) model. This enhancement 

factor (about 21%) indicates a contribution to surface renewal due to larger bubble 

wakes. 

The i nstantaneous heat transfer measurements provided insights into bub ble wake 

dynamics in di fferent locations of col urnn for di fferent O perating conditions. To 

quantitatively describe instantaneous heat transfer coefficients, a peak fitting rnethod was 

developed to obtain peak height distribution. Then average peak height, average peak 

frequency and average peak area were obtained fiom peak height distibutions. 

Generally, peak height is an increasing function of gas velocity at both center and wall in 

the bulk region of column. In the central region, tfiree processes were identified with 

increasing slurry concentrations. IMtially, when fine particles were added into water, 

peak height and peak area were reduced compared to those in water. As sluny 

concentration increased fiom 5 vol.% to 20 vol.%, peak height and peak area increased. 

Above a slurry concentration of 20 vol.%, peak height slightly increased and peak area 

decreased In the wall region, average peak height and peak area increased as slurry 

concentration increased fiom O to 20 vol.% but the increase was not significant at higher 

slurry concentrations. 



The increase in gas holdups observed at high slurry concentrations in this study need 

m e r  investigations. This shodd include effects of particle s ù e  (up to 100 pm ) and 

shape. These investigations should also include the effects of particle properties and 

slurry concentrations on suspension rheology. Further investigations are also 

recommended to quanti@ changes in bubble s i x  &distributions in different regions of the 

column. The gas-liquid mass transfer rates can be directly related to average bubble size. 

Since bubble size is observed to increase with increasing slurry concenirations, a drop in 

gas-Iiquid mass tnuisfer rate is expected and rnay becorne limîting for a given 

application. It i s there fore, recomrnended to investi gate gas-1 iquid mass transfer at hi& 

slurry concentrations and identie ways to improve it as needed. 

This study investigated heat transfer and hydrodynamics in a slurry bubble column with 

no intemals. Future studies should investigate the effects of intemals such as bundles of 

heat tramfer tubes and their configurations on hydrodynarnics and heat transfer rates. 

The fast response probe developed in this study can be used to analyze local effects due 

to the presence of intemals. 

The heat transfer coefficients in the distributor region were observed to be significantly 

lower than in the bulk region which also indicated that rnixing in the region would also 

be low. The heat transfer probe developed in this study can be used to improve 

distributor designs. A new sparger with a multi-Ievel sparging may be more effective and 

improve start-up operation at high sluny concentrations. The heat transfer probe 

developed in this study should also prove usehl for other applications, i.e. measurement 

of local heat transfer in agitation tanks. 

Further studies shodd also cover gas-liquid systems other than air-water and pressures 

higher than atmospheric. It is recommended to use helium and nitrogen gases with high 



369 
molecular weight hydrocarbons to cover wider range of thermophy sical propert ies and 

gas densities. 



Appeodix A 

Calibration of Gas Rotameter 

Notation: 

f: pressure (Pa); 

Q: volume flowrate (m /s) ; 

T: temperature ( O C); 

subscript: 

cal i : cal i brated; 

act: achial; 

ref: reference; 

The gas flow rate measured by rotameter is corrected by reference pressure and 

temperature: 

where, P ,f =IO 1 -3 kPa; T ref =296 K. 

The flowrate reading out from rotameter were compared with flowrate measured by 

orifice plate. The setup for measurement by orifice plate is shown in Figure AI. The 

orifice plate diarneter used for measurement was 7.7 mm. Figure A2 shows the 

corn parison. 





2 4 6 8 IO 72 14 16 

Flowrate Measured by Rotameter ( 10'xm'/s) 

Figure A2 Cornparison of flowrate measured by rotameter 
and orifice plate 



Appendix B 

Calibration of Heat Flux Sensor 

Notation: 

A : probe surface area (rn ' ); 
1: electncal currenct (A); 

L : length of the probe (m); 

P, : power (w); 

R: electrical resistor (ohm); 

r: radii of the probe(m) 

V: electrical voltage (V); 

The heat flux sensoa were calibrated by RdF Co. at the temperature of 21 OC and their 

calibration factors were provided. The heat flux measured by the probes were also 

verified at different heat input rates. The experimental set up shown in Figure B1 was 

used for calibrations. The heat transfer probe was immersed in the water in a 2L 

container. The water entered at the bottom of the container and ovemowed at the top to 

keep a constant water temperature in the bath. The power was supplied by a variable 

autotransformer. The heat flux sensors were tested at different power input rates, 

defined as: 

where, I current, V voltage, R resistance of the heater installed in the probe. The heat 

transfer surface of the probe cm be calculateci as surface area of the probe outer 

diameter: 



where A surface area; r radii of probe ( 1 1 mm); L the length of brass tube (25.4 mm). 

The input heat flux can be defined as: 

Figures B2 and 8 3  compare the input heat flux and measured heat flux from the heat 

transfer probes. During the expenment, the voltage for 1st probe was kept as 62 V and 

for 2nd was kept as 55 V. 



water in - 
mobe autotransfomers 

heat transfer r 

/----- 

water overflow 

Figure BI Expenmental set up for testing and 
and calibration of heat flux sensor 



1 t heat input by heater 

50 60 70 

Input Voltage (V) 

Figure B2 Cornparison of heat input and rneasured heat 
flux by probe # 1 



-- 

+ heat input by heater 
-C- heat flux measured by probe No. 2 

50 60 70 

Input Voltage (V) 

Figure B3 Comparison of  heat input and measured heat 
flux by probe #2 



Appendix C 

Caiibraîioa of Surface Temperatures 

The surface temperatures measured by two probes were calibrated with high accuracy 

thermometer. The calibration was conducted in the column filled with tap water. 

Initially, the bed temperatw was brought up to a desired value. A srna11 gas flow was 

introduced into the colurnn for mixing water. Then gas flow was stopped and bed 

temperature was monitored by thennocouples. Afier about 30 minutes, the thennometer 

was inserîed into the column at different locations. The measured temperature from the 

thermometer and surface temperature by probe were compared. Figures C 1 and C2 show 

the calibration resufts for two probes. 



22 24 26 28 30 32 34 36 

Temperature Measured by rtiemometer ( O C )  

Figure C 1 Calibration of surface temperature of 
heat transfer probe # 1 



22 24 26 28 30 32 34 36 

Temperature Measured by Themorneter ( O C )  

Figure C2 Calibration of surface temperature of 
heat transfer probe #2 



Appeodix D 

Calibration of Pressure Transducers 

The signals collected from pressure transducers are originally obtained in electrical 

voltage. The results are required to be transferred to pressure value. Therefore. the 

calibration was conducted in the column. The column initiaily was filled up to about 2.4 

m high and then the water height was reduced at the desired water heights. The voltage 

coliected fiom two tramducen were recorded at each water height. Here, the water 

height was the height from the transducer to the top of water. Figures D 1 and D2 show 

the calibration results. 

It is found from Figures D 1 and D2 that the voltages have a linear relationship with water 

height. Therefore, the linear equations c m  be used for transfemng voltage signal to 

water height or pressure values. 



0.0 0.2 0.4 0.6 0.8 1 .O 

Water Height (m) 

Figure D 1 Calibration for pressure transducer used 
in the bulk region of the column 



0.8 1.2 1.6 

Water Height(m) 

Figure D2 Calibration for the pressure transducer used 
at the bottom of the coiumn 



Appendix E Tabulated Raw Data 



Appedis li 1 (;as f loldups I'rcscntcd iii 1:iyiirc 4 . 1  1-4.1.3 

Gas: Air 
Liquid: l'ap Water 
solids: Glass Bead (35 p i n )  

sluny conc. = O 

slurry conc.= 5 

slurry coiic.= 1 O 

slurry conc.= 15 

sluny coiic.= 20 

slurry coiic.= 25 

sluny coiic.= 30 

slurry coiic.= 40 



Gas: Air 

Liquid: Tap Water 
sol ids: C; lass Read (35  p t i i  ) 

slurry conc. = O 

slurry conc.= 5 

sluny coiic.= I O 

sluny coiic.= 15 

sluny coiic.= 20 

sluny coiic.= 25 

slurry conç.= 30 

sluny coiic.= 40 

Vg=0.05 (iiils) 

5.01 

4.95 

4.82 

4.79 

4.68 

4.6 1 

4.50 

4.43 

Vg=O. I O (m/s) 

6.06 

5.83 

5.84 

5.66 

5.52  

5 .55  
-v 

5.45 

5.40 

Vg=O. 1 5 (1111s) 

6.60 

6.43 

6.24 

6.3 1 

5.8 1 

5.77 

5.60 

5.69 

Vg=0.20 (mls) 

7.07 

6.86 

6.68 

6.53 

6.27 

6.04 

5.95 

5.85 

V-0.30 (mis) 

7.36 

7.27 

7.14 

6.65 
- 

6.69 

6.46 

6.40 

6.3 1 











Appedix E7 Hcat Transfer Coefficients ( k w h  'c) in distriButor Region (rlR-0.5) Presentrd in Figures 4.17 and 4.22 

Gas: Air 
Liquid: Tap Water 
solids: Glass Bead (35 p in) 

sluny conc. = O 

slurry conc.= 5 

slurry conc.= 1 O 

sluny conc.= 15 
-- 

sluny con~ .=  20 

slurry conc.= 25 

sluny conç.= 30 

sluny conc.= 40 
b 

Vg=0.05 ( d s )  

3.06 

2.57 

2.50 

2.47 
- 

2.45 

2.4 1 
-- 

2.42 

2.42 

Vg=O. l O (m/s) 

3.58 

3.19 

2.90 

3.00 

2.85 

2.64 

2.7 1 

2.64 

Vg=O. 1 5 (mh) 

3.90 

3.58 

3.22 

3.22 
- - - - 

3.20 

3.07 

3.20 

3.17 

Vg=0.20 (mis) 

4.55 

3.67 

3.41 

3.40 

3.33 

3.25 

3.20 

3.23 



Appedix E8 Heat l'ransfer Coefficients (kw/iii ' C )  in l>istributor Region (rlK - 1 .O)  Presented in Figures 4.17 and 4.27 

Gas: Air 
Liquid: Tap Water 

solids: Glass Bead (35 p m) 

I 1 Vg=0.05 (nds) Vg=O. I O (mis) Vg=O. I 5 (niis) I l 
1 slurry conc. = O 1 3.50 1 3.95 1 4.45 

1 sluny conc.= 5 1 3.01 1 3.53 

1 slurry conc.= 15 I 
sluny conc.= 10 

sluny conc.= 20 1 
1 slurry conc.= 25 1 2.56 1 3.05 1 3.23 

2.88 

sluny coiic.= 30 

sluny çoiic.= 40 I f -  

Vg=0.20 (niis) ) Vg=0.30 (mis) 

3.32 3.6 1 





Appedix El0 Heat Transfer Coefficients (kw/ni 'c) in Different Orientations. Presented in Figures 4.2.25a and 4.2.25h 

Gas: Air; 
Liquid: Tap Water; 

Solids: Glass Bead (35 p in); 

air-water Ir/R= 1 )  

air-water (r/R=O) 

upside 

laterat 

downside 

upside 

laterat 

downside 

Vg=0.05 (mls) 

4.5 1 

5.05 

5.96 

Vg-0.05 (1111s) 

4.64 

4.43 

4.34 

Vg-O. 1 O (mls) 

5.54 

6.06 

7.0 1 

Vg=O.l O (inls) 

5.30 

5.08 

4.9 1 

Vg=O. 1 5 (m/s) 

6.24 

6.60 

7.50 

Vg-O. I 5 (iii/s) 

5.65 

5.3 8 

5.18 

Vg=0.20 (mls) 

6.42 

7.07 

8.25 
L 

Vg=0.30 (inls) 

6.73 

7.36 

8.77 
- - 

Vg-0.20 (in/s) 

6.2 1 

5.70 

5.47 

Vg-0.30 (in/s) 

6.30 

5.83 

5.63 





Axial Slurry Concentrations 

Average Slwrv Conc.: 5 vol.% 

Average S l w  Conc.: IO vol.% 

, 

V . m . 3  5 m/s V W . 0 6  m / s  

Vy-V.06 m/s 

height 
(m) 
0.07 

height 
(m) 
0.07 

height 
(m) 
0.07 

0.47 
0.87 

1.27 

conc. 
  vol.?'^) 

5.27 

conc. 
(vol.%) 
5.20 

conc. 
(vol.%) 

10.65 

10.47 
9.99 

9.76 

V+@. 24 m/s Vg=O. 1 1 mis 

V.@. 1 1 mis 

height 
(m) 
0.07 

VgZO. 17 d s  

height 

(ml 
0.07 

V.y-U.24 m/s 
height 

(m) 
0.07 

0.47 
0.87 

1.27 

Vg=û. 17 d s  

conc. 
(vol.%) 

5.17 

height 
(m) 
0.07 

conc. 
(vol.%) 

5.08 

height 
(m) 
0.07 

V.W.35  mis 

conc. 
(vol.%) 

10.61 

10.37 
10.17 

9.87 

height 
(m) 
0.07 

0.47 

0.87 

1.27 

conc. 
(vol.%) 

5.28 

conc. 
(vol.%) 
10.47 

height 
(m) 
0.07 

conc. 
(vol.%) 

10.44 

10.35 
9.99 

9.77 

conc. 
(vol.%) 

10.46 

10.30 

10.15 
9.85 

0.47 
0.87 

1.27 

10.41 
10.23 

9.79 

0.47 
0.87 

1.27 



Appendix E l  1 

Axial Slurry Concentrations (con't) 

Average Slunv Conc.: 30 vol.% 

Average Slurrv Conc.: 40 vol.% 

V H . 3 5  mis V m . 0 6  mis 

Vg=0.06 m/s 

height 1 conc. 

height 

(m) 
0.07 

0.47 

0.87 

1.27 

height 

(m) 
0.07 

0.47 

0.87 

1.27 

(m) 
0.07 

0.47 

0.87 

1.27 

conc. 

(vol.%) 

30.46 

30.19 

30.04 

29.60 

conc. 
(vol.%) 

30.66 

30.16 

29.79 

29.17 

d 

Vg=O. i 1 m/s 

V.g=O. 1 1 m/s 

height / conc. 

height 

(m) 
0.07 

0.47 

0.87 

(vol,%) 

40.53 

40.24 

59.68 

39.06 

V.@. 1 7 m/s 

conc. 

(vol.%) 

30.58 

30.20 

30.23 

V@. 17 m/s 
height 1 conc. 

height 

(m) 
0.07 

0.47 

0.87 

1.27 1.27 1 2 9 . 3 5  

V H . 2 4  m/s 

- - -  

V.m.24 mis 
height 1 conc. 

(m) 
0.07 

0.47 

0.87 

1.27 

conc. 
(vol.%) 

30.55 

30.43 

29.93 

29.51 

height 

(rn) 
0.07 

0.47 

0.87 

1.27 

conc. 

(vol.%) 

30.50 

30.30 

30.03 

29.59 

(vol.%) 

40.65 

40.30 

40.08 

39.65 

(m) 
0.07 

0.47 

0.87 

1.27 

(vol.%) 
40.60 

40.29 

40.01 

39.76 

(m) 
0.07 

0.47 

0.87 

1.27 

(VOL%) 
40.47 

40.14 

39.97 

39.66 
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