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Abstract

Background: The process of converting synthesis gas into liquid fuels (Fischer-Tropsch synthesis) is a well-known
technology. Among all Fischer-Tropsch synthesis (FTS) catalysts, Co- and Fe-based ones are applicable for industrial
processes due to their low cost and high activity and selectivity. In this experimental study, a kinetic model has
been developed for FTS reactions using co-precipitation technique and Co-Ce/SiO2 as the catalyst.

Results: Rate data have been obtained for CO hydrogenation over a co-precipitated well-characterized Co-Ce/SiO2

catalyst, studied in a fixed-bed micro-reactor at atmospheric pressure under the conditions of 200°C to 300°C,
H2/CO feed ratio (mol/mol) of 1 and 1.5, and space velocity in the range 2,700 to 5,200 h−1. Characterization of
both precursor and calcined catalysts was carried out using powder X-ray diffraction, scanning electron microscopy,
and Brunauer-Emmett-Teller surface area measurements.

Conclusions: The kinetic parameters were estimated with nonlinear regression method. The data were best fitted
by a Langmuir-Hinshelwood-Hougen-Watson approach. The activation energy for the optimal kinetic model was
determined to be 31.57 kJ mol−1.
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Background
Fischer-Tropsch synthesis (FTS), the production of li-
quid hydrocarbons from synthesis gas (CO and H2) at
atmospheric pressure or above and at a few hundred
degrees Celsius, is a promising developing option for the
environmentally sound production of chemicals and
fuels from coal and natural gas [1,2]. Considerable pro-
gress has been made in the past two decades in the de-
velopment of more active and selective cobalt and iron
catalysts and more effective reactor/process technologies
[3]. The FTS with cobalt catalysts is not complicated by
extensive, irreversible changes in the catalyst. With iron
catalysts, however, their physical and chemical nature is
considerably altered by wax and carbon deposition and
by formation of carbides and magnetite [4]. Cobalt-based
catalysts are the preferred catalysts for hydrocarbon syn-
thesis because of their high FTS activity, selectivity for
long-chain paraffins, and low activity for the water-gas
shift reaction [5]. Supported Co catalysts with high specific
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rates require the synthesis of small metal crystallites at
high local surface densities on support and the use of sup-
ports or alloys that increase the rate per surface Co (turn-
over rate). It has been reported that the cobalt and cerium
matrix plays a synergistic role in the chemisorption of
reactant molecules, thereby controlling the reactivity of
the title system in the FTS reaction [6]. Co-Ce catalysts
have been investigated for their selectivity for lower mo-
lecular weight olefins [7-9]. Mixed cobalt-cerium oxide
catalysts supported by SiO2 [10,11] and TiO2 [12] have
also been used in FTS for the production of hydrocarbons.
Another study [11] on the effects of cerium oxide on the
particle size of cobalt, reducibility of cobalt, and catalytic
performance of a Co/SiO2 catalyst shows that the degree
of cobalt reduction decreases with the addition of cerium,
even in low concentrations.
The kinetic description of the FT reaction is a very im-

portant task for industrial practice, being a prerequisite
for the industrial process design, optimization, and
simulation. The kinetics of cobalt-based FT catalysts has
been the subject of many researches for decades. The
kinetics of the FTS has been studied extensively to de-
scribe the reaction rate using a power law rate equation
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or an equation based on certain mechanistic assump-
tions. The mechanistic kinetic rate expressions for cobalt
catalysts are based on the formation of the monomer
species as the rate-determining step in the consumption
of synthesis gas. Many kinetic equations have been pro-
posed in the literature for various cobalt catalysts. These
equations have been obtained either empirically (using a
power law rate equation) or to fit a proposed mechanism
[13-18]. Atashi et al. [2], Zennaro et al. [4], Yates and
Satterfield [18], and Das et al. [19] have displayed the ex-
plicit rate equations based on the Langmuir-Hinshel-
wood-Hougen-Watson (LHHW) adsorption theory that
has been developed for the cobalt-based FT catalysts in
tabulated format.
Many studies have been dedicated to the kinetics of

FTS catalytic reactions over the mono- and bimetallic
catalysts. However, it is particularly important to know
that no work on the kinetics of FTS reaction over a
Co-Ce catalyst has been performed. Thus, in the present
work, for the first time, we attempted to investigate the
kinetics and mechanism of the CO hydrogenation on
the silica-supported Co-Ce catalyst, which was prepared
by co-precipitation procedure. For the kinetic study, a
series of statistically representative kinetic data was
obtained on a well-characterized silica-supported cata-
lyst over a range of commercial reaction conditions. The
kinetics of FT reaction were studied, and the rate
expressions were tested against experimental data that
was obtained on some selected catalysts. A model was
successfully devised, and the kinetic parameters were
determined. The catalyst characterization was carried
out using different methods including powder X-ray dif-
fraction (XRD), scanning electron microscopy (SEM), and
Brunauer-Emmett-Teller (BET) surface area measurements.

Methods
Characterization techniques
Powder XRD measurements were performed using a D8
Advance diffractometer (Bruker AXS, Ettlingen, Germany).
Scans were taken with a 2θ step size of 0.02 and a counting
time of 1.0 s using a CuKα radiation source generated at 40
kV and 30 mA. Specimens for XRD were prepared by com-
paction into a glass-backed aluminum sample holder. Data
were collected over a 2θ range from 4° to 70°, and the
phases were identified by matching experimental patterns
to entries in Diffractplus version 6.0 indexing software. The
morphology of the catalysts and their precursors was
observed by means of a Cambridge S-360 scanning electron
microscope (Cambridge Instruments, Cambridge, England).
BET surface areas, pore volumes, and average pore

sizes of the catalyst precursor and calcined samples (be-
fore and after the test) were measured by N2 physisorp-
tion using a Quantachrome Nova 2000 automated
system (Quantachrome, Boynton Beach, FL, USA). Each
catalyst sample was degassed under nitrogen atmos-
phere at 300°C for 3 h. In order to obtain the BET
surface areas, pore volumes, and average pore sizes,
different samples were evacuated at −196°C for 66
min.
Fixed-bed reactor system
A schematic representation of the experimental setup
is shown in Figure 1. Fischer-Tropsch synthesis was
carried out in a fixed-bed micro-reactor made from
stainless steel with an inner diameter of 12 mm.
Three mass flow controllers (Model 5850E, Brooks
Instrument, Hatfield, PA, USA) were used to auto-
matically adjust the flow rate of the inlet gases com-
prising CO, H2, and N2 (purity of 99.99%). The
mixture of CO, H2, and N2 was subsequently intro-
duced into the reactor, which was placed inside a
tubular furnace (Model ATU 150–15, Atbin, Mina
Rashid Ave, Dubai). The temperature of the reaction
was controlled by a thermocouple inserted into the
catalytic bed and visually monitored by a computer.
The catalyst was pre-reduced in situ at atmospheric
pressure under H2/N2 flow (N2/H2 = 1, flow rate of
each gas = 30 mlmin−1) at 400°C for 16 h. In each
test, 1.0 g of catalyst was loaded, and the reactor
operated for about 12 h to ensure that a steady-state
operation was attained.
Catalytic evaluation
The experiments were conducted with mixtures of
H2, CO, and nitrogen in a temperature range from
200°C to 300°C and H2/CO feed ratios of 1:1 and 3:2
(mol/mol) at atmospheric pressure. The arrangements
of the parameters and the related levels are shown in
Table 1. In all experiments, the space velocities were
between 2,700 and 5,200 h−1.
To avoid the effect of deactivation, fresh catalysts

were loaded in each experiment. To achieve the iso-
thermal conditions in a catalytic bed, the catalyst was
diluted with an inert material (quartz), and axial
temperature distribution was ensured using Mear's
criterion [20], that is with L/dp> 50. Moreover, the
gas hourly space velocity (GHSV) increased to the
value in which the CO conversion was almost the
same for a variety of catalyst weight, which indicates
that film diffusion can be neglected above this GHSV
(in this paper, 2,700 h−1). Therefore, the catalyst pellet
and the bed can be considered as isothermal. The
temperature was also kept constant to within ±1°C by
the heater, and the conversion of the reaction was
kept low (below 20%) in order not to generate too
much heat in the above exothermic reactions. Also,
plug flow was assumed for the gaseous feed. The CO



Figure 1 Schematic representation of the reactor used. (1) Gas cylinders, (2) pressure regulators, (3) needle valves, (4) mass flow controllers,
(5) monometers, (6) non-return valves, (7) ball valves, (8) tubular furnace, (9) reactor, (10) catalyst bed, (11) trap, (12) condenser, (13) silica gel
column, and (14) gas chromatograph (GC).

Table 1 Summary of experimental conditions for the kinetic tests

Number of data T (°C) PH2 (bar) PCO (bar) F/W (mmol gcat
−1 min−1) XCO (%) –rCO (mmol gcat

−1 min−1)

1 200 0.333 0.333 0.509 5.83 0.0297

2 210 0.4 0.267 0.498 6.16 0.0306

3 220 0.333 0.333 0.488 8.42 0.0411

4 230 0.4 0.267 0.424 10.21 0.0433

5 240 0.333 0.333 0.469 11.21 0.0526

6 250 0.4 0.267 0.435 12.39 0.0538

7 260 0.333 0.333 0.451 12.40 0.0559

8 270 0.4 0.267 0.443 12.54 0.0555

9 280 0.333 0.333 0.435 12.65 0.055

10 290 0.4 0.267 0.427 12.91 0.0512

11 300 0.333 0.333 0.419 13.19 0.0553

12 200 0.4 0.267 0.407 13.16 0.0535

13 210 0.333 0.333 0.398 13.66 0.0544

14 220 0.4 0.267 0.390 14.46 0.0564

15 230 0.333 0.333 0.450 14.49 0.0652

16 240 0.4 0.267 0.455 16.09 0.0732

17 250 0.333 0.333 0.493 16.28 0.0802

18 260 0.4 0.267 0.282 16.78 0.0474

19 270 0.333 0.333 0.354 17.18 0.0609

20 280 0.4 0.267 0.348 17.94 0.0624

21 290 0.333 0.333 0.342 18.53 0.0633

22 300 0.4 0.267 0.274 19.12 0.0524

Ptot = 1 bar after 10 to 15 h of starting the reaction at given conditions.
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conversion (%) is calculated according to the
normalization method:

CO conversion %ð Þ ¼ Molesof COinð Þ � Molesof COoutð Þ
Molesof COinð Þ

�100 ð1Þ
The experimental reaction rate was determined as fol-

lows:

Rate of CO conversion ¼ Fractional conversionð Þ
� Input flow rateof COð Þ
Weightof thecatalyst

ð2Þ

Statistical criteria
The unknown parameters for each model were calcu-
lated using the experimental data and minimizing the
sum of the squares of the differences using the
Levenberg-Marquardt algorithm. The experimental reac-
tion rates, the R2 value (reflects the amount of variance),
and the root mean square deviation (RMSD) were used
for the evaluation of the fitting.

σ ¼ 1
Nexp

XNexp

i¼1

rexpCO;i ð3Þ

R2 ¼ 1�

XNexp

i¼1

rexpCO;i � rcalCO;i

� �2
XNexp

i¼1

rexpCO;i � σ
� �2

0
BBBB@

1
CCCCA

2

ð4Þ

RMSD ¼ 1
Nexp

XN exp

i¼1

r expCO;i � rcalCO;i

� �2 !2

ð5Þ

where rCO,i
exp and rCO,i

cal denote the experimental and calcu-
lated CO conversion rates using each kinetic model,
respectively, and Nexp represents the number of experi-
mental data with pure variance σ.
To choose the most suitable kinetic expression, differ-

ent statistical indices can also be used to determine the
quality of regression models. In order to find the most
appropriate model, the following conditions should be
considered [21]: (1) obtained constants must be positive,
(2) coefficients of the equation must obey Arrhenius and
van't Houff rules, and (3) the optimal model is the one
which gives the highest R2.

Result and discussion
Catalyst screening results
Characterization of this catalyst was carried out using
XRD, and the patterns of this catalyst in different stages
of precursor, fresh calcined catalyst (before the test), and
used calcined catalyst (after the test) at H2/CO = 2:1 are
shown in Figure 2. The catalyst precursor was found to
be amorphous. The presence of amorphous phases in
the XRD pattern of the precursor makes the other
phases undetectable. However, the calcined catalyst be-
fore the test showed different phases, and the actual
phases identified in this catalyst were CoSi2 (cubic),
CeO2 (cubic), SiO2 (monoclinic), CeCoSiO2 (tetragonal),
Co2SiO4 (cubic), and Co3O4 (cubic). In order to identify
the changes in the calcined catalyst during the reaction
and to detect the phases formed, the catalyst after the
test was characterized by XRD and its phases were
found to be CoSi2 (cubic), CeO2 (cubic), CoO (cubic), C
(hexagonal), Co2C (orthorhombic), Ce (hexagonal), Co
(hexagonal), and CeC2 (tetragonal). During chemical re-
action, some of the oxidic phases in the calcined catalyst
before the test transformed into metallic and carbide
phases; and in the tested catalyst, there are oxidic and
carbide phases, both of which are active phases in the
FTS. Carbide phase is active in CO hydrogenation.
Formation of this phase with oxidic phases which are ac-
tive to olefins cause high performance of supported SiO2

catalyst [22]. Clearly, the XRD study suggests that the
precursor undergoes morphological changing during cal-
cination and also FTS chemical reaction. However, the
XRD technique may not be sufficiently sensitive to fol-
low the fine details of these changes. Hence, a detailed
SEM study of the precursor and calcined catalysts before
and after the test at the optimum molar feed ratio of 2:1
was undertaken, and their SEM images on different
stages are presented in Figure 3. The SEM observations
showed differences in morphology of the precursor and
calcined catalysts (before and after the test). The elec-
tron micrograph obtained from the catalyst precursor
(Figure 3a) was found to be composed of several
agglomerates of particles and shows that this material is
less dense. After the calcination at 600°C, the morpho-
logical features were different from the precursor sample
and showed that the agglomerate measure was greatly
reduced compared with the precursor (Figure 3b). It
may be due to the calcined catalyst surface that is cov-
ered with small crystallites of cobalt and cerium oxide,
which is in agreement with the XRD results. After FTS
chemical reaction, the catalyst texture and its morph-
ology changed (Figure 3c). However, the size of the
grains in the tested catalyst grew larger by agglomer-
ation, which may be due to sintering after reactions. The
BET surface area, pore volume, and average pore diam-
eter of the catalysts were tabulated in Table 2. As it can
be seen, the calcined catalyst before the test has a higher
specific surface area (79 m2g−1) than its precursor
(75 m2g−1), which is in agreement with the SEM results
showing that the agglomerate size of the calcined cata-
lyst is less compared with its precursor and therefore
leads to an increase in the BET specific surface area of
the calcined sample. The high specific surface area of



Figure 2 XRD patterns of precursor and calcined catalysts (before and after the test). Containing 80%Co/20%Ce/15 wt.% SiO2.
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the fresh catalyst before the test allowed a high degree of
metal dispersion. The obtained results in Table 2 show
that there is no big variation among average pore size
diameters of the catalyst in different stages of the pre-
cursor and calcined samples (before and after the test).

Development of kinetic equations
CO hydrogenation in FTS process can be analyzed using
hydrocarbon chain formation mechanism, which is
developed by combining of a number of steps in FTS.
The multi-compound product depicts an affluent source
of information about the events on the active site by per-
forming high compositional order. Kinetic modeling of
the interconnection of surface reaction is an essential
step at this point. The mechanism of the hydrocarbon
formation during the FTS has been reviewed and dis-
cussed by several authors [13,16,23]. On the basis of the
nature of CO adsorption and chain initiator intermedi-
ates, popular mechanistic proposals include (1) the car-
bide mechanism [24], wherein CO adsorbs dissociatively
and the carbide (Cs) is the chain initiator intermediate,
and (2) the enolic mechanism [25], which involves
Figure 3 SEM images of the 80%Co/20%Ce/15 wt.% SiO2catalyst. In th
test at H2/CO = 2:1.
molecular adsorption of CO and the formation of an
oxygen intermediate, the enol (HOCs). In the former
mechanism, simultaneous dissociative adsorption of CO
and H2 is followed by the hydrogenation of adsorbed
carbon by adsorbed hydrogen in a stepwise manner to
give methane and higher hydrocarbons. In the latter
mechanism, the dissociative adsorption of H2 and mo-
lecular adsorption of CO are followed by the hydrogen-
ation of adsorbed carbon monoxide by adsorbed
hydrogen to form an oxygenated intermediate, which
reacts with another adsorbed hydrogen to form water
and adsorbed carbon, and the reaction of the resulting
carbon with adsorbed hydrogen as in the carbide mech-
anism. For derivation of the LHHW rate expressions,
several assumptions were made: (a) The intrinsic reac-
tion rates are proportional to the surface coverage of
reactants; (b) CO consumption and -CH2 preparation
reaction have one irreversible limiting step, and the
other steps were assumed to be quasi-equilibrium; (c)
considering steady-state conditions, mediums do not ac-
cumulate on the catalyst surface; (d) due to catalyst dilu-
tion with quartz, GHSV > 2,700 h−1 utilization, and low
e (a) precursor,(b) catalyst before the test, and (c) catalyst after the



Table 2 BET results of the precursor and calcined
catalysts (before and after the test) containing
80%Co/20%Ce/15wt.%SiO2

Catalyst Specific surface area
(m2 g−1)

Pore volume
(cm3 g−1)

Pore size (Å)

Precursor 75.2 2.86 × 10−2 58.41

Fresh calcined 79.4 6.23 × 10−2 56.73

Used calcined 53.4 4.63 × 10−2 60.18

Table 3 Elementary reaction mechanism set for FTS

Model Number Elementary reaction

FT-I 1 CO + 2s ↔ Cs + Os

2 H2 + 2s ↔ 2Hs

3 Cs + Hs ↔ HCs + s

4 HCs + Hs ↔ H2Cs + s

5 Os + Hs → HOs + s

6 HOs + Hs → H2O + 2s

FT-II 1 CO + s ↔ COs

2 H2 + 2s ↔ 2Hs

3 COs + s ↔ Cs + Os

4 Cs + H2 ↔ CH2s

5 Os + H2 → H2Os

FT-III 1 CO + s ↔ COs

2 COs + H2 ↔ H2COs

3 H2COs + H2 ↔ CH2s + H2O

4 H2 + 2s ↔ 2Hs

FT-IV 1 CO + s ↔ COs

2 H2 + 2s ↔ 2Hs

3 COs + Hs ↔ HCOs + s

4 HCOs + Hs ↔ Cs + H2O + s

5 Cs + Hs ↔ CHs + s

6 CHs + Hs ↔ CH2s + s

7 Os + Hs → HOs + s

8 HOs + Hs → H2O + 2s
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conversion, the operation is assumed to be isothermal;
(e) catalysts are fixed and uniformly distributed; (e) the
elementary adsorption of hydrogen and carbon monox-
ide in quasi-equilibrium state within the concentration
of gas phase; (f ) water is removed irreversibly after CO
decomposition; and (g) CO surface concentration is
higher compared with hydrogen due to the more diffi-
cult adsorption of CO over cobalt catalyst. CO and car-
bon concentrations are assumed to be dominant
concentrations [26-29].
In order to derive rate equations to be adjusted with

the data in Table 1, we used the LHHW theory to obtain
kinetic models. According to this theory, a reaction
mechanism should be adopted. Four mechanisms were
offered on the basis of various monomer formations
(elementary reactions) and carbon chain distribution
pathways. An elementary reaction set on sites for each
model is summarized in Table 3.
To derive each kinetic model, one of the elementary

reaction (in some case, two or three) steps was assumed
as rate-determining step (RDS), and all other steps were
considered at equilibrium. Then, all of the models
obtained were fitted separately against the experimental
data. In the interest of conciseness, only certain selected
kinetic models are reported in Table 4.
For example, derivations of the rate equation for FT-

IV-2 and FT-I-1 are explained here. The rate expression
of the rate-determining step for the FT-IV-2 model,
where dissociative H2 adsorption was the rate-limiting
step, can be expressed as irreversible adsorption:

�rCO ¼ k2 PH2θS
2 ð6Þ

where −rCO is the rate of disappearance of CO, k2 is the
forward rate constant for hydrogen dissociative adsorp-
tion, PH2 is hydrogen partial pressure in the gas, and θS is
the empty space fraction. The fraction of vacant sites, θS,
can be calculated from the following balance equation:

θS þ θCO þ θH þ θHCO þ θC þ θCH þ θCH2 þ θO
þ θOH

¼ 1: ð7Þ

Hydrogen and carbon monoxide adsorbed dissocia-
tively on cobalt catalyst, but depending on the catalyst
and reaction condition and the extent of dissociation of
CO, their adsorption is varied [30]. However, CO is
adsorbed more strongly than hydrogen [31]. In this case,
it is assumed that only CO occupies a significant fraction
of the total number of sites. Other species were assumed
to be negligible in the stoichiometric balance:

θS þ θCO ¼ 1: ð8Þ

The surface coverage of carbon monoxide is calculated
from the site balance and the preceding reaction steps
which are at quasi-equilibrium:

COþ S ↔
kads;CO

COs ð9Þ

kads;CO PCO θS � kdes;CO θCO ¼ 0 ð10Þ

θCO ¼ K1 PCOθS ð11Þ

K1 ¼ kads;CO
kdes;CO



Table 4 Reaction rate expressions for the FTS, rFT
(mmol gcat

−1 min−1)

Model of rate controlling Rate equation

FT-I-1 k PCO

1þaP1=2CO þbP1=2H2

� �2

FT-I-2
k PH2

1þaP1=2CO þbP1=2H2

� �2

FT-I-3
k P1=2CO P1=2H2

1þaP1=2CO þbP1=2H2

� �2

FT-I-4
k P1=2CO P3=4H2

1þaP1=2CO P�1=4
H2

þbP1=2H2

� �2

FT-II-1 k PCO
1þaP1=2COð Þ

FT-II-2
k PH2

1þaP1=2COð Þ2

FT-II-3 k PCO

1þaP1=2COð Þ2

FT-II-4
k P1=2CO PH2
1þaP1=2COð Þ

FT-III-1 k PCO
1þaPCOð Þ

FT-III-2
k PCOPH2
1þaPCO

FT-III-3
k PCOP2H2
1þaPCO

FT-IV-1 k PCO
1þaPCOþbP1=2H2

FT-IV-2
k PH2

1þaPCOð Þ2

FT-IV-3
k PCOP

1=2
H2

1þaPCOþbP1=2H2

� �2

FT-IV-4
k PCOPH2

1þaPCOþbPCOP
1=2
H2

� �2
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where K1 is the equilibrium constant of the CO adsorp-
tion step. Substituting Equation 11 into Equation 8, the
ratio of free active site can be expressed as:

θS ¼ 1
1þ K1 PCO

ð12Þ

Substituting the fraction of vacant sites into Equation 6,
the final rate expression is obtained as follows:

�rCO ¼ k PH2

1þ aPCOð Þ2 : ð13Þ

In the same way, the surface fractions (θ) and the final
kinetic models would be obtained briefly.
The rate expression of the RDS for model FT-I-1 can
be expressed as follows:

�rCO ¼ k1PCOθ
2
S ð14Þ

where k1 is the forward rate constant for carbon monox-
ide dissociative adsorption, and PCO is carbon monoxide
partial pressure in the gas. It is assumed that Cs, Os,
and Hs are the abundant surface species, and catalyst
site balance is as follows:

θS þ θC þ θO þ θH ¼ 1 ð15Þ

K1 ¼ k1
k�1

¼ θCθO
PCOθ

2
S

ð16Þ

K2 ¼ k2
k�2

¼ θ2H
PH2θ

2
S

: ð17Þ

From Equation 16,

θO ¼ K1PCOθ
2
S

θC
; ð18Þ

and from Equation 17,

θH ¼ K 0:5
2 P0:5

H2
θS: ð19Þ

In steady state, the consumption rate of carbon in stage
3 is equal to the elimination rate of oxygen by stage 5, so

k3θCθH ¼ k5θOθH⇒θC ¼ k5
k3

θO: ð20Þ

By substituting Equation 18 in Equation 20,

θC ¼ k5
k3

θO ¼ k5
k3

K1PCOθ
2
S

θC

� �
⇒θC

¼ k5K1

k3

� �0:5

P0:5
COθS; ð21Þ

and by substituting Equation 21 in Equation 18,

θO ¼ K1PCOθ
2
S

θC
¼ K1PCOθ

2
S

k5K1
k3

� �0:5
P0:5
COθS

⇒θO

¼ k3K1

k5

� �0:5

P0:5
COθS: ð22Þ
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By substituting Equations 19, 21, and 22 into the site
balance equation, the concentration of free active sites
will be as follows:

θS ¼ 1

1þ k5K1
k3

� �0:5
þ k3K1

k5

� �0:5� �
P0:5
CO þ K0:5

2 P0:5
H2

;

ð23Þ

and finally, the rate equation will be as follows:

�rCO ¼ k1PCO

1þ k5K1
k3

� �0:5
þ k3K1

k5

� �0:5� �
P0:5
CO þ K 0:5

2 P0:5
H2

� �2

¼ k PCO

1þ aP0:5
CO þ bP0:5

H2

� �2 ð24Þ

where k = k1, a ¼ k5K1
k3

� �0:5
þ k3K1

k5

� �0:5� �
; and b = K2

0.5.

Similar derivations were also made for the other mod-
els shown in Table 4. It can be seen that the pressure de-
pendency of CO and H2on the numerator ranges from
1:2 to 1 and 1:2 to 2, respectively. The denominator is
quadratic in case of a dual-site elementary reaction, in
contrast to a single-site rate-determining step. The de-
nominator consists of the individual contribution of sig-
nificantly abundant species on the catalyst surface.
Table 5 Estimated values of the statistical indicators for the F

Model Kinetic parameter

k0 (x) (mmol g−1

min−1 barx)
a0 (x) (bar

x) ΔHa

(kJ mol−1)
b0 (x) (bar

x

FT-I-1 0.11 (−1) 18.29 (−1/2) 12.25 −91.54 (−1/2

FT-I-2 2.4E + 03 (−1) 137.35 (−1/2) 7.21 27.05 (−1/2)

FT-I-3 0.61 (−1) −15.41 (−1/2) 4.87 −0.0004 (−1/

FT-I-4 7.1E + 03 (−5/4) 47.59 (−1/4) 10.02 1.3E + 04 (−1

FT-II-1 9.50 (−1) 1.7E + 04 (−1/2) 40.65

FT-II-2 106.97 (−1) 24.43 (−1/2) 1.05

FT-II-3 765.28 (−1) 1.9E + 03 (−1/2) 5.85

FT-II-4 47.34 (−3/2) 86.79 (−1/2) 50.13

FT-III-1 12.87 (−1) 6.27 (−1) 33.68

FT-III-2 189.18 (−2) 346.87 (−1) 50.04

FT-III-3 2.14E + 06 (−3) 1.7E + 03 (−1) 27.64

FT-IV-1 0.11 (−1) 213.73 (−1) −13.84 −213.73 (−1/

FT-IV-2 8.38 (−1) 15.24 (−1) −6.55

FT-IV-3 0.28 (−3/2) 6.42 (−1) 1.24 −18.71 (−1/2

FT-IV-4 7.68 (−2) 5.85(−1) 10.47 −226.57(−1/2
Model parameters and model discrimination
CO consumption rate was obtained from the data in
Table 1 by using the differential method of data analysis.
The kinetic data presented in Table 1 for CO conversion
were used for testing the 15 models listed in Table 4.
The least square method and nonlinear regression ana-
lysis based on the summarized values in Table 1 were
used to determine the kinetic model parameters from
the experimental data provided in Table 2. Arrhenius
and adsorption equations were substituted in kinetic
models: Equations 25 and 26 were substituted for k and
a, respectively.

k ¼ k0 exp
�E
RT

� �
ð25Þ

a ¼ a0 exp
ΔH
RT

� �
: ð26Þ

According to the statistical results obtained by insert-
ing the data and models, the best model can be selected.
Table 5 shows the statistical indicators for the FT kinetic
models. Based on the statistical criteria and other condi-
tions [21], and also by comparing the values of R2,
RMSD, and variance, it was recognized that FT-IV-2 is
the most appropriate model, which was developed based
on enolic mechanism. The model FT-IV shows that the
dominant mechanism on the catalyst surface is based on
the dissociation of hydrogen with associative adsorbed
CO and forming methyl monomers. Although in other
studies on cobalt catalyst the dominant mechanism was
carbide mechanism, it can be concluded that on
T kinetic models

Statistical indicator

) ΔHb

(kJ mol−1)
E

(kJ mol−1)
R2 RMSD (10−12) Variance (10−7)

) 7.07 −11.27 0.91 5.25 8.328

7.54 8.49 0.89 5.05 7.578

2) 36.72 2.05 0.78 11.26 38.37

/2) −18.76 9.86 0.82 10.31 32.13

−33.58 0.33 28.06 211.8

22.22 0.94 5.13 7.071

−5.88 0.16 22.34 134.2

−26.36 0.56 16.15 70.11

−27.91 0.16 22.34 134.2

−26.28 0.56 16.15 70.11

13.68 0.08 23.35 146.6

2) −12.26 25.89 0.93 5.65 9.675

31.57 0.98 5.05 6.858

) −5.09 15.94 0.81 5.16 7.726

) −48.91 4.394 0.95 5.28 8.417



Figure 4 Parity plot of the experimental and calculated CO
consumption rates for FT-IV-2.
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bimetallic cobalt catalysts, carbon dissociation of CO
cannot be done alone. In our previous research on
titania-supported Co-Mn catalyst [2], forming the mono-
mer CH2 was done by reaction of adsorbed CO and
hydrogen in two steps, which was assumed as the dom-
inant mechanism. Also, Keyser [32] observed through a
study on bimetallic Co-Mn oxide catalyst that a reaction
rate equation for the FT reaction based on the enolic
mechanism gave results which were marginally better
than the results based on the carbide mechanism.
Figure 4 shows a comparison between the experimen-

tal data and predicted results of the optimal kinetic
model. The solid line in the figure denotes that the cal-
culated −rCO is equal to the experimental one, and the
dotted lines over and under the solid line represent 10%
deviation. The experimental results were found to be in
good agreement with the kinetic model showing about
10% deviation. Therefore, there are appropriate fitting

by the LHHW approach in the form of �rCO ¼
k PH2= 1þ aPCOð Þ2. As it has been shown in Table 5 for
the best-fitted model (FT-IV-2), the value 31.57 kJmol−1

for the activation energy of the Fischer-Tropsch reac-
tion is close to the results reported by Atashi et al. [2].

Experimental
In the present work, we attempted to investigate the kin-
etics and mechanism of the CO hydrogenation on the
silica-supported Co-Ce catalyst, which was prepared by
co-precipitation procedure. For the kinetic study, a series
of statistically representative kinetic data was obtained
on a well-characterized silica-supported catalyst over a
range of commercial reaction conditions. The kinetics of
Fischer-Tropsch reaction was studied, and the rate
expressions were tested against experimental data that
were obtained on some selected catalysts.

Materials and processing
The catalyst tested in this study, containing 80%Co/20%
Ce/15wt.%SiO2 which was performed optimally for the
conversion of synthesis gas to light olefins [33], was pre-
pared using co-precipitation procedure. Aqueous solu-
tions of Co(NO3)2·6H2O (0.5 M) (99%, Merck, White
house Station, NJ, USA) and Ce(NO3)3·6H2O (0.5 M)
(99%, Merck) with different molar ratios were premixed,
and the resulting solutions were heated to 70°C in a
round-bottomed flask fitted with a condenser. Aqueous
Na2CO3 (0.5 M) (99.8%, Merck) was added dropwise to
the mixed nitrate solution with stirring while the
temperature was maintained at 70°C until pH 8 ± 0.1
was achieved. The aged precipitate (120 min) was then
filtered and then washed several times with warm dis-
tilled water. The precipitate was then dried in an oven at
120°C for 16 h to form a material denoted as the catalyst
precursor, which was subsequently calcined in static air
in a furnace at 600°C for 6 h to obtain the final catalyst.
Then, for the preparation of SiO2-supported catalyst, the
optimal amount of 15 wt.% of SiO2 based on the total
catalyst weight was added to the mixed solution of co-
balt and cerium nitrates with the molar ratio of 80%Co/
20%Ce and then filtered, washed, dried at 120°C, and
calcined at 600°C for 6 h, in the same way as for the un-
supported catalyst preparation.

Conclusions
Cobalt-cerium catalyst is an effective catalyst for the hy-
drogenation of carbon monoxide to light olefins. Experi-
ments for the kinetic of Fischer-Tropsch reaction
(hydrocarbon formation) were carried out over the co-
precipitated silica-supported Co-Ce catalyst in a fixed-
bed micro-reactor over a range of operating conditions.
The kinetic models of FTS reaction over a well-
characterized 80%Co/20%Ce/15wt.%SiO2 catalyst, which
is used as an optimized catalyst of the process, were
studied. The data of this study are best fitted by the

simple LHHW approach rate of the form �rCO ¼
k PH2= 1þ aPCOð Þ2 which was developed based on eno-
lic mechanism. The values of the kinetic constants were
obtained, and the activation energy was found to be
31.57 kJmol−1 for the best model.
Nomenclature
dp, particle diameter (m); E, activation energy (kJ mol−1);
F, molar flow rate (mmol min−1); K, kinetic equation; L,
length of the catalytic bed (m); Pi, partial pressure of compo-
nent i (bar); R, universal gas constant (8.314 J K−1 mol−1);
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RMSD, root mean of standard deviation; R2, a parameter
for goodness of fit; T, temperature (°C); W, catalyst mass
(g); ΔH, heat of adsorption (kJ mol−1); −rCO, rate constant
of the reaction (mmol gcat

−1 min).

Greek symbols
θ, surface fraction; σ, variance.
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