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Abstract

The U.S. Department of Energy (DOE) is promoting the development of ethanol from
lignocellulosic feedstocks as an alternative to conventional petroleum-based transportation fuels.
DOE funds both fundamental and applied research in this area and needs a method for predicting
cost benefits of many research proposals. To that end, the National Renewable Energy
Laboratory (NREL) has modeled many potential process designs and estimated the economics of
each process during the last 20 years.

This report is an update of the ongoing process design and economic analyses at NREL. We
envision updating this process design report at regular intervals; the purpose being to ensure that
the process design incorporates all new data from NREL research, DOE funded research and
other sources, and that the equipment costs are reasonable and consistent with good engineering
practice for plants of this type. For the non-research areas this means using equipment and
process approaches as they are currently used in industrial applications.

For the last report', published in 1999, NREL performed a complete review and update of the
process design and economic model for the biomass-to-ethanol process utilizing co-current dilute
acid prehydrolysis with simultaneous saccharification (enzymatic) and co-fermentation. The
process design included the core technologies being researched by the DOE: prehydrolysis,
simultaneous saccharification and co-fermentation, and cellulase enzyme production. In addition,
all ancillary areas—feed handling, product recovery and purification, wastewater treatment
(WWT), lignin combustor and boiler-turbogenerator, and utilities—were included. NREL
engaged Delta-T Corporation (Delta-T) to assist in the process design evaluation, the process
equipment costing, and overall plant integration. The process design and costing for the lignin
combustor and boiler turbogenerator was reviewed by Reaction Engineering Inc. (REI) and
Merrick & Company reviewed the wastewater treatment.

Since then, NREL has engaged Harris Group (Harris) to perform vendor testing, process design,
and costing of critical equipment identified during earlier work. This included solid/liquid
separation and pretreatment reactor design and costing. Corn stover handling was also
investigated to support DOE’s decision to focus on corn stover as a feedstock for lignocellulosic
ethanol. Working with Harris, process design and costing for these areas were improved through
vendor designs, costing, and vendor testing in some cases. In addition to this work, enzyme costs
were adjusted to reflect collaborative work between NREL and enzyme manufacturers (Genencor
International and Novozymes Biotech) to provide a delivered enzyme for lignocellulosic
feedstocks. This report is the culmination of our work and represents an updated process design
and cost basis for the process using a corn stover feedstock.

The process design and economic model are useful for predicting the cost benefits of proposed
research. Proposed research results can be translated into modifications of the process design,
and the economic impact can be assessed. This allows DOE, NREL, and other researchers to set
priorities on future research with an understanding of potential reductions to the ethanol
production cost.

To be economically viable, ethanol production costs must be below market values for ethanol.
DOE has chosen a target ethanol selling price of $1.07 per gallon as a goal for 2010. The
conceptual design and costs presented here are based on a 2010 plant start-up date. The key
research targets required to achieve this design and the $1.07 value are discussed in the report.
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l. Introduction

The U.S. Department of Energy (DOE) is promoting the development of ethanol from
lignocellulosic feedstocks as an alternative to conventional petroleum transportation fuels.
Programs being sponsored by DOE range from fundamental and applied research for developing
better cellulose hydrolysis enzymes and ethanol-fermenting organisms, to engineering studies of
potential processes, to co-funding initial biomass-to-ethanol demonstration and production
facilities. This research is being conducted by various national laboratories, including the
National Renewable Energy Laboratory (NREL) and Oak Ridge National Laboratory (ORNL), as
well as by universities and private industry. Engineering and construction companies and
operating companies are generally conducting the engineering work.

There are two primary reasons for NREL to investigate the complete process design and
economics of lignocellulosic ethanol plants. First, this effort helps to direct research by
developing a benchmarking case for the current conceptual process design. Once the benchmark
case is developed, the proposed research and its anticipated results are translated into a new
design, the economics (the anticipated results of proposed research) are determined, and this new
information is compared to the benchmark case. Following this process for several proposed
research projects allows DOE to make funding decisions based on which projects have the
greatest potential to lower the cost of ethanol production. Complete process design and
economics are required for such studies because a new proposal in one research area may have a
large effect on another process area that is not generally part of the research program, such as
product recovery or waste treatment. The impact on other areas of the process can have a
significant impact on the economics of the proposed research.

Second, this investigation allows us to develop an absolute cost of the production of ethanol
based on process and plant design assumptions. In reviewing and establishing research directions,
only relative cost differences are important. However, to be able to compare the economics of
ethanol with other fuels, the absolute cost is required. An absolute cost is also needed to study
the potential ethanol market penetration of the lignocellulosic biomass to ethanol process. Thus,
we are making the best possible attempt to develop cost estimates that are consistent with
applicable engineering, construction, and operating practices for facilities of this type. To do so,
the complete process, including newly researched areas and industry-available process
components must be designed and their costs determined. For the current level of design
knowledge, we consider the capital cost estimate to be at the conceptual level.

To improve the plant cost estimates that affect the absolute cost of ethanol production, NREL
contracts with companies such as Harris Group (Harris) and Delta-T Corporation (Delta-T) to
assist in preparing, reviewing, and estimating costs for the process designs. Delta-T worked with
NREL process engineers in 1998-99 to review all the process design and equipment costs (with
the exclusion of wastewater treatment and the combustor-boiler system, which were reviewed by
Merrick Engineering” and Reaction Engineering, Inc.” [REI], respectively). At the conclusion of
these efforts, the first design report was published'.

As a result of the NREL/Delta-T work, several areas were identified that required more extensive
study. Therefore, NREL worked with Harris to perform vendor testing, corrosion testing, process
design, and costing of critical equipment identified from the earlier work. This included
solid/liquid separation equipment and pretreatment reactors. Corn stover handling was also
investigated to support DOE’s decision to focus on stover in its efforts to commercialize
lignocellulosic ethanol. Working with Harris, process design and costing for these areas was



improved. At the same time, DOE partnered with the two largest enzyme manufacturers in the
world (Genencor International and Novozymes Biotech) to reduce the cost of cellulase enzymes
by a factor of 10. It is assumed that these companies will produce the enzymes and sell them to
ethanol producers. Therefore, the ethanol plant will no longer be responsible for enzyme
production but will purchase them from off-site. This report is the culmination of this work and
represents an updated process design and cost basis for the process using a corn stover feedstock.

To be economically viable, ethanol production costs must be below market values for ethanol.
DOE has chosen a target ethanol selling price of $1.07 per gallon as a goal for 2010. The
conceptual design and costs presented here are based on a 2010 plant start-up date. The key
research targets required to achieve this design and the $1.07 value are discussed in the report.

We envision that this conceptual process design will be updated via an on-going process, and that
reports will be released at regular intervals. The purpose is to ensure that the process design
incorporates all new data from NREL research, DOE funded research and other sources, and that
the equipment costs are reasonable and consistent with good engineering practice for plants of
this type. For the non-research areas this means using equipment and process approaches as they
are currently being used in industrial applications.



1.1 Approach

Developing a model that describes the chemical conversion process and its economics requires
information from many different arenas. Figure 1 describes the approach used here for modeling
the conversion of biomass to ethanol.

/ Process Flow Diagrams

Engineering Co. Consulting DOE/NREL Sponsored
on Process Configuration Research Results

Rigorous Material & /

Energy Balance

/ ASPEN Plus Software \
Outside Engineering

Estimates of Other Studie_s, e.d., Feec!
Commercial Technology Handling, Separations

Y

ICARUS . . .
. . Capital & Project Vendor Equipment
Cost§ E?I‘:’lvmratlon > Cost Estimation <€ Cost Quotations

Engineering Co.
Cost Estimations

Discounted Cash Flow
Economic Model

Y

Minimum Ethanol
Selling Price

Figure 1. NREL's Approach to Process Design and Economic Analysis

The first step to any conceptual process design is to develop a set of process flow diagrams
(PFDs). Appendix F contains the PFDs developed for this study. Using the arrangement of the
equipment shown, a mass and energy balance was developed within an ASPEN Plus* model.
This model consists of 164 unit operation blocks, 457 streams (247 material and 210 heat or
work), 63 components, and 82 control blocks. The overall model is thermodynamically rigorous
and uses physical properties that are included in the ASPEN modeling software as well as
property data developed at NREL’. The individual unit models are thermodynamically consistent
and can be either rigorous (for example, the simulation of the distillation) or simple. The reactors
could be modeled with kinetic expressions, but because of the level of development of the



experimental data, they were modeled as experimentally determined conversions of specific
reactions. The chemical formulas for atypical compounds (not included in the ASPEN modeling
software) are listed in Appendix H. This type of model still satisfies the rigorous mass and
energy balance. Other unit operations, such as liquid-solid separations, are typically modeled
with fixed solids removal and liquid retention (in the solids stream) data from vendor tests.

Using the PFDs and the mass and energy balance information from the ASPEN model, we
developed specifications for each piece of equipment. The equipment specifications (and cost
estimate) are detailed in the NREL process database (see Appendix A). Finally, within each
equipment specification, we developed individual purchased equipment and installation costs.

Equipment costs were obtained from vendor quotations when possible, especially for uncommon
equipment such as pretreatment reactors. These costs reflect the base case for which the
equipment was designed. If process changes are made and the equipment size changes, the
equipment is not generally re-costed in detail. Using the following exponential scaling
expression, the cost was determined by scaling based on the new size or other valid size related
characteristic.

% exp
New Cost = Original Cost ( New Size j

Original Size*

* or characteristic linearly related to the size

If the size of the equipment is known to change linearly with the inlet flow, that information can
be used for scaling. Another characteristic of the size might be the heat duty for a heat exchanger
if the log-mean temperature difference is known not to change. Generally these related
characteristics are easier to calculate and give the same result as resizing the equipment each
time. For some equipment, nothing can be easily related to the size, so it must be resized with
each process change. Heat exchangers with varying temperature profiles are one example. In
this case, the heat exchanger area is calculated each time the model is run and the cost is scaled
using the ratio of the new and original areas.

The scaling exponent (exp) was obtained from vendor quotes (if two quotes at different sizes
were obtained), Harris, or from a standard reference, such as Garrett.® The installation costs were
primarily taken from Delta-T’s experience and are explained in more detail in the process
economics section (Section III).

Once the scaled, installed equipment costs were determined, we applied overhead and
contingency factors to determine a total plant investment cost. That cost, along with the plant
operating expenses (generally developed from the ASPEN model) was used in a discounted cash
flow analysis to determine the cost of ethanol production, using a set discount rate. For the
analysis done here, the ethanol production cost is the primary value used to compare designs.

Development of alternative designs is very useful in evaluating research proposals. Scenarios,
based on technologies that might be developed after several years of research, are translated to
process designs and the cost of ethanol production is evaluated. These projections are only as
good as the estimation of the future technology developments.

Even though one aim of this work was to develop the absolute cost of ethanol for comparison to
other fuels, it should be noted that ethanol and possibly electricity are the only products of these
conceptual process designs. It is likely that smaller volume, niche products will emerge, such as
products from the biomass-derived sugars that will have a significantly higher profit margin than



fuel-grade ethanol. When these other products and their selling prices are figured into the
analysis, the cost of ethanol may decrease, just as the cost of gasoline is reduced by the sale of
other petroleum refinery products. Likewise, co-location with existing producers of ethanol,
power, or some other equally synergistic product slate will likely reduce the cost of ethanol.

1.2 Process Overview

The process being analyzed here can be described as using co-current dilute acid prehydrolysis of
the lignocellulosic biomass with enzymatic saccharification of the remaining cellulose and co-
fermentation of the resulting glucose and xylose to ethanol. The process design also includes
feedstock handling and storage, product purification, wastewater treatment, lignin combustion,
product storage, and all other required utilities. In all, the process is divided into eight areas (see
Figure 2).

The feedstock, in this case corn stover (comprised of stalks, leaves, cobs, and husks), is delivered
to the feed handling area (A100) for storage and size reduction. From there the biomass is
conveyed to pretreatment and detoxification (A200). In this area, the biomass is treated with
dilute sulfuric acid catalyst at a high temperature for a short time, liberating the hemicellulose
sugars and other compounds. Separation with washing removes the acid from the solids for
neutralization. Overliming is required to remove compounds liberated in the pretreatment that are
toxic to the fermenting organism. Detoxification is applied only to the liquid portion of the
hydrolysis stream.

Enzymatic hydrolysis (or saccharification) coupled with co-fermentation (A300) of the detoxified
hydrolyzate slurry is carried out in continuous hydrolysis tanks and anaerobic fermentation tanks
in series. A purchased cellulase enzyme preparation is added to the hydrolyzate in the hydrolysis
tanks that are maintained at a temperature to optimize the enzyme’s activity. The fermenting
organism Zymomonas mobilis is first grown in a series of progressively larger batch anaerobic
fermentations to make enough cells to inoculate the main fermenters. The inoculum, along with
other nutrients, is added to the first ethanol fermenter along with the partially saccharified slurry
at a reduced temperature. The cellulose will continue to be hydrolyzed, although at a slower rate,
at the lower temperature. After several days of separate and combined saccharification and co-
fermentation, most of the cellulose and xylose will have been converted to ethanol. The resulting
beer is sent to product recovery.

Product recovery (A500) involves distilling the beer to separate the ethanol from the water and
residual solids. A mixture of nearly azeotropic water and ethanol is purified to pure ethanol using
vapor-phase molecular sieve. Solids from the distillation bottoms are separated and sent to the
boiler. Concentration of the distillation bottoms liquid is performed by evaporation, using waste
heat. The evaporated condensate is returned to the process and the concentrated syrup is sent to
the combustor.

Part of the evaporator condensate, along with other wastewater, is treated by anaerobic and
aerobic digestion (A600). The biogas (high in methane) from anaerobic digestion is sent to the
combustor for energy recovery. The treated water is suitable for recycling and is returned to the
process.

The solids from distillation, the concentrated syrup from the evaporator, and biogas from
anaerobic digestion are combusted in a fluidized bed combustor (A800) to produce high-pressure
steam for electricity production and process heat. The majority of the process steam demand is in
the pretreatment reactor and distillation areas. Generally, the process produces excess steam that
is converted to electricity for use in the plant and for sale to the grid.
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1.3 Plant Size

In establishing the appropriate size of a plant, we must consider the effects of a number of
tradeoffs. Savings resulting from economies of scale (see discussion in section I.1) are offset by
increased costs for feedstock transportation. Put quite simply, the more feedstock a plant
demands, the farther out it must go to get it. Collection distance for a plant is highly site specific,
but a simple analysis can be done to understand the range of plant sizes for which overall costs
and the impact of feedstock transport are minimal. This requires understanding both the cost of
feedstock transportation and the effect of plant size on capital and fixed operating costs for the
ethanol plant.

On average, in the process industries, capital cost for equipment increases as a function of size or
throughput according to the power law equation shown in section 1.1 with an exponent of around
0.6. This means that, per unit of output, the cost of capital can drop dramatically for larger scale
operations. An exponent of 1 would mean linear scaling is taking place. An exponent less than 1
means that the capital cost per unit size decreases as the equipment becomes larger. This concept
is sometimes termed “economies of scale”. Economies of scale diminish when the equipment is
as large as possible and multiple pieces of equipment become necessary.

In 1991, NREL first evaluated the size of an ethanol plant for our standard design by looking at
the trade off between economies of scale and increased cost of delivering feedstock.” That study
compared a plant size of around 1,750 metric tons (1 MT is 1,000 kg) or 1,920 short tons (1 ST is
2000 1b) per day to one of 9,090 MT (10,000 ST), assuming an additional $2/ton transport costs
for the larger plant size. In this report, we have repeated that analysis in a more rigorous way to
see if a plant size of 2,000 MT per day is appropriate in the current design for converting corn
stover to ethanol.

1.3.1 Effect of Plant Size on Collection Distance

NREL and ORNL recently completed a life cycle analysis of corn stover-derived ethanol.® As
part of that study, researchers at ORNL used a GIS model known as ORIBUS to estimate energy
demands, environmental flows and costs for collection and transportation of corn stover in the
state of lowa (Figure 3). The premise of this study was that the maximum amount of stover that
could be collected should be constrained by soil erosion considerations. An analysis of the
effects of stover removal on soil erosion found that, for Iowa farmers using low or no till
practices and who are producing corn continuously on their land, an average of two metric tons
(MT) per acre of stover can be removed without causing erosion rates to exceed USDA’s
tolerable soil loss limits. ORIBUS was used to estimate transportation costs for a total of 35
potential ethanol plants sized to handle 2,000 MT (2,205 ST) per day of corn stover.

Though the life cycle study of corn stover-derived ethanol in Iowa did not look at the effect of
locating plants of different sizes, we can use the results of this study to calibrate a much simpler
analysis of stover transportation costs in order to understand the trade-offs of transportation costs
and savings due to economies of scale.
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Figure 3. GIS Model results showing the location of 35 2000 MT/d ethanol plants in lowa

For this analysis, we need to estimate the distance traveled to collect corn stover, which,
obviously, increases as the size of the plant increases. We estimate the collection distance as the
radius of a circle around the plant within which the stover is purchased. The area of this circle is
a function of the residue that can be collected per acre, the fraction of surrounding farmland from
which stover can be collected and the fraction of farmland dedicated to crops (versus
infrastructure):

Ar CaAcollection — (Dstovcr/ (Ystovcr*Favailablcacrcs*F landincrops)

Where:
Areacoection 18 the circle of collection around the plant

Dgiover 18 the annual demand for stover by an ethanol plant

Ysiover 18 MT stover collected per acre per year

Fvailableacres 1S the fraction of total farmland from which stover can be collected
Flandincrops 18 the fraction of surrounding farmland containing crops

The last two items warrant further explanation. In this simplified analysis we presume that the
plant is located in the middle of corn farmland. Even so, not all of the land on a farm is available
for planting crops. We assume that 25% of the land is tied up in infrastructure (e.g., roads and
buildings), leaving 75% of the farm acres actually planted in corn. Thus, Fangincrops 15 taken to be
0.75. Furthermore, we do not assume that all of the farms around the ethanol plant will want or
be able to participate in the collection and sale of their corn stover. Thus, Fayaiublcaces 1S @
parameter we vary in the analysis.



Figure 4 shows the radius of collection around the plant for different levels of access to acres for
collection, assuming a maximum yield of 2 MT per acre (as found in the lowa life cycle study).
100% access represents a scenario in which all farmers are practicing no till, growing corn
continuously, and are willing to sell their stover. This is a highly unlikely scenario. 50% access
represents a scenario in which farmers split their land between soybean and corn production. This
scenario is also not very realistic because the corn-soybean rotations will not likely permit
sustainable collection at a level of 2 MT (2.2 ST) per acre.
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Figure 4. The Effect of Plant Size on Collection Distance

In the near term, the 10% availability scenario is closer to reality. Low till and no till practices do
not represent a very substantial percentage of tilling practices for corn production in lowa, or any
where in the U.S.; and farmers using more intensive tilling practices will not be able to
sustainably remove stover from their fields. In the future, it is very possible that farmers could be
convinced of the financial, environmental and agronomic benefits of new tilling practices that
lead to stover collection, but this is not a near term scenario.

As a rough rule of thumb, we have assumed that plants would likely not collect corn stover
outside of a 50-mile radius around the plant. For the 10% availability scenario, this 50-mile
radius corresponds to the 2,000 MT per day design we have been using for our process design.
Rather than using a rule of thumb to determine the limits of plant size and collection radius, it
makes more sense to base the plant size on the cost of collection, which we address in the
following sections.



1.3.2 Estimating Corn Stover Costs Today
Collecting biomass for the plant has two main sources of direct costs:

e The cost of baling and staging stover at the edge of the field
e The cost of transportation from the farm to the plant gate

In the past two years, Oak Ridge National Lab has been quantifying the cost of collecting corn
stover assuming the use of existing equipment; and, more importantly, assuming that stover
would be collected in a second pass through the field after the grain has been harvested. We
know that such an approach will not suffice as the industry develops, but it does reflect the costs
that we can anticipate for farmers collecting stover today. Furthermore, we have documented
experience with such collection schemes.’

Figure 5 shows the relative contribution of the sources of costs for stover collection and delivery,
based on an analysis done by ORNL for our corn stover life cycle analysis:
Total Delivered Stover Cost = $62 per dry MT ($56 per dry ST)

Farmer Premium
18%

Transport
23%

K fertilizer
4%

N fertilizer
6%

P fertilizer
2%

Bale and Stage
47%

Figure 5. Typical Breakdown of Corn Stover Costs

These costs represent a specific set of conditions that correspond to the scenario of 100%
availability of acres, maximum levels of stover removal, with all costs averaged across a total of
35 Towa facilities processing 2,000 MT per day, as shown in Figure 3. Baling and staging, at $29
per dry MT ($26 per dry ST), represents almost half the cost of delivered feedstock. The analysis
includes the payment of a premium to farmers of $11 per dry MT ($10 per dry ST). This
payment is above and beyond the cost of stover collection. For a yield of 2 MT per acre (2.2 ST
per acre), this corresponds to a profit of $22 per acre. Informal discussions with the farm
community suggest that $20 per acre is the likely threshold above which farmers would accept
the risk and added work of collecting and selling their residue. Note that we have also included
costs for added fertilizer requirements associated with the loss of nitrogen, potassium and
phosphorous contained in the removed stover. Added fertilizer costs amount to around $8 per dry
MT ($7 per dry ST). Transportation cost in this scenario is $14 per dry MT ($13 per dry ST).

The average costs for transportation and baling costs are somewhat inflated in this analysis
because they include costs for the last plants able to collect stover in lowa. In the GIS analysis
done for the life cycle study, individual 2,000 MT per day plants were located in sequence, with
each new plant located to collect the lowest cost stover supplies. The last few plants have to go
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much farther to obtain stover, and they must collect stover from the least cost effective sources of
residue.

It is important to note that the feedstock costs shown in this section are not the same as the
nominal cost used in the process design economic analysis presented at the end of this report.
This design is built on a series of assumptions tied to the successful achievement of research and
development goals for the conversion technology. We have not yet developed cost-based targets
for reducing the cost of feedstock collection and transport. As a placeholder in the process
economics presented here, we have assumed that the nominal cost of corn stover will be reduced
to around $33 per dry MT ($30 per dry ST) through improved collection (e.g. single pass)
techniques.

One final note about the cost of feedstock—the costs shown here are significantly higher than
cost previously reported in the literature. That is because these costs include a premium paid to
the farmer on top of the cost of collection and increased fertilizer application rates. Some
estimates include no net payment to the farmer; while others include premiums, but assume that
the cost of added fertilizer cost is hidden in the premium payment. One reason why these added
costs for fertilizer and farmer premium have not been addressed is that there is tremendous
uncertainty in these estimates. Nitrogen fertilizer cost, in particular, is hard to get a handle on.
The composition data used to estimate fertilizer loss is sparse. The cost of stover collection
presented here serve as a reasonable basis for testing the sensitivity of ethanol cost to plant size,
but should not be regarded as an accurate assessment of corn stover collection costs.

1.3.3  Effect of Distance on Stover Cost
The only “real life” experience with transporting corn stover that has been documented in the

published literature comes from the efforts by Biomass Agricultural Products (BMAP, LLC) in
Harlan Towa.’
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Figure 6. Hauling Charges for Corn Stover as a Function of Distance

In their collection study, BMAP established a pricing structure for corn stover that included
hauler costs as a function of radial distance from the plant. Those costs are shown in Figure 6. In
our evaluation of the trade-off of the costs of collection and the effect of plant size, we use the
cost breakdown for stover shown in Figure 5, excluding the transportation cost. The linear
relationship between cost and distance reported by BMAP is then substituted to predict a total
cost of delivered corn stover that is a function of distance from the plant.

1.3.4 Cost of Ethanol as Function of Plant Size

The last piece of information required to conduct the analysis for choosing plant size requires
estimates of the annualized cost and non-feedstock related operating costs of the plant. We use
the costs as reported in the section on process economics later in this report (which are based on a
2,000 MT per day design). But, we need to be able to take into account the effect of plant size
(economies of scale). To do this, we need to substitute the annualized costs calculated for the
2,000 MT per day design with an equation that recalculates annualized cost as a function of size
using the power law type of equation for scale factor discussed earlier. In this analysis we used a
capital cost scaling exponent of 0.7, which was calculated by rigorously modeling 2 different
plant sizes and determining the exponent from each plant’s capital cost and feed rate'’.
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Figure 7. Ethanol Cost as a Function of Plant Size for 10% Availability of Corn Acres

Figure 7 shows the minimum selling price for ethanol as a function of plant size for the
conservative, but more likely near term, scenario of collecting stover from only 10% of the corn
acres around the conversion facility. The non-feedstock and feedstock-related cost components
are plotted along with the total cost. This figure demonstrates the nature of the trade-off quite
clearly. The non-feedstock cost curve reflects the conventional wisdom of economies of scale.
An increase in plant size from 2,000 to 10,000 MT per day reduces non-feedstock costs by $0.19
per gallon, savings that seem well worth capturing. But the increased cost of feedstock for the
10,000 MT per day design eliminates $0.13 of these savings. In this scenario, the net savings of
$0.06 is achieved at a plant size between 6,000 and 8,000 MT per day, with no additional cost
savings realized above that size. Plant sizes below the 2,000 MT per day design show rapidly
increasing costs, suggesting that the 2,000 MT per day plant, under the assumed conditions, is a
good choice for the minimum plant size. Thus, for the conservative scenario of collecting stover
from 10% of the corn acres around a conversion plant, the optimal minimum plant size is in the
2,000 to 4,000 MT per day range.

As more acres of corn become available for stover collection, it is possible to increase the range
of optimal plant designs, as shown in Figure 8. When available acres are increased from 10 to
25%, savings in cost due to increased plant size top out at $0.10 per gallon up to a plant size of
10,000 MT per day. For the case of full access to stover on surrounding corn acres, increasing
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plant size from 2,000 to 10,000 MT per day can realize savings of $0.16 per gallon, however, the
lion’s share of these savings are achieved by the time you reach a plant size of 8,000 MT per day.
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Figure 8. Ethanol Price as a Function of Plant Size and % of Available Acres

Another important factor impacting the cost of delivering feedstock is the cost per ton-mile. This
cost is affected by the bulk density of the stover bales, the maximum number of bales per load
and the road infrastructure itself. Lower bulk density and lower load capacity will increase the
number of trips needed to deliver stover. Road infrastructure can be very important, as it impacts
the maximum speed for haulers. The largest cost for hauling is in labor, which increases
inversely as speed limit drops. Figure 9 shows the effect of the cost per ton-mile in the case of
10% access to surrounding corn acres. A 50% increase in hauling cost per ton-mile reduces the
range of optimum plant sizes to 2,000 to 5,000 MT per day (versus 2,000 to 8,000 MT per day for
the 1x cost per ton-mile). At twice the our estimated cost per ton-mile, the range of optimal plant
sizes not only shrinks to a maximum of around 3,000 MT per day, but higher plant sizes actually
see significant increases in the minimum ethanol selling price.

14



$1.80 -

| |

| |

| |

; ; 10% access to
T o surrounding corn acres -~
| |
| |
| |
| |
| |
| |
| |
| |
| |
| |

$1.70 t -

$1.60

$1.50

$1.40

$1.30

Min Ethanol Selling Price ($/gal)

#
-
N
o

$1.10

$1.00 \
0 2000 4000 6000 8000 10000 12000

Plant Size (MT stover per day)

Figure 9. Ethanol Price as a Function of Plant Size and Hauling Cost ($/ton-mile)
1.3.5 Selecting the Right Plant Size

The analysis presented here illustrates the need to understand and improve the technology and
logistics of corn stover collection. Still, even when we consider a wide range of possible
collection scenarios, we see that the minimum plant size of 2,000 MT per day holds reasonably
well. Changes in assumptions about collection, however, can significantly impact the range of
plant sizes over which it may be possible to realize cost savings. But the maximum plant size is
unlikely to be above 8,000 MT per day. A more likely range for designs is 2,000 to 4,000 MT per
day.

It bears repeating that the cost estimates for stover used in this plant size analysis do not
correspond to the nominal feedstock costs assumed in the detailed process design and economics
summarized in this report. For the purposes of the process design, we used a nominal cost of $33
per MT ($30 per ST); meaning that we implicitly assume that research going on at Oak Ridge
National Lab and at USDA will lead to considerable cost reductions. The estimate of stover cost
shown in this section is higher than previously reported stover costs, developed by Oak Ridge
National Lab. ORNL has reported costs of $38 to $55 per MT of stover."' At a delivered cost of
$55 per MT, ORNL reports that almost all of the potential stover supply becomes available.

In addition, the perspective of our studies is that of “nth” plants using high-volume biomass

sources. We assume that these plants are located in the best locations for access to these
feedstocks. In the near term, many of the pioneer plants will rely on niche feedstocks, which are
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often spread out over much larger distances. Such plants may indeed be much smaller in size
than our base case design assumes.

1.4 Feedstock and its Composition

The feedstock chosen for the process design has a significant impact on the overall analysis. The
type of feedstock used will have a large effect on the feedstock-handling portion of the process,
and the composition will certainly have an impact on how much ethanol is produced.

The feedstock used for this analysis was corn stover; Table 1 shows the composition used. This
composition is an average of the analyses of nine samples from two multi-ton batches of corn
stover NREL received from Biomass AgriProducts (B/MAP) for use in lab and pilot studies'’. A
feedstock analysis was converted to components that are used in the ASPEN model and
normalized to 100%. In general, the component analysis of carbohydrates was used directly;
other soluble compounds were combined under “extractives”. The unknown soluble solids
component was used to normalize the composition to 100%; its heat of formation is calculated to
balance the reported heating value of the feedstock with the calculated component heating values.

Table 1. Feedstock Composition'?

Component % Dry Basis
Glucan 37.4
Xylan 21.1
Lignin 18.0
Ash 5.2
Acetate* 2.9
Protein 3.1
Extractives 4.7
Arabinan 2.9
Galactan 2.0
Mannan 1.6
Unknown Soluble Solids** 1.1
Moisture 15.0
* Acetate represents the acetate groups present in
the hemicellulose polymer. They are generally
converted to acetic acid in the prehydrolysis
reactor.
**Unknown soluble solids are calculated by
difference to close the mass balance.

Corn stover can vary in its composition and moisture content due to corn variety, region, weather,
soil type, and harvesting and storage practices. NREL is working to bracket this variability and
understand its effect on the process. Recent preliminary studies on corn variety”” and stover
storage effects'*'” provide a larger range of data; the major constituents’ ranges are shown in
Table 2.
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Table 2. Measured Stover Composition Ranges

Component B/MAP Variety Studies" Storage Studies'* "
batches'

Glucan 36.1-39.1 35.6-38.3 29-41 33.3 +/-2.8

Xylan 19.3-23.3 19.8-23.0 16-27.5 19.5 +/-2.8

Lignin 17.2-18.9 Not reported 14-30 21.1 +/-0.8

The mass balance data on corn stover presented here is preliminary and provides an estimate of
its performance. We expect that as more research data on stover becomes available we will be
able to make the process model more robust, tailoring its unique conversion reactions in the
process to account for stover compositional effects.
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Il Process Design and Cost Estimating

The following sections describe in detail the process design and cost estimation for a biomass-to-
ethanol process based on core technology developed by NREL. Generally, the data used for
design have been demonstrated in the laboratory or pilot plant. In some cases, we extrapolated
current experimental results to take into account anticipated technology advances over the next 1
or 2 years of continued research (these extrapolations are noted in the text). More details of the
design and cost estimation can be found in the NREL process engineering equipment database,
which contains all engineering calculations and results from any vendors or costing programs.
The database is described and partially summarized in Appendix A. Individual equipment
information (costs, number of units, sparing) is listed in Appendix B. Process Flow Diagrams
(PFDs) are contained in Appendix F.

The cost estimate is based on the assumption that this is the “nth” plant, meaning that several
plants using this same technology will have already been built and are operating. This means that
additional costs for risk financing, longer start-ups, and other costs associated with first-of-a-kind
plants are not included.

The on-line time is 96%, which allows for a little more than two weeks of downtime. This was
considered reasonable for an “nth” operating plant.

1.1 Feedstock Storage and Handling — Area 100 (PFD-P110-A101)
1.1 Overview

Corn stover bales are received by the plant on truck trailers. As the trucks are received, they are
weighed and unloaded by forklifts. Some bales are sent to on-site storage while others are taken
directly to the conveyors. From there, the bales are conveyed to an automatic unwrapping system
that cuts away the plastic wrapping and/or net surrounding the bales. The unwrapped bales are
conveyed to a wash table, which both breaks up bales and washes dirt and grit from the corn
stover. The washed stover is then conveyed past a magnetic separator to remove tramp metal,
after which it is introduced to primary and secondary shredders where the material is reduced in
size. Finally, the washed and milled stover is conveyed to prehydrolysis. It is possible that
washing and sizing requirements may be reduced as we learn how sensitive the process is to dirt
and particle size for stover.

Dirty wash water is recycled and cleaned utilizing a clarifier-thickener system. The wash water is
pumped to the clarifier where clean water is drawn off and recycled back to the wash tables. The
underflow from the clarifier is then dewatered in a belt press. Because most of the wash water is
recycled through this system, the fresh water requirement is low.

1.2 Design Basis

The as-received corn stover feed requirement for the plant is 98,039 kg/hr (216,178 1b/hr, 2,352
MT per day [2,594 ST per day]) feedstock at 15% moisture. The corn stover bales are wrapped
with plastic net to ensure they don’t break apart when handled, and may also be wrapped in
plastic film to protect the bale from weather. The bales are either square or round, and the
conceptual design applies equally to either shape. Square bales are typically 4 ft x 4 ft x 8 ft and
weigh between 545 and 681 kg (1,200 and 1,500 Ib). Round bales are approximately 70 inches in
diameter, 5 ft long, and weigh around 545 kg (1,200 1b). The bales are received at the plant from
off-site storage on large truck trailers.
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Since corn stover is only harvested for a short period each year, long-term storage is required to
provide feed to the plant year-round. Long-term storage will likely consist of 400-500 acres of
uncovered piled rows of bales at a location (or multiple locations) reasonably close to the ethanol
plant. On-site short-term storage is provided equivalent to 72 hours of production at an outside
storage area. Bales and surrounding access ways as well as the transport conveyors will be on a
concrete slab. A concrete slab is used because of the volume of traffic required to deliver the
large amount of corn stover required. A concrete slab will minimize the amount of standing
water in the storage area, as well as reduce the stover’s exposure to dirt. The stored material
provides a short-term supply for weekends, holidays, and when normal direct delivery of material
into the process is interrupted. This stored material will be rotated continuously, with a first-in,
first-out inventory management strategy.

In the projected design, trucks are received twelve hours daily, six days a week. After the trucks
are weighed on the scales (M101) the bales are off-loaded by propane-fueled forklifts (M-102)
and are placed directly onto two lines of bale transport conveyors (C-101) or in the short-term
storage area. Bales are also reclaimed from short-term storage by forklifts (M-103) and loaded
onto the bale transport conveyors. Each truck trailer holds 17 round bales, or 9.2 MT (10 ST),
which is significantly below the weight limit for road considerations. To satisfy plant and storage
requirements, the plant must receive 24 trucks every hour, with seven bales being unloaded every
minute. Eight forklifts were deemed necessary to satisfy this schedule; four to unload trucks and
four to draw bales from short-term storage. Each forklift is capable of operating with a 33-lb
propane tank for an 8-hour shift. Individual propane canisters are refilled at bulk storage on-site.
When trucks are not being unloaded, all eight forklifts are used to move feed from short-term
storage.

The original stover handling design from Harris'® stated that each truck would hold 30 bales.
However, the current stover harvesting operation in Harlan, Iowa, uses trailers that hold a
maximum of 17 round bales’, and this is the number used by Oak Ridge National Laboratory in
their feedstock logistics work. We feel that this information is the best currently available for
baled stover transport. Thus, the Harris design was altered to accept 17 round bales per truck
instead of the original 30 bales per truck.

Bales travel to one of two bale unwrapping stations (C-102), which are sized to handle 90 bales
each per hour. Unwrapped bales are transported to wash tables (M-104). The wash tables break
the bales with a spreader bar and pull the stover up a 45° incline using metal teeth attached to a
drag chain. Water is sprayed on the corn stover as it is conveyed up the incline. This washes dirt
and grit from the product and allows water to drain from the stover. Washing the stover prior to
cutting or shredding minimizes the amount of moisture that is absorbed by the product.

The washed stover is then discharged onto a conveyor (C-104) and passes a magnetic separator
(S-103) to remove tramp metal prior to shredding. The stover is introduced to a primary shredder
and then a secondary shredder (M-105), which reduces the stover to the proper size for
prehydrolysis. This size has not yet been optimized for prehydrolysis of corn stover; but the
shredders were specified to produce material that is a maximum of 1.5 inches long. Each
shredder is sized to process 25.2 MT (28 ST) of stover per hour. Without experience using this
washing concept for corn stover, the estimated moisture content of the shredded stover is 30%-
40%.

The wash table design was taken from the sugar cane processing industry where they wash the
sugar cane prior to processing. A 24 ft wide cane table can typically handle up to 4,082 MT
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(4,500 ST) per day of cane. Since stover is less dense than cane, 2,000 MT per day is a
reasonable size for a 24 ft wide machine. Each table is capable of spraying approximately 568
m’/hr (2,500 gpm) of wash water; more water can be used by adding more or larger spray
nozzles. The actual wash water requirement for stover has not been determined; 568 m’/hr was
used in the design.

Dirty wash water is recycled through a clarifier-thickener (S-101, T-102) to remove solids with
the help of a polymer. Underflow from the thickener is dewatered in a belt press (S-102). The
dewatered underflow is primarily topsoil and corn stover fines. This is disposed of via land
application to nearby fields. The amount of fresh water make-up will depend upon the belt-press
efficiency and the absorption capacity of the stover. Because most of the water is recycled to a
wash water tank (T-101) and back to the wash tables, fresh water consumption is approximately
43,000 kg/hr, or 4% of the total wash water. Approximately 1% of the wash water is expected to
evaporate from the open wash system (11,400 kg/hr). The other 3% of the wash water consumed
is mostly absorbed by the stover; a small portion of the water leaves with the topsoil and stover
fines.

Most of the equipment specified has been used in commercial straw, corn stover, or sugar cane
processing industries. The automatic unwrapping station is the only equipment that has not yet
been commercially applied. Cross Wrap OY, Finland, has bale-wrapping systems for plastic film
and has developed some de-baling technology, but this must be modified for stover bales
wrapped with plastic net and film. Manual bale unwrapping is feasible but would be too labor
intensive for an operation of this size.

Due to the bale handling, eight forklift operators each shift are envisioned to unload trucks and
maintain the feedstock supply to the process.

I1.1.3 Cost Estimation

Harris obtained vendor cost estimates for the forklifts, wash tables, shredders, clarifier-thickener,
and belt press. Cross Wrap, OY, estimated the bale unwrapping equipment cost for an “nth”
plant. Harris estimated the other equipment costs (pumps, conveyors, tank, concrete) based on
their experience.

1.2 Pretreatment and Hydrolyzate Conditioning — Area 200 (PFD-P110-A201-3)
.21 Overview

The pretreatment and hydrolyzate conditioning process area converts, by hydrolysis reactions,
most of the hemicellulose portion of the feedstock to soluble sugars - primarily xylose, mannose,
arabinose, and galactose. Glucan in the hemicellulose and a small portion of the cellulose are
converted to glucose. This conversion is accomplished using dilute sulfuric acid and high
temperature. These conditions also solubilize some of the lignin in the feedstock and “expose”
the cellulose for subsequent enzymatic hydrolysis. In addition, acetic acid is liberated from the
hemicellulose hydrolysis. Degradation products of pentose sugars (primarily furfural) and hexose
sugars (primarily hydroxymethyl furfural (HMF)) are also formed.

Following the pretreatment reactor, the hydrolyzate liquid and solids are flash cooled, which
vaporizes a large amount of water, a portion of the acetic acid, and much of the furfural and HMF
(see Figure 10). Removing these heterocyclic aldehydes is beneficial, as they can be toxic to
downstream fermentation microorganisms.
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In addition to flash removal of aldehydes, the solids are washed and pressed to separate the liquid
portion of the hydrolyzate, containing sulfuric acid, from the solids. The liquid is then
“overlimed,” or raised to pH 10 (by adding lime) and held for a period of time. Neutralization
and precipitation of gypsum follow the overliming step. The gypsum is filtered out and the
hydrolyzate is mixed with the solids (cellulose) and dilution water before being sent to
saccharification and co-fermentation (Area 300).

I.2.2 Design Basis

The washed, shredded corn stover is fed to pretreatment and first steamed with low-pressure
steam in a presteamer to about 100°C (see PFD-P110-A201). This steam removes non-
condensables that can take up space in the reactor and allows about one-third of the total
prehydrolysis reaction heat requirement to be satisfied by low-pressure steam. The presteamer'’
is fed by a set of screw conveyors with variable frequency drives to vary the feed rate as the
process may dictate. The presteamer is a horizontal vessel with paddles on an interior center
shaft to move the stover. The discharge from the presteamer is a variable-frequency screw
conveyor leading to a blow tank. The blow tank is used as a seal between the presteamer and the
reactor. The blow tank has a live bottom screw to feed the material to the reactor. Steam is
injected into the screw to pressurize it on the way to the reactor. Anco-Eaglin, Inc. (Anco-
Eaglin), the manufacturer, described the steam injection as a venturi-like arrangement. The steam
acts as a motive force to pull the material into the reactor. A plug is formed in the screw,
maintaining the pressure in the reactor. The reactor also has paddles on an interior center shaft to
help move the material. The close-pitch flights in the discharge screw compact the material so
that it acts as a seal coming out of the vessel.

The presteamer was designed for a maximum 20-minute residence time, which is used in pulping.
The time could be shorter, depending on the particle size. The horizontal reactor vessel is
designed to be 95% full with 10 minutes of residence time. Anco-Eaglin’s experience is that
proper mixing and cooking can be achieved with this fill percentage. Because of the large vessel
fill percentage, fewer vessels are required. The original Anco-Eaglin quote was for a 10-minute
residence time; the reactor cost was adjusted for the shorter target residence time of 2 minutes.
Three reactor trains (each including a presteamer, blow tank, reactor) are used. NREL and other
pretreatment research groups are studying the operability of a continuous reactor at short
residence times.

After the stover is steamed, acid is added to the reactor. Concentrated sulfuric acid is diluted with
evaporator condensate (see Section II.5) until the mixture (the total water, including steam and
acid) in the reactor is 1.1% sulfuric acid. The total stover mixture now constitutes 30% insoluble
solids. The reactor is brought up to temperature by direct injection of 13 atm (191 psia) (192°C
saturation temperature and 76°C superheat) turbine extraction steam. The pretreatment reactor
(M-202) operates at 12.1 atm (177 psia) pressure and 190°C. Heat losses from the reactor were
not accounted for in the energy balance calculations. Table 3 summarizes the conditions in the
pretreatment reactor.

Table 3. Pretreatment Hydrolyzer Conditions

Acid Concentration 1.1%

Residence Time 2 minutes
Temperature 190°C

Pressure 12.1 atm (177 psia)
Solids in the Reactor | 30%
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Table 4 summarizes the resulting reactions and the conversions that take place in the pretreatment
hydrolyzer. The conversion value is the fraction of reactant converted to product. The other
hemicellulose carbohydrates (arabinan, mannan, galactan) are assumed to have the same reactions
and conversions as xylan.

Table 4. Pretreatment Hydrolyzer Reactions and Conversions

Reaction Reactant Fraction
Converted
to Product
(Glucan), + nH,O — n Glucose Glucan 0.07
(Glucan), + mH,0 — m Glucose Oligomer Glucan 0.007
(Glucan), + Y%n H,O — Yn Cellobiose Glucan 0.007
(Xylan), + nH,O — n Xylose Xylan 0.90
(Xylan), + mH,0 — m Xylose Oligomer Xylan 0.025
(Xylan), + — n Furfural + 2n H,O | Xylan 0.05
Acetate — Acetic Acid Acetate 1.0
(Lignin), — n Soluble Lignin Lignin 0.05

Glucose and xylose oligomers are sugars bound in soluble oligomer form.

The exiting material from the pretreatment reactor is flash cooled to 1 atm (14.7 psia) in T-203.
The flash vapor is modeled with the Hayden and O’Connell'® equation of state to specifically
model the vaporization of acetic acid. Acetic acid creates dimers in the vapor phase and this
equation of state properly accounts for them. If the vapor phase dimerization of acetic acid is not
accounted for, the loss of acetic acid in the vapor will be over estimated. In this flash, 7.8% of
the acetic acid and 61% of the furfural and HMF are removed.

The flash vapor, about 53,000 kg/hr (117,000 Ib/hr) of essentially 100°C steam, is used to preheat
the beer column feed in H-201. During this exchange, the beer column feed is heated to 95°C
and the entire flash vapor from T-203 is condensed. The condensed flash vapor is sent to
wastewater treatment (Area 600).

After a residence time of 15 minutes in the flash tank, the hydrolyzate slurry with 21% insoluble
solids is conveyed to a Pneumapress® pressure filter (S-205) to separate the solids and the liquids
(see PFD-P110-202). The liquids are separated from the solids to facilitate conditioning of the
liquid portion to reduce toxicity of the stream to downstream fermentation.

Harris considered different types of solid-liquid separation equipment'’; two makes of decanter
centrifuges and several types of filters (filter press, belt filter press, pressure filter). The
Pneumapress, a pressure belt filter press, provided the best recovery of solids, and solubles with
minimal wash water.

The Pneumapress pressure filter provides automated batch liquid-solid separation by forcing
compressed air (125 psig) through the biomass slurry and filter media to displace liquid,
maximizing the solid content of the cake on the filter. Very high cake solids levels and cake
washing efficiencies are advantages to using this equipment. Bench scale testing'® has shown that
dry cakes, near 55% insoluble solids with 99.5% insoluble solids recovery, are possible with this
unit. Those tests also showed that 95%-96% cake washing efficiencies are possible in two wash
cycles with a wash water to feed mass ratio of 0.58. The cycle times of this batch unit are
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typically quite short (<10 minutes). The Pneumapress filter was also cost competitive with the
other types of separation equipment.

The cyclic operation of the Pneumapress pressure filter system is as follows. Pretreated slurry is
pumped from the blowdown tank into the hydrolyzate mixing tank (T-205) and mixed with
recycled filtrate liquor (from tank T-213) to reduce the insoluble solids in the slurry to a
pumpable level, having a suspended solids concentration that is capable of being fed to the
Pneumapress, approximately 10%. That diluted slurry is pumped into the Pneumapress, building
pressure in the Pneumapress and pushing filtrate through the filter. The filtrate flows to the wash
filtrate tank (T-213). The cake is then washed with liquor that is pumped from the primary
filtrate tank (T-211). Filtrate from that cycle also flows into the wash filtrate tank (T-213).
Finally, the cake is washed with recycle water (stream 252) and air is blown through it to displace
the liquor, which is primarily water. Filtrate from the final washing flows into the primary filtrate
tank (T-211). The air is sent through a condenser to remove water and other condensables and
then to the combustor as combustion air. Volatile organic compounds (VOC) in the air are
combusted. Condensate is sent to wastewater treatment.

The final cake is conveyed off of the Pneumapress onto a transport conveyor and into the
slurrying tank (T-232) where it is mixed with conditioned hydrolyzate liquor and additional
recycle water. Product liquor to be conditioned is pumped from both the primary filtrate tank and
the wash filtrate tank to a heat exchanger (H-200) where it is cooled to 50°C using cooling water.
The temperature of 50°C was chosen because the next unit operation, overliming, is run at that
temperature. Liquor from the wash filtrate tank is also used to dilute the pretreated slurry.

The plant air compressor provides air at 9.5 atm (140 psia) to the Pneumapress filters.

After the separation step the material is overlimed (see PFD-P110-A203). Lime is added in tank
T-209 to raise the pH to 10. The residence time in T-209 is one hour to allow for the overliming
“reactions” to occur.”’ Based on the experience of Delta-T, the agitation for this application is
assumed to be 98.5 W/m® (0.5 hp/1000 gal). The liquid is then adjusted to the fermentation pH of
4.5 in tank T-224 and held for four hours. This long residence time allows the resulting gypsum
crystals to form to a size that can be readily separated by hydrocyclone and rotary drum filtration
in series.”’ Agitation power for T-224 was set at 98.5 W/m® (0.5 hp/1000 gal), again based on
Delta-T’s experience. The filtration is assumed to remove 99.5% of the precipitated gypsum and
the solids are assumed to contain 20% liquid.**> At 80% solids, gypsum can be handled as a dry
solid. This approach was recommended by vendors and is typical of dewatering equipment used
in the utility flue gas desulfurization industry to achieve high gypsum solids concentrations
commercially.

After the gypsum is filtered, the conditioned hydrolyzate liquid is recombined with hydrolyzate
solids (which were separated in S-205) in Tank T-232 (see PFD-P110-A202). The residence time
in this tank is minimal (15 minutes) just long enough to afford good mixing. The agitation for this
application is assumed to be 394 W/m® (2 hp/1000 gal) based on the experience of Delta-T. The
resulting slurry, now conditioned, pH-adjusted, and properly diluted, is pumped to fermentation
(Area 300).

I.2.3 Cost Estimation
All pumps, tanks, screw conveyors, and agitators for this section were estimated using the

ICARUS Process Evaluator.” The material of construction for all equipment except the
pretreatment reactor (M-202), flash tank (T-203) and Pneumapress equipment is 304SS, based on
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Corrosion Rate (mpy)

the experience of Delta-T. The material of construction of the flash tank is SS316 because
additional acid resistance at temperatures higher than 100°C is necessary. Harris recommended
mostly SS316 for the solid-liquid separation equipment in contact with the process.

Harris obtained quotes for the continuous pretreatment reactors from Anco-Eaglin, Inc. The
construction materials were assumed to be Incoloy 825-clad steel for all parts in contact with
acid, based on corrosion data generated by Intercorr of Houston via Harris'’. This includes vessel
paddles and shafts. Stainless steel (316L) was assumed for most other reactor parts including the
presteamer. Anco-Eaglin felt the cost estimate provided reflected an nth plant cost because it was
based on similarly designed equipment currently in service.

NREL engineers have developed a spreadsheet-based model to predict general corrosion rates in
acid and temperature environments for various alloys, based on sets of corrosion data from
various corrosion studies performed in the last several years.>* While not rigorous, it can provide
guidance when considering metallurgy for varying conditions. For solid Incoloy 825, the
corrosion rate at the target pretreatment conditions is expected to be less than 20 mils per year (a
mil is a thousandth of an inch), which is considered satisfactory resistance. Figure 11 shows the
effect of temperature and acid concentration on corrosion rate for Incoloy 825. As either
parameter increases, the corrosion resistance is reduced.
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Figure 11. Corrosion Resistance of Incoloy 825
The cost estimate for the liquid solid separators S-205 and S-222 are based on vendor quotations

from Pneumapress and Komline Sanderson respectively. Three Pneumapress units are required
to accommodate the process flowrate.
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1.2.4 Achieving the Design Case

Table 5 lists conditions that have produced good yields from NREL’s 1 ton per day, continuous

Sunds vertical reactor and conditions that produced higher yields from the 4L steam gun.

Table 5. Experimental Pretreatment Hydrolyzer Conditions

Sunds Reactor”

Steam Gun®®

Acid Concentration 1.16% 1.1%

Residence Time 6.2 minutes 2 minutes

125 179°C 190°C
Temperature

Pressure 9.7 atm (142 psia) 12.1 atm (177 psia)

Solids in the Reactor

19%

37-47%

Table 6 summarizes the resulting reactions and the conversions for the experimental runs in each
reactor. The measured values were taken from experiments conducted at the conditions in Table
5. For the Sunds run, the total carbon recovery was approximately 105%, so about 5% more
carbon was measured in the product streams than in the feed stream. This carbon recovery is
slightly higher than previous experiments but is within a standard range of carbon mass balance
closure of 90 to 105%. High or low carbon closure is typically caused by imprecision in the
experimental and analytical methods, or the creation of degradation products that are not
identified in the analysis.

Table 6. Experimental Pretreatment Hydrolyzer Reactions and Conversions

Reaction Reactant Fraction Converted to Product

Sunds Steam Design
Reactor” | Gun®* Case

(Glucan), + nH,O — n Glucose Glucan 0.0675 0.081 0.07

(Glucan), + mH,O — m Glucose Glucan 0.006 0.0 0.007

Oligomer
(Glucan), + 'on — Yn Cellobiose Glucan 0.008 0.0 0.007
H,O

(Xylan), + nH,O —nXylose Xylan 0.675 0.837 0.90

(Xylan), + mH,0 — m Xylose Oligomer Xylan 0.029 0.126 0.025

(Xylan), + — n Furfural + 2n Xylan 0.159 0.03 0.05

H,O

Acetate — Acetic Acid Acetate 1.0 0.638 1.0

(Lignin), — n Soluble Lignin Lignin Not Not 0.05
Reported Reported

Glucose and xylose oligomers are sugars bound in soluble oligomer form.

The design case conditions and conversions for the reactor are based on the experimental runs in
the Sunds and the 4L steam gun. Lignin solubilization and solids loading values are based on
recent runs in the Sunds pilot reactor”’. Conversion of the minor hemicellulose carbohydrates
(arabinan, mannan and galactan) was assumed the same as xylan for the design case. Scale-up of
these conditions to a continuous horizontal reactor is underway in addition to running these
conditions in the vertical one dry ton per day Sunds reactor. The xylose oligomers may be
reduced via optimization of the pretreatment conditions, a hold tank, or hemicellulase activity in
the enzyme preparation. The Anco-Eaglin reactor is a horizontal configuration with a throughput
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of about 700 dry MT per day for one unit. Understanding how the reaction kinetics change with
different reactors sizes and with configuration is important to know when the pretreatment has
been scaled up adequately that accurate prediction is possible at larger scales. Data from these
three reactors will be used to understand and predict conversion rates as a function of size and
configuration in addition to process parameters like temperature. While Anco has not previously
worked with corn stover, they are pursuing opportunities to do so.

The mechanism of detoxification by overliming is not completely understood. Overliming is a
temperature and pH treatment designed to aid the conversion of hydrolyzate sugars to ethanol
during fermentation®®. The procedure varies in the literature but always includes an adjustment of
pH, a temperature increase, a hold at temperature for 15 to 30 minutes, and a hot filtration.
Overliming was originally designed to limit the calcium concentration in solution to organism-
tolerant levels. In many organisms calcium is involved in membrane transport, so minimum
concentrations may be necessary for efficient sugar uptake.

Research is currently under way to determine if the overliming process is removing, adding, or
changing the form of a component, or a combination of all of these.” We now know that
controlling calcium concentrations is not the only advantage of overliming. Overliming also
appears to catalyze condensation reactions in lignin-derived compounds. These reactions
detoxify the hydrolyzate and the detoxification is more efficient at higher pH. Investigations into
the specific functional groups involved in this detoxification are being performed under a NREL
subcontract. We hope to use knowledge of the actual chemical reactions involved in lignin
detoxification to guide selection of alternatives to overliming that do not require lime addition
and gypsum removal. Enzyme systems that condense lignin or processes that remove very low
molecular weight lignin are possible alternatives.

One of the biggest challenges in overliming at an industrial scale will be accurate pH control. By
pH 11, as much as 30% of the glucose may be lost to HMF and other side reactions. Several
factors increase the probability of overshooting pH endpoints during overliming. The natural
buffering capacity of hydrolyzates causes neutralization reactions to be slow. Measurements
using pH membrane probes are affected by temperature and the presence of dissolved organic
compounds (sugars and lignin).

1.3 Saccharification and Co-Fermentation—Area 300 (PFD-P110-A301-2)
I.3.1  Overview

Two different operations are performed in this process area—saccharification of the cellulose to
glucose using cellulase enzymes, and fermentation of the resulting glucose and other sugars (from
the dilute acid pretreatment of hemicellulose, Area 200) to ethanol.

Hydrolysis, or saccharification, occurs first, separately from the fermentation. The separate
saccharification step enables operation of the saccharification step at an elevated temperature to
take advantage of increased enzyme activity and reduce the time and amount of enzyme required.
The enzyme used to saccharify the cellulose is purchased from an enzyme manufacturer. The
cellulase enzyme and diluted, detoxified hydrolyzate are continuously added to a train of five 1-
million gallon vessels.

Cellulase enzyme is actually a collection of enzymes. This collection is comprised of: (1)

endoglucanases, which attack randomly along the cellulose fiber to reduce polymer size rapidly;
(2) exoglucanases, which attack the ends of cellulose fibers, allowing it to hydrolyze highly
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crystalline cellulose; and (3) B-glucosidase, which hydrolyzes cellobiose to glucose. Several
bacteria and fungi naturally produce these enzymes, including bacteria in ruminant and termite
guts and white rot fungus.”® The most common organism used to produce cellulase industrially is
Trichoderma reesei. Genencor International and Novozymes Biotech, the two largest enzyme
manufacturers in the world are developing more cost effective cellulase enzymes. DOE is
funding this important work, which will improve the economic viability of biomass conversion.

For fermentation, the recombinant Z. mobilis bacterium®" is used as the biocatalyst. This form of
Z. mobilis will ferment glucose and xylose to ethanol. It is assumed that mannose and galactose
sugars are also fermented in this design. Several research institutions® are genetically
engineering strains, such as Z. mobilis, to utilize additional sugars, or are identifying naturally
occurring organisms that metabolize hemicellulosic sugars.

The Z. mobilis must be “grown” in a seed fermentation train of vessels in this process area.
Saccharified slurry and nutrients are combined with an initial seed inoculum (grown in the
laboratory) in a very small vessel. The result of each seed batch is used as the inoculum for the
next size seed increment. This series of scale-ups is continued until the last step is large enough
to support the production fermentation.

Finally, the seed inoculum, nutrients, and saccharified slurry are added to a train of continuous
fermentors. It is really a simultaneous saccharification and co-fermentation (SSCF) configuration
at this point, because although the temperature in the fermentation tanks will be lower by
necessity because of the ethanologen’s thermal tolerance, the enzyme will still continue to
hydrolyze cellulose. The number of fermentors will be about five 1-million gallon vessels in a
train or line. The resulting ethanol broth is collected in a beer well (storage tank) before it is
pumped to distillation.

1.3.2 Design Basis

Detoxified and diluted hydrolyzate fed to the saccharification vessels is about 20% total solids®
(soluble and insoluble solids) including the dilution that will occur when the cellulase stream is
mixed in. The enzyme loading is determined by the amount of cellulose present in the
hydrolyzate and the target hydrolysis conversion level with the combined residence time of the
saccharification tanks and the fermenters. A heat exchanger (H-301) heats the 51°C hydrolyzate
slurry exiting the re-acidification tank (T-224) to 65°C, the saccharification temperature, using
low-pressure steam.

Saccharification takes place in five 950,000-gal vessels (see PFD-P110-A302). The total
residence time is estimated at 36 hours. Because the cellulase enzyme is still being developed,
the actual split of time between saccharification and fermentation (actually simultaneous
saccharification and fermentation) is not known, but it is likely that some time in an SSF mode
will be needed to reach 90% hydrolysis yields. The tanks are cooled using a pump-around loop
that consists of a centrifugal pump (P-310) and heat exchanger (H-310). The heat exchanger is
cooled with cooling water. For this design case, cellulase is fed at the rate of 12 international
filter paper units (IFPU) per gram of cellulose assuming an enzyme concentration of 50
FPU/mL*. Target conditions, developed with the enzyme manufacturers, take advantage of
improved thermal tolerance to reduce the required time and loading; they are summarized in
Table 7.
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Table 7. Saccharification Conditions

Temperature 65°C

Initial Saccharification Solids Level | 20% total solids

Residence Time 1.5 days

Size of Vessels 3,596 m’ (950,000 gal) each
Number of Vessels 5

Number of Continuous Trains 1

Cellulase Loading 12 FPU/g cellulose

Table 8 lists the reactions and conversions taking place in saccharification. The saccharified
slurry contains 12.6% sugars including 7% glucose and 4% xylose. All of the cellulose
hydrolysis is modeled to take place in the saccharification vessels until there is a better
understanding of how much hydrolysis will occur at the fermentation conditions. The stream
contains about 1% acetic acid and less than 0.5% of furfural and HMF combined, all of which can
inhibit ethanologens at higher concentrations.

Table 8. Saccharification Reactions and Conversions

Reaction Reactant Fraction
Converted
to Product
(Glucan), — n Glucose Oligomer | Glucan 0.04
(Glucan), +  %n H,O — Yn Cellobiose Glucan 0.012
(Glucan), + nH,O — n Glucose Glucan 0.90
Cellobiose + H,O — 2 Glucose Cellobiose 1.0

Saccharified slurry is cooled (H-302) to 41°C and a portion is sent to the seed production area.
The total amount of saccharified slurry split off to seed production is 10%. The required
inoculum volume has been experimentally determined to be 10%, both for the seed train and the
production train. The seed train is operated in a batch mode (see PFD-P110-A301). The batch
time for each step is 24 hr.*® Delta-T Corporation decided two trains would be optimal using an
assumed turn-around time for each seed fermenter of 12 hr. Using these conditions, Train A will
complete its fifth stage of fermentation at 180 hours. Train B will then complete its final stage of
fermentation 12 hours later. 24 hours after that, Train A is again complete and the cycle
continues. Based on the production flow of about 8,700 m*/day (2.3 million gallons/day), the
seed volume to be produced each day is 870 m® (230,000 gal), or 435 m’ (115,000 gal) every 12
hr. Each batch must be 655 m® (173,000 gal) to satisfy the 12-hr period that is skipped. If three
trains were used, the maximum volume would be only 435 m’ (115,000 gal), but because there
would be three trains it would be more costly. Considering a 90% working volume, the
maximum size seed fermenter is 727 m® (192,000 gal). Scaling down by a factor of 10 for each
smaller stage results in four additional seed fermenters of 72.7, 7.6, 0.8, and 0.08 m’ (19,200,
2000, 200, and 20 gallons). Table 9 summarizes the seed train design specifications.
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Table 9. Seed Train Specifications®>*>%

Inoculum Level 10% of total

Batch Time 24 hr

Fermenter Turn-Around Time 12 hr

Number of Trains 2

Number of Fermenter Stages 5

Maximum Fermenter Volume (F-305) | 727 m’ (173,000 gal)

Corn Steep Liquor (CSL) Level 0.5%

Diammonium Phosphate (DAP) Level | 0.67 g/L fermentation broth

The two largest seed fermenters are large tanks (F-304 and F-305) with internal cooling coils (H-
304 and H-305) and agitators (A-304 and A-305) that are costed separately. The small fermenters
are package units (agitator and jacket included). Well water at 13°C, supplemented with cooling
water is used to maintain the fermenters at 41°C. The well water is then used as make-up water
to the process. The coil size was calculated using a tank coil correlation from Kern®’’. The
agitators were sized based on Delta-T’s experience with similar systems. The design numbers for
agitation were 20 W/m® (0.1 hp/1000 gal) for the largest fermenter (F-305) and 60 W/m® (0.3
hp/1000 gal) for F-304. The three smaller seed fermenters (F-301-3) are designed as package-
jacketed, agitated reactors. ICARUS™ was used to estimate the agitation powers of 0.75 kW (1
hp) for F-301, 3.7 kW (5 hp) for F-302, and 18.6 kW (25 hp) for the F-303.

Table 10 gives the reactions and conversions used in the seed fermentations to describe the

microorganism growth and sugar metabolism. Full mass balances have not been attempted for
conditions that favor cell growth as they would in the seed train®®,
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Table 10. Seed Train Reactions and Conversions

Reaction Reactant Fraction
Converted
to Product™
Glucose — 2 FEthanol +2 CO, Glucose 0.90
Glucose + CSL + — 6 Z mobilis +24H,0 + 030, Glucose 0.04
0.018 DAP
Glucose + 2 H,O — 2 Glycerol + O, Glucose 0.004
Glucose + 2 CO, — 2 Succinic Acid + O, Glucose 0.006
Glucose — 3 Acetic Acid Glucose 0.015
Glucose — 2 Lactic Acid Glucose 0.002
3 Xylose — 5 Ethanol + 5CO;, Xylose 0.80
Xylose + 0.835CSL  — 5 Z mobilis + 2 H,0O +0.250, | Xylose 0.04
+0.015
DAP
3 Xylose + 5 H,0 — 5 Glycerol + 250, Xylose 0.003
Xylose + H,0 — Xylitol + 950, Xylose 0.046
3 Xylose + 5 CO, — 5 Succinic Acid  + 2.50, Xylose 0.009
2 Xylose — 5 Acetic Acid Xylose 0.014
3 Xylose — 5 Lactic Acid Xylose 0.002

Corn steep liquor (CSL) and Diammonium Phosphate (DAP) are both nitrogen sources required for Z. mobilis
growth. The usage rates for these nutrients are the same as used in laboratory fermentations; however the
stoichiometry used to model the reactions has not been experimentally verified.

Two high-capacity transfer pumps are used (P-302) to transfer the seed to the seed hold tank (T-
301) in a timely fashion (approximately 2.5 hr). Two pumps are required because this is the
largest rotary lobe pump available from Waukesha Pump Company. A rotary lobe pump is used
to avoid damaging the microorganisms by pump sheer.

The seed hold tank (T-301) is sized to hold 20% more than the fifth seed reactor (F-305). A
rotary lobe pump (P-301) is then used to continuously feed the seed to the production
fermentation train.

Co-fermentation is conducted in 950,000-gal vessels (see PFD-P110-A302). The total residence
time is estimated at 36 hours for the sugar fermentation. It is expected that saccharification will
continue in the fermentors, slowed by the lower temperature, but perhaps enhanced by the
removal of glucose. This SSCF aspect is not modeled. In all, five vessels are required for this
residence time and are arranged in a continuous train. Table 11 summarizes the conditions in the
fermentation vessels.
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Table 11. Co-Fermentation Conditions

Organism Zymomonas mobilis strain
Temperature 41°C

Initial Fermentation Solids Level 20% total solids

Residence Time 1.5 days

Size of Vessels 3,596 m’ (950,000 gal) each
Number of Vessels 5

Number of Continuous Trains 1

Inoculum Level 10%

Corn Steep Liquor (CSL) Level 0.25%

Diammonium Phosphate (DAP) Level | 0.33 g/L fermentation broth

Inoculum from the seed train at a ratio of 1/10th of the hydrolyzate is fed along with corn steep
liquor, added as a nutrient at a rate of 0.25%", and Diammonium Phosphate (DAP), added as a
nutrient at a rate of 0.33 g/L*. Table 12 lists the reactions and conversions in fermentation.
Fermentation of the other hemicellulosic sugars (arabinose, mannose, and galactose) is assumed
to have the same reactions and conversions as xylose.

Table 12. Co-Fermentation Reactions and Conversions

Reaction Reactant Fraction
Converted
to Product

Glucose — 2 Ethanol + 2 CO, Glucose 0.95
Glucose + CSL+ — 6 Z mobilis + 24 + 030, Glucose 0.02

0.018 H,O

DAP
Glucose + 2H,0 — 2 Glycerol + O, Glucose 0.004
Glucose + 2CO, — 2 Succinic Acid + O, Glucose 0.006
Glucose — 3 Acetic Acid Glucose 0.015
Glucose — 2 Lactic Acid Glucose 0.002
3 Xylose — 5 Ethanol + 5CO, Xylose 0.85
Xylose + 0.835 — 5 Z mobilis + 2H,0 + 0250, | Xylose 0.019

CSL +

0.015

DAP
3 Xylose + 5H,0 — 5 Glycerol + 250, Xylose 0.003
Xylose + H,0 — Xylitol + 050, Xylose 0.046
3 Xylose + 5CO, — 5 Succinic Acid  + 2.50, Xylose 0.009
2 Xylose — 5 Acetic Acid Xylose 0.014
3 Xylose — 5 Lactic Acid Xylose 0.002

Corn steep liquor (CSL) and Diammonium Phosphate (DAP) are both nitrogen sources required for Z.
mobilis growth. The usage rates for these nutrients are the same as used in laboratory fermentations;
however the stoichiometry used to model the reactions has not been experimentally verified.

In addition to fermenting sugars to ethanol, sugars are converted to other products because of the
presence of contaminating organisms. A total of 3% of the sugars available for fermentation are
assumed lost to contamination.* This is modeled as a side stream (bypassing fermentation)
where sugars are reacted to form lactic acid. This allows the model to simply assign a percent

32




loss to contamination and the conversions in the fermentor model do not have to be adjusted.
Table 13 shows the only contamination reactions.

Table 13. Co-Fermentation Contamination Loss Reactions *'

Reaction Reactant Fraction

Converted
to Product

Glucose — 2 Lactic Acid | Glucose 1.0

3 Xylose — 5 Lactic Acid | Xylose 1.0

3 Arabinose =~ — 5 Lactic Acid | Arabinose 1.0

Galactose — 2 Lactic Acid Galactose 1.0

Mannose — 2 Lactic Acid Mannose 1.0

The fermenters are cooled using a pump-around loop that consists of a centrifugal pump P-300
and heat exchanger, H-300. The heat exchanger is generally cooled with well water at 13°C.
When the well water is not sufficient for complete cooling, it is supplemented by cooling water.
At the end of the fermentation train, a beer well (T-306) collects the fermented beer and scrubber
bottoms. With a residence time of four hours (recommended by Vogelbusch*?), this tank allows
for some surge capacity between fermentation and distillation. The effective ethanol
concentration in the fermentation train is 5.7%; a minor amount of this is entrained in the CO,
vent stream.

11.3.3 Cost Estimation

In general, the material of construction for all equipment in this section is 304SS, which is the
most cost-effective material for the fermentation service.

We estimated all centrifugal pumps for this section using the ICARUS® cost estimation software.
Costs of the rotary lobe pumps (P-301 and P-302) were obtained as verbal quotations from
Waukesha Pump Company.

The cost for the major agitators, those for the larger fermenters (A-300, A-310) and other large
applications (A-301, A-305), were based on vendor (Lightnin Corp.) quotes that Delta-T had
obtained for a different project. The large agitators are side-mounted. This minimizes additional
structural steel required for top-mounted agitator supports. These quotes were scaled using a
scaling exponent from Garrett® to fit the size required here. We used ICARUS to estimate the
smaller agitators (A-304, A-306).

We obtained a quotation from Chattanooga Boiler and Tank Co. for the larger vessels
(saccharification tanks, fermenters and seed hold tank (T-310, F-300, F-305, and T-301)). The
smaller seed fermenters (F-301, F-302, and F-303) were estimated with ICARUS as jacketed,
agitated packaged units. The other, medium-size tanks (F-304, T-306) were estimated with
ICARUS as stand-alone tanks.

Several plate and frame heat exchangers in this area (H-300, H-301, and H-302) were costed by
Delta-T from previous jobs. In the case of H-300, the cost from ICARUS was exactly the same
as Delta-T’s number and is used here. The seed fermenter coil coolers (H-304 and H-305) were
costed with ICARUS.
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1.3.4 Achieving the Design Case

Table 14 summarizes the experimental and design case conditions for the saccharification area.
The research to date has been with SSCF at lab scale to test enzyme activity, since the optimized

enzymes are not yet available.

Table 14. Experimental Saccharification Conditions

Experimental®” Design Case
Mode SSF Saccharification
Temperature 32°C 65°C
Initial Saccharification Solids Level | 6% cellulose 22% total solids
Residence Time 7 days 1.5 days
Size of Vessels Shake flask 3596 m’ (950,000 gal) each
Number of Vessels N/A 5
Number of Continuous Trains N/A 1
Cellulase Loading 15 FPU/g cellulose | 12 FPU/g cellulose

Table 15 shows the reactions and experimental saccharification conversions for corn stover as
measured using NREL’s SSF experimental protocols. These conversions are used in the design
case. The 90% cellulose to glucose yield has been achieved at 15 FPU/g cellulose in an SSCF
mode and is considered achievable at a lower enzyme loading of an optimized enzyme. A
separate saccharification step will allow better use of temperature to optimize enzyme

performance.

Table 15. Experimental Saccharification Reactions and Conversions

Reaction Reactant Fraction Converted to Product
Experimental” | Design Case
(Glucan), — n Glucose Oligomer | Glucan 0.04 0.04
(Glucan), + %»nH,0  — Y%n Cellobiose Glucan 0.012 0.012
(Glucan), + nH,O — n Glucose Glucan 0.90 0.90
Cellobiose + H,O — 2 Glucose Cellobiose 1.0 1.0

The seed train in NREL’s pilot plant is similar to that outlined in the design, and has been run
successfully to grow yeast for several campaigns, each lasting several weeks.

Table 16 summarizes the experimental and design case conditions for co-fermentation. The
experimental conditions are from a yellow poplar run. This fermentation is reported because no
fully mass-balanced fermentations using pretreated corn stover have been run to date.
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Table 16. Experimental Co-Fermentation Conditions

Experimental* Design Case
Mode SSCF Co-fermentation
Organism Zymomonas mobilis 39676-pZB4L Zymomonas mobilis strain
Temperature 32°C 41°C
Initial Fermentation Solids Level 12.6% 20%
Residence Time 7 days 1.5 days

Size of Vessels

~800 mL working volume fermenters

3596 m’ (950,000 gal) each

Number of Vessels N/A 5
Number of Continuous Trains N/A 1
Inoculum Level 0.5 0D ~ 10% 10%
Corn Steep Liquor (CSL) Level 0.25% (clarified) 0.25%

Diammonium Phosphate (DAP) Level

0.33 g/L fermentation broth

0.33 g/L fermentation broth

Table 17 shows experimentally measured fermentation yields for glucose and xylose from the
yellow poplar run** and the design case conversions. The conversions of sugars to other products
resulting from Z. mobilis metabolism are also listed.

Table 17. Experimental Co-Fermentation Reactions and Conversions

Reaction Reactant Fraction Converted to Product
Experimental* | Design
Case

Glucose — 2 FEthanol + 2 CO, Glucose 0.95 0.95
Glucose + CSL+ — 6 Z mobilis + 24 + 030, Glucose 0.02 0.02

0.018 H,O

DAP
Glucose + 2H20 — 2 Glycerol + O, Glucose 0.004 0.004
Glucose + 2C0O2 — 2 Succinic Acid + O, Glucose Not measured 0.006
Glucose — 3 Acetic Acid Glucose 0.015 0.015
Glucose — 2 Lactic Acid Glucose 0.002 0.002
3 Xylose — 5 Ethanol + 5CO, Xylose 0.902 0.85
Xylose + 0.835 > 57 mobilis + 2H,0 + 0250, | Xylose 0.019 0.019

CSL +

0.015

DAP
3 Xylose + 5H20 — 5 Glycerol + 250, Xylose 0.003 0.003
Xylose + H,O — Xylitol + 0.50, Xylose 0.046 0.046
3 Xylose + 5C0O2 — 5 Succinic Acid + 2.50; Xylose Not measured 0.009
2 Xylose — 5 Acetic Acid Xylose 0.014 0.014
3 Xylose — 5 Lactic Acid Xylose 0.002 0.002

Corn steep liquor (CSL) and Diammonium Phosphate (DAP) are both nitrogen sources required for Z. mobilis growth.
The usage rates for these nutrients are the same as used in laboratory fermentations; however the stoichiometry used to
model the reactions has not been experimentally verified.

High glucose and xylose to ethanol yields been achieved on yellow poplar feedstock using Z.
mobilis in the laboratory. However, an engineered organism may not achieve a xylose to ethanol
yield that high in a less controlled fermentation, so the conversion was lowered slightly in the
model. Organism development is a crucial activity in enabling fermentation of not only xylose at
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high levels, but also the other sugars including the minor hemicellulose sugars: arabinose,
mannose and galactose. Tolerance to compounds in the hydrolyzate, particularly acetic acid, may
also be a key activity in strain development.

1.4 Cellulase Enzyme

Area 400, which was used for enzyme production in the 1999 hardwood design', has been
removed. Enzyme will instead be purchased at an estimated cost of $0.10 per gallon of ethanol. It
will be produced on-site through licensing agreements with enzyme suppliers. This cost was
developed from our current collaborations with enzyme manufacturers to develop commercially
available enzyme preparations for lignocellulosic biomass. This equates to $0.17 per gallon of
cellulose-derived ethanol. If the xylose to ethanol yield is improved, the overall cost of enzyme
decreases, but the cost per gallon of cellulose-derived ethanol stays constant. If the cellulose to
ethanol yield is improved, both values will change.

1.5 Product, Solids, and Water Recovery (Distillation, Dehydration,
Evaporation, and Solid-Liquid Separation) — Area 500 (PFD-P110-A501-5)

I1.5.1 Overview

Distillation and molecular sieve adsorption are used to recover ethanol from the raw fermentation
beer and produce 99.5% ethanol. Distillation is accomplished in two columns—the first, called
the beer column, removes the dissolved CO, and most of the water, and the second concentrates
the ethanol to a near azeotropic composition (see Figure 12).

All the water from the nearly azeotropic mixture is removed by vapor phase molecular sieve
adsorption. Regeneration of the adsorption columns requires that an ethanol water mixture be
recycled to distillation for recovery.

Fermentation vents (containing mostly CO,, but also some ethanol) as well as the beer column
vent are scrubbed in a water scrubber, recovering nearly all of the ethanol. The scrubber effluent
is fed to the first distillation column along with the fermentation beer.

The bottoms from the first distillation contain all the unconverted insoluble and dissolved solids.
The insoluble solids are dewatered by a Pneumapress pressure filter and sent to the combustor
(Area 800). The liquid from the pressure filter that is not recycled is concentrated in a multiple
effect evaporator using waste heat from the distillation. The concentrated syrup from the
evaporator is mixed with the solids being sent to the combustor, and the evaporated condensate is
used as relatively clean recycle water to the process.

Because the amount of stillage water that can be recycled is limited, an evaporator is included in
the process. The total amount of the water from the pressure filter that is directly recycled is set
at 25%. Organic salts like ammonium acetate or lactate, corn steep liquor components not
utilized by the organism, or inorganic compounds in the biomass end up in this stream.
Recycling too much of this material can result in levels of ionic strength and osmotic pressures
that can be detrimental to the fermenting organism’s efficiency. In a typical grain-to-ethanol
facility, this recycle can be limited to as little as 10% of the centrifuge filtrate stream to minimize
this effect. For the water that is not recycled, the evaporator concentrates the dissolved solids into
a syrup that can be sent to the combustor, minimizing the load to wastewater treatment.
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1.5.2 Design Basis

Beer from the fermentation area is first preheated with flash vapor from the pretreatment reactor
(H-201). This feed to the beer column (PFD-P110-A501) is then further heated by heat exchange
with the bottoms from the beer column in H-512. The beer column (D-501) operates in a mode to
remove the CO, and as little ethanol as possible overhead, while removing about 90% of the
water to the bottoms. The ethanol is removed as a vapor side draw from the column and fed
directly to the rectification column (D-502).

This separation (D-501) is accomplished with 32 actual trays at 48% efficiency with the feed
entering on the fourth tray from the top. Nutter V-grid trays are used for this purpose. These trays
have been found to tolerate the solids well and have a relatively good efficiency. Both columns
(D-501 and D-502) are operated below 2 atm (30 psia) overhead pressure. This relatively low
pressure keeps the reboiler temperature down and minimizes fouling. The tray spacing is 0.61 m
(24 in.) and the column diameter is 4.37 m (14.3 ft). The reflux ratio required is 3:1. The
overheads are vented to the scrubber and contain 83.7% CO,, 12% ethanol, and 4% water. All
the CO, and only 0.2% of the ethanol are vented here. Most of the ethanol vented (99%) will be
recovered and recycled via the vent scrubber. In addition, about 0.7% of the ethanol fed is lost in
the bottoms stream. Over 99% of the ethanol fed is removed as a 39.4% w/w mixture with water
vapor side draw from the column at actual tray 8. Heat is supplied to a forced recirculation
reboiler (H-501) by low-pressure (4.4 atm [65 psia]) steam. A forced circulation reboiler is used
in an effort to accommodate the solids present in the bottoms. A spare reboiler, suggested by
Vogelbusch® to allow for cleaning due to the high-fouling service, is included in the design.

The vapor side draw from D-501 is fed directly to D-502, the rectification column (PFD-P100-
AS502). This column uses 60 Nutter V-Grid trays at a slightly higher efficiency of 57%. The D-
501 vapor is fed on Tray 44 (from the top) and the recycle from adsorption, which is higher in
ethanol (72% w/w versus 40% w/w), is fed on Tray 19 (from the top). The column above Tray
44 13 3.5 m (11.5 ft) in diameter; below Tray 44 it is 1.2 m (4 ft) in diameter. The required reflux
ratio is 3.2:1 to obtain a vapor overhead mixture of 92.5% w/w ethanol and a bottoms
composition of 0.05% w/w ethanol. Only 0.1% of the ethanol from fermentation is lost in the
bottoms. The composition of 7.5% water in the feed to the adsorption column represents only
0.7% of the water originally entering distillation. Reflux for this distillation is supplied by
interchange with the evaporator (E-501). An ancillary condenser (H-505) is supplied for start-up.
Heat is supplied to the column in a thermosyphon reboiler (H-502) with low-pressure (4.4 atm
[65 psia]) steam.

As mentioned in Section I1.5.1, all ethanol-containing vents are collected and sent through a
water scrubber (T-512). This is a packed column using Jaeger Tri-Pack plastic packing, and it
recovers 99.5% of the ethanol with four theoretical stages and 7.6 m (25 ft) of packing. A flow
rate of about 0.60 m’/min (158 gpm) of well water is used. The resulting effluent is 1.3% w/w
ethanol and is sent to the beer well for feeding to D-501. The design basis is >98% ethanol
adsorption in the vents and venting no more than 36.3 MT (40 ST) per year of VOC for air
pollution considerations, specifically New Source Performance Standards criteria.

Overhead vapor from D-502 is fed to the Delta-T molecular sieve adsorption unit (M-503). The
specifics of the design of this unit are proprietary to Delta-T, but the general arrangement is given
on PFD-P110-A503. Saturated vapor from the distillation is first superheated and fed to one of
two adsorption columns. The adsorption column removes 95% of the water and a small portion
of ethanol. The 99.5% pure ethanol vapor is cooled by heat exchange against regenerate
condensate and finally condensed and pumped to storage. While one bed is adsorbing water, the
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other is regenerating. Passing a very small slipstream of pure ethanol vapor back through the
loaded bed while a vacuum is applied carries out regeneration. The water is stripped off the
adsorbent, and the mixture is condensed and returned to the rectification column (D-502).

Finally, the beer column (D-501) bottoms are sent to the first effect evaporator (E-501, PFD-
P110-A504). This effect is heated by both condensing the reflux vapor to the rectification
column (D-502) and by adding very low-pressure steam (1.7 atm [25 psia]). This dual heating is
accomplished using a split tubesheet evaporator that prevents the steam from mixing with the
reflux. About 24% (35% of the total evaporation) of the water entering this first effect is
evaporated. In addition, the slurry is cooled from 117°C to 87°C, which is a more suitable
temperature for liquid-solid separation. The slurry is sent to the Pneumapress (S-505, PFD-P110-
AS505) and the filtrate is returned to the second evaporator effect (E-502). No washing is used in
this application of the Pneumapress; otherwise its operation is as described in Section 11.2.2. In
the second effect, 44% (33% of the total evaporation) of the water entering is evaporated. A third
stage of evaporation (E-502) is used to evaporate 76% of the remaining water (32% of the total
water evaporated). The final vapor is condensed in H-517. Of the total feed to the
evaporator/separation system, 10.5% remains as syrup, 11.5% is removed as a wet cake in the
pressure filter, 17% is recycled back to the process as recycle water, and 61% is evaporated. The
final syrup (evaporator bottoms) is 60% water. Delta-T estimates that 60% water is the maximum
dissolved solids level that can be achieved without rapid fouling of the evaporator, so the flow of
very low-pressure steam to the evaporator is set to achieve this level. This syrup is mixed with
the solids from the Pneumapress and sent to the combustor for disposal. Air from the
Pneumapress is sent to the combustor as combustion air. The pressure of the third effect is set by
the need to easily condense the evaporator vapor with cooling water at 0.21 atm (3 psia) or 64°C.
The system uses high circulation pumps to minimize fouling on the heat transfer surfaces caused
by solids adhering to or plating out on the hot surfaces. The pressures of the first and second
effects were adjusted to make all five evaporators the same size: two units each are used for the
first and third effects and one unit for the second effect.

The clean-in-place system services the equipment that handles stillage (beer column bottoms) by
flushing with a hot caustic solution and recirculating the solution until heat transfer surfaces are
clean. Manual acid cleaning, which must be performed occasionally, removes mineral scales.
The frequency for this cleaning depends on the operating conditions.

Appendix I contains a discussion of the physical property model and parameters used for
distillation.

11.5.3 Cost Estimation

The material of construction for equipment in the distillation area is generally 304SS. We used a
correlation from Aersten and Street” to size the thermosyphon reboiler. The pumps, reflux
drums, and the thermosyphon reboiler (H-502) were costed using ICARUS®. Delta-T used
information and experience gained in other projects to cost the rest of the equipment. The cost of
the first evaporator effect (E-501) was increased by 25% to account for the complexity of two
vapor feeds. Delta-T provided the quote for the molecular sieve package since they are a vendor
of that equipment. Pneumapress Filter Corporation provided quotes for the pressure filters via
Harris.
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1.6 Wastewater Treatment (WWT) — Area 600 (PFD-P110-A601-2)
11.6.1 Overview

The wastewater treatment section treats process water for reuse to reduce the plant makeup water
requirement. Figure 13 is a simplified flow diagram of the WWT design chosen. It shows that
the plant wastewater (condensed pretreatment flash vapor, condensate from the hydrolyzate
Pneumapress vent, boiler blowdown, cooling tower blowdown, CIP waste, and the non-recycled
evaporator condensate) is initially screened to remove large particles, which are collected in a
hopper and sent to a landfill. Screening is followed by anaerobic digestion and aerobic digestion
to digest organic matter in the stream. Anaerobic digestion produces a biogas stream that is rich
in methane so it is fed to the combustor. Aerobic digestion produces a relatively clean water
stream for reuse in the process as well as a sludge that is primarily composed of cell mass. The
sludge is also burned in the combustor.

In 1998, the wastewater treatment section was thoroughly studied by Merrick Engineering’. They
investigated all of the process wastewaters, selected the design, and estimated costs for this
section. During their investigation of process streams, Merrick developed a map showing all the
streams entering WWT and used that map for guidance in selecting the best treatment method for
each. Merrick recommended an integrated evaporation and water recycle design that was
implemented by NREL and Delta-T engineers into the process design (see Area 500). That
improvement cut the loading to WWT dramatically. After reviewing the flow rates and waste
strength of the remaining wastewater streams, Merrick recommended the screening / anaerobic
digestion / aerobic digestion scheme for all of them. That waste treatment scheme is standard
within the current ethanol industry and facilities in the 1-5 million gallons (4-19 million liters) per
day range can be obtained as “off-the-shelf” units from vendors.
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1.L6.2 Design Basis

Merrick considered several alternate approaches and determined that screening followed by
anaerobic digestion and aerobic digestion was the best method for all streams to be treated”.
Condensed pretreatment flash vapor, condensate from the hydrolyzate Pneumapress vent, boiler
blowdown, cooling tower blowdown, CIP waste, and the non-recycled evaporator condensate are
mixed together (stream 612) and flow through a bar screen (S-600) to an equalization basin (T-
602). Since ASPEN Plus is a steady state modeling program, upsets (including unusual
suspended solids) are not modeled, and treatment of the resulting wastewater is not accounted for
in this design. Rain and snow run-off, equipment washing, and other non-process wastewater are
assumed to flow to the municipal wastewater treatment system. Other intermittent loads (e.g.,
from process spills) were not considered in the design. The flows and loadings to WWT will not
be at steady state either, so the equalization basin (T-602) is designed for a steady-state residence
time of over 7 hours allowing dampening of flow problems downstream. The majority of the
wastewater in the basin is condensate so it is too warm for biological treatment, so it is pumped
through a heat exchanger (H-602) and cooled to 35°C.

The cooled stream then flows to the anaerobic digester. The total chemical oxygen demand
(COD) is calculated for the stream entering anaerobic digestion (613) and is approximately 1,600
kg/hr (equivalent to 16 g/L). COD is defined as the amount of oxygen that would be necessary to
combust all soluble organic components within the stream to carbon dioxide, nitrous oxide, and
water and is used to determine residence time and nutrient requirements for digestion. Although
insoluble components such as cellulose and xylan may be converted in anaerobic digestion they
are not converted within the model making the estimate slightly conservative. No insoluble
components are included in the COD calculation because of uncertainty of their reactivity.
Merrick reports that ammonium ions are not converted in anaerobic digestion (although they are
in aerobic digestion) and recommends that they not be included in this first COD calculation.
However, the calculated COD is within 5% of the experimentally measured COD and the
ammonium flowrate is low, so ammonium has been kept in the COD calculation*. The
biological oxygen demand (BOD) is a better predictor of efficacy of anaerobic digestion but it
cannot be directly related to composition. It is assumed to be 70% of the COD.

Within anaerobic digestion, 90% of each organic component is converted to methane and carbon
dioxide. Methane is produced from that organic matter at its maximum yield of 350 L per kg
COD removed (0.229 kg/kg at 25°C). Carbon dioxide is also produced at a molar ratio of 1 mole
carbon dioxide produced per 3 moles methane produced. Cell mass is produced at a yield of 30 g
cell mass for each 1 kg COD that is removed resulting in a 93% removal of COD. Finally, all
sulfates entering anaerobic digestion are converted to hydrogen sulfide. The anaerobic digesters
are sized for a conversion rate of 12 g COD per L digester volume per day. Thirty-seven grams
of nutrients (primarily caustic with some phosphoric acid, urea and micronutrients) are added per
kilogram of COD to provide other nutrients the anaerobic organisms require.

Biogas from the digester contains approximately 75% methane and 25% carbon dioxide on a dry
molar basis. Depending upon the complexity of the feed, the methane fraction may vary from
50% to 90%; technologies are available that may increase the methane fraction. During standard
operation, the gas will flow to the combustor providing about 17.1 MMBTU/hr (5,010 kW) or
2.6% of the total fuel load supplied to the combustor. An emergency biogas flare is designed into
the process to burn the biogas in case of a process upset in the combustor.
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The liquid from the anaerobic digester is pumped to acrobic lagoons with floating aerators. In the
aerobic lagoons 90% of the remaining soluble organic matter is converted with 60% producing
water, carbon dioxide, nitrous oxide, and sulfur dioxide in stoichiometric amounts. The
remaining 30% is modeled to produce cell mass on a mass basis (i.e., the atoms do not necessarily
balance but the mass does). With a 93% reduction of the COD in anaerobic digestion followed
by 90% reduction of the remaining COD in aerobic digestion, the total COD reduction is 99.4%.
The aerobic lagoons are sized for a conversion rate of 0.55 g COD per liter lagoon volume per
day and the aerators are sized to provide 50% more oxygen to the lagoon than is required by the
COD.

The fully digested material is pumped to a clarifier (T-610) where the insoluble material,
consisting primarily of cell mass, is separated from the clean liquor. The clean water has a COD
of about 0.1 g/L and is mixed with process make-up water and recycled to the process (cooling
tower, CIP, etc). Most of the sludge is recycled to the clarifier to keep the aerobic lagoons’ cell
mass loading high. The remaining portion is filtered using a belt filter press (S-614) to remove
most of the water from the solids. To assist in dewatering, polymer is added to the filter press at a
rate of 1.7 g / kg COD entering aerobic digestion. The pressed solids are primarily cell mass and
are conveyed to the combustor for disposal. If higher value disposal options can be found (e.g.,
sale as fertilizer) those will be preferable. Filtrate from the filter press is recycled to the aerobic
lagoons for additional treatment.

Because the evaporator syrup from area A500 contains 60% water, sending it to the combustor
might not be the most economical alternative. As an alternative, we considered sending the
evaporator syrup to wastewater treatment. This would increase the hydraulic and organic load to
WWT, however it would also decrease the load to (and therefore cost of) the combustor. Another
alternative is to send the distillation bottoms to WWT and removed the evaporators, which are
costly. The results of a comparison of these two options against the design case of sending the
syrup to the combustor are shown in Table 18.
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Table 18. Comparison of Sending Evaporator Syrup to the Combustor or WWT

Destination of Evaporator Syrup
Combustor WWT Change |WWT with no| Change
(Design Case) from the | evaporators from
Design Design
Case Case

Minimum Ethanol Selling Price ($/gal) $1.07 $1.14 +$0.07 $1.10 +$0.03
Total Operating Costs (cents/gal):
Other Raw Materials 5.5 6.9 6.9
Waste Disposal 2.9 2.9 2.9
Electricity -9.3 -6.0 -7.0
Fixed Costs 10.9 11.1 10.9
Capital Depreciation 14.3 14.9 14.2
Average Income Tax 10.6 10.8 10.4
Average Return on Investment 254 26.4 25.3
Operating Costs (SMM/yr) 37.9 38.85 +$0.95 38.88 +$0.98
Capital Cost Breakdown (SMM):
Distillation and Solids Recovery $21.8 $21.9 $14.6
WWT $3.3 $10.6 $13.5
Boiler/Turbogenerator $38.3 $35.5 $36.1
Utilities $4.7 $4.4 $3.7
Total Equipment Cost $113.7 $118.3 $113.4
Total Project Investment $197.4 $203 +$5.6 $193.8
Model 102031 102031 wwtl 102031 wwt 2

As expected, the cost of wastewater treatment went up considerably when syrup was introduced.
It went up even further when the evaporators were taken out of the process altogether; however,
eliminating them reduced the capital costs by over $3MM. The capital costs were lowest for the
case where no evaporators were included, but the annual operating costs were $0.98MM greater
because more WWT chemicals were required, but more importantly, because less electricity was
generated when the solids in the syrup were no longer combusted. Thus, the capital savings from
removing the evaporators does not overcome the added operating costs plus lost revenue. One
other impact of removing the evaporators is the loss of clean recycle water. The evaporator
condensate (stream 534A) has no solids and few other impurities (1%). Without evaporators, the
treated wastewater would be used for recycle water. This stream would have solubles and
suspended solids in it (that were previously removed by the evaporators), which could adversely
affect process conversions and equipment efficiency. This comparison shows that the overall
economics as measured by the cost of ethanol production are most favorable when the syrup is
sent to the boiler.

11.6.3 Cost Estimation

All cost estimations for this area were taken from the Merrick report’. The primary equipment
costs in this area are the anaerobic digesters, aerobic lagoons, and the belt filter press. The
anaerobic digester cost was taken from a quote developed by Chattanooga Boiler and Tank
Company for the SS304 fermentation vessels. Merrick quoted the aerobic lagoons as field-
excavated, polymer-lined lagoons. The belt filter press was costed according to a scaled quote
from Phoenix Biosystems.
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ICARUS™ was used to cost the remaining equipment including pumps, heat exchangers, and
surge tanks.

1.7 Product and Feed Chemical Storage — Area 700 (PFD-P110-A701)
I.7.1 Overview

This portion of the plant provides for the bulk storage of chemicals used in the process and
product ethanol. Storage of the biomass feedstock is handled in Section A100 of the process.
Feed chemicals stored in this area include CSL, sulfuric acid, cellulase enzyme, propane (for
feedstock handling forklifts), and gasoline (used as a denaturant for the product ethanol). Water
for fire suppression is also stored here.

I.7.2 Design Basis

Ethanol product storage is based on Delta-T’s experience with fuel ethanol production facilities.
The recommended amount of storage (T-701) corresponds to 7 days of production or 4,540 m’
(1.2 million gal) in two 2,270 m® (600,000 gal) carbon steel tanks.

Based on Delta-T’s experience we used 5 days of storage for sulfuric acid (T-703), which
corresponds to about 72 m® (19,000 gal). Stainless steel (SS316) is used as the material of
construction because of the corrosive nature of sulfuric acid. SS316 is the industry standard for
ambient temperature sulfuric acid.

Using a flow rate of 568 m’/hr (2,500 gpm) of fire-fighting water (similar to another Delta-T
project of about the same size), 2,270 m® (600,000 gal) tank supplies 4 hr of operating time. The
tank (T-704) is of carbon steel construction.

Corn steep liquor (CSL) is a nutrient source for fermentation seed growth and ethanol production.
The storage time is 5 days or a 273 m’ (72,000 gal) tank (T-720). The tank is stainless steel
(SS304) construction. CSL would likely be supplied by rail car. Standard rail tank car capacities
range from 8,000 to 30,000 gallons with typical loads between 20,000 and 25,000 gallons*’ for
products such as corn syrup, resins, oils, fertilizers, and petroleum. Therefore, 3 tank cars of CSL
would be needed every 5 days.

Diammonium Phosphate (DAP) comes in solid form, probably pellets, via rail car. The usage
rate of 4 MT per day will require solids handling and storage equipment similar to that for the
lime in Area 200. The DAP storage bin (T-755) was sized at 40 m’ (10,500 gal) based on a 7-day
storage time. From the storage bin, DAP is fed into a day tank (T-760) where it is mixed with
CSL. The CSL/DAP mixture is then pumped to fermentation seed production and ethanol
production.

Liquid cellulase enzyme is received from an enzyme producer either on-site or close-by. The
storage time is set at 4 days in two 500 m’ (130,000 gal) tanks (T-750), which allows enzyme lots

to be kept separate and identified. The tanks are stainless steel (SS304) construction.

Propane fuel for the forklifts is delivered in 7.6 m® (2,000 gal) trucks. A 33-Ib propane tank,
which fuels the forklift, lasts approximately 8 hours according to the vendor®™. Therefore, the

45



approximate consumption rate of propane for 8 forklifts is 0.022 ft'/min (33 Ib/hr). A 13 m’
(3,435 gal) tank (T-709) gives about 15 days of storage. This tank is pressurized to 250 psig.

Gasoline is used as a denaturant for the ethanol being loaded for transportation away from the
plant. Five percent gasoline (v/v) is added to the ethanol. A 7-day storage time is used for the
gasoline as for ethanol, or 241 m® (63,600 gal) tank (T-710). Carbon steel is used for this tank.

The pumps in this section are generally sized for quickly loading trucks (P-701, P-710) or filling
process day tanks (P-703 and P-720). The firewater pump is sized for 568 m3/hr (2,500 gpm).
Other pumps are sized per the process requirements.

I.L7.3 Cost Estimation
We used ICARUS to estimate the cost for all equipment in this section®.

1.8 Combustor, Boiler, and Turbogenerator — Area 800 (PFD-P110-A801-3)
1.8.1 Overview

The purpose of the combustor, boiler, and turbogenerator subsystem is to burn various by-product
streams for steam and electricity generation. All of the lignin and some of the cellulose and
hemicellulose from the feedstock will remain unconverted through the hydrolysis process. The
majority of wastewater from the process is concentrated to a syrup high in soluble solids.
Anaerobic digestion of the remaining wastewater produces a biogas high in methane. Aerobic
digestion produces a small amount of waste biomass (sludge). Burning these by-product streams
to generate steam and electricity allows the plant to be self sufficient in energy, reduces solid
waste disposal costs, and generates additional revenue through sales of excess electricity.

Reaction Engineering Inc. (REI)’ investigated the combined system of combustor, boiler, and
turbogenerator. They contacted several vendors to obtain cost and operating information to
identify a system suitable for the available fuel streams and steam requirements. REI also
obtained quotes for support equipment including a deaerator, baghouse, and boiler feedwater
pumps.

Three primary fuel streams (post-distillate solids, biogas, and evaporator syrup) are fed to a
Circulating Fluidized Bed Combustor (CFBC). The small amount of waste biomass (sludge)
from wastewater treatment is also sent to the combustor. The post-distillate solids’ moisture
content leaving the Pneumapress is 45%. The biogas and syrup enter the combustor at 4% and
60% moisture, respectively. The moisture of the combined feed to the combustor is 52%. A fan
moves air into the combustion chamber. Treated water enters the heat exchanger circuit in the
combustor and is evaporated and superheated to 510°C (950°F) and 86 atm (1265 psia) producing
184,771 kg/hr (407,420 Ib/hr) of steam. Boiler efficiency, defined as the percentage of the feed
heat that is converted to steam heat, is 68% (see Figure 16). Flue gas from the combustor
preheats the entering combustion air then enters a baghouse to remove particulates, which are
landfilled. The gas is exhausted through a stack.

A multistage turbine and generator are used to generate electricity. Steam is extracted from the
turbine at three different conditions for injection into the pretreatment reactor and heat exchange
in distillation and evaporation. The remaining steam is condensed with cooling water and
returned to the boiler feedwater system along with condensate from the various heat exchangers
in the process. Treated well water is used as makeup to replace steam used in direct injection.
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Makeup water and condensate are softened, deaerated, and preheated with steam to 177°C.
Chemicals for pH control, scale removal, and oxygen removal are added. Boiler blowdown is 3%
of steam production. Section II.10.3 discusses the energy balance of the steam cycle.

11.8.2 Design Basis

The design of the combustor/boiler/turbogenerator system is changed somewhat from an earlier
design by Radian Corporation®. The previous design included a drum dryer that used the hot flue
gas to reduce the moisture in the solids. However, since the Pneumapress pressure filter is
capable of drying the post-distillate solids more efficiently than the centrifuge previously in the
design, the drum dryer is no longer required, and the hot flue gas can be used to preheat the
combustion air (H-801), which improves the boiler efficiency. When combined with maintaining
a high solids content in the syrup, drying the solids helps to ensure a stable combustion bed
temperature and improved boiler efficiency. Foster Wheeler Energy (FWE) suggested maximum
feed moisture of 50%; other sources™ suggest 60% is acceptable. There is a wide range of values
reported, primarily due to the various combinations of combustor designs and feeds being used.
Because of heightened interest in using biomass, pulping wastes, and sewage sludge in place of
fossil fuels, new methods of handling higher moisture feeds are being developed such as in-bed
drying and staged combustion’'. Blending the wet feed with dry material or adding auxiliary fuel
to maintain the combustion temperature are more traditional methods. A Lower Heating Value
(LHV) of 1,111-1,389 kcal/kg (2,000-2,500 BTU/Ib) is considered a minimum for maintaining
combustion’. The combined feed to the combustor has a LHV of 2,322 kcal/kg (4,179 Btu/Ib).
The total energy (on a higher heating value basis) to the combustor in the combined feed streams
is 178 MMkcal/hr (706 MMBtu/hr). The solids contribute 59% of this energy and the syrup
contributes 37%.

Foster Wheeler Energy (FWE)® confirmed the Radian design® of a circulating fluidized bed
combustor (CFBC) (M-803). This type of combustor is suitable for varying feeds and feed
characteristics; however, this flexibility is more expensive than a grate or pile combustor.
Because the bed material is returned to the combustor after the cyclone, CFBCs have little
unburned carbon in the ash. Compared to coal, the combined feed in this process has
significantly less ash and could require supplementing the bed with sand to keep an adequate bed
level. Two drawbacks to these units are the high power requirement for circulation and the
potential for erosion due to high particulate velocities. Parameters for emissions and efficiency
losses were supplied by FWE.

Because the steam pressure required by the process is not high (13 atm [191 psia]), NREL
engineers originally envisioned a lower pressure system. FWE declined to quote on this system,
citing it as non-standard due to the low operating pressure available to move the water/steam over
the heating surfaces. After further study, FWE did state that a low-pressure system might be cost-
effective because the lower materials cost may pay for the cost of added piping on the steam side,
but they did not provide a cost estimate.

Another option, gasification of the waste streams to produce steam and electricity, is being
studied at NREL. Gasification has the potential to produce enough steam and larger amounts of
electricity through an integrated combined cycle (gas and steam turbine) system than
conventional combustion with only a steam turbine.

The turbogenerator (M-811), which consists of a multistage turbine with extraction ports,
generator, and condenser is the other main portion of this section, producing lower pressure steam
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and electricity. Twenty-eight percent (28%) of the steam is extracted from the turbine at 13 atm
(268°C [191 psia, 514°F]), 60% at 4.4 atm (164°C [65 psia, 327°F]), and 3% at 1.7 atm (115°C
[25 psia, 239°F]) for process needs. The remaining steam (9%) is condensed at 0.1 atm (1.5
psia). ABB Power Generation Systems (ABB) provided cost, efficiency, and design information,
which were used in the model’. ABB representatives, when asked about the low-pressure boiler
discussed above, stated that the lower pressure option did not allow the most cost effective
turbine system; higher-pressure systems supply more electricity on a power per capital cost basis.
Badger,” working with Turbodyne, came to the same conclusion, stating “for larger turbines of
8000 kW upward steam inlet pressure has little effect on capital costs over the range 200-1600
psig”. Per ABB, the turbine efficiency was set at 85%. For this design, a total of 30.4 MW of
power is generated from the system. The process uses 11.7 MW, leaving 18.7 MW that is sold to
the grid.

V. Putsche confirmed the FWE and ABB design parameters using an ASPEN combustor/boiler
model showing good correlation of efficiencies, output flows, and ternperatures5 3,

The boiler feed water (BFW) system includes a softener (M-820) for the makeup and condensate
water, a deaerator (T-826) to remove air and other non-condensables, surge tanks and pumps.
The boiler feedwater pumps (P-826) produce 98 atm (1445 psia) of pressure and require 709 kW
(951 hp) of power. Liquid hydrazine (T-830, PFD-P110-A804) is injected into the deaerator to
remove oxygen, which can pit the boiler surfaces. Ammonia, which volatizes with the steam, is
added to control the pH and reduce the corrosive nature of the hot condensate. Phosphate is also
added to control the formation of scale in the steam drum. The oxygen, pH, and hardness control
systems were designed by Badger’” and follow conventional practice®. The amount of water
treatment necessary depends on the incoming water quality, metallurgy of the boiler, and the ratio
of makeup to condensate in the feedwater. The current system contains some redundancy;
however, the control systems’ costs are low compared to the replacement cost of the boiler or its
components.

The power usage estimate for the baghouse (M-804) cleaners (176 kW [236 hp]) was obtained
from the vendor, Hamon Research-Cottrell. One induced draft fan was used to move the flue gas
from the combustor cyclone through the baghouse.

Pollutant generation values were taken from information provided by FWE. Baghouse efficiency
of 98.8% was taken from information supplied by the vendor. All of the emissions are below the
current New Source Performance Standards (NSPS) limits> so no control measures other than the
baghouse were added to the process. Pollutant flow rates are calculated from the generation rates
discussed below and the higher heating value of the combustion feed stream.

Sulfur dioxide is assumed to be generated at a rate of 0.68 kg/MWhr (0.44 1b/MMBtu). All of the
sulfur into the combustor is converted to sulfur dioxide; 1% of the generated sulfur dioxide is
converted to sulfuric acid. The presence of this acid requires that the flue gas temperature be kept
above the dew point to avoid corrosion. Sulfur comes from wastewater treatment (hydrogen
sulfide), neutralization of sulfuric acid, and is present in the proteins within the cellulase and
biomass entering the boiler with the pressure filter and spent biomass solids, respectively.
Limestone, if it is needed to control sulfur dioxide to a stricter standard, can be purchased for
about $6 per ton for quarter-inch particle size.> The amount of sulfur in the combustor feed
streams is higher than untreated biomass, but lower than most coals.

Carbon monoxide is assumed to be generated at a rate of 0.31 kg/MWhr (0.2 1b/MMBtu).’
Unburned carbon (char) in the ash is low at 1%, owing to the circulation of the unburned carbon
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back to the combustor bed from the cyclone. The flue gas composition of 804D on PFD-P110-
A801 shows the remaining unreacted components; in actuality, these would be present in the flue
gas as char.

NO, is generated at 0.31 kg/MWhr (0.2 Ib/MMBtu)’. Nitrogen oxide, or NO,, formation is a
complicated mechanism, and depends on the feed, combustion temperatures, excess air rate,
combustor design and the presence of other control schemes like limestone injection for sulfur
dioxide control. CFBCs are generally considered to have lower NO, emissions due to lower
combustion temperatures compared to traditional pile or grate combustors. The fate of the
ammonia species in a combustor is not well understood, but there is evidence to suggest that
some of the ammonia is converted to nitrous oxide (N,O) while also acting to reduce NO,
formation.”> Ammonia injection has long been a means of reducing NO, emissions. The nitrogen
level in the combined feed is similar to coal when the ammonia species are included, but is more
like untreated biomass 