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A one-dimensional, unsteady mathematical model is presented of fixed-bed counter-
current wood gasifiers, which couples heat and mass transport with wood drying and
devolatilization, char gasification, and combustion of both char and gas-phase species.
The model is used to simulate the structure of the reaction fronts and the gasification
behavior of a laboratory-scale plant as the reactor throughput and the air-to-wood (or
char) weight ratio are varied. It is observed that a wide zone, acting essentially as a
countercurrent heat exchanger, separates combustion/gasification from devolatilization/
drying. Moreover, the former zone presents interesting dynamic patterns driven by the
highly variable solid/gas heat transfer rates. For a constant air-to-wood weight ratio, the
gasification process is improved by increasing the reactor throughput as a result of higher
temperatures, in spite of the simultaneous reduction in the amount of char generated from
wood devolatilization. In fact, an increase in the air-to-wood (or char) ratio always
lowers the efficiency of the gasification process. Finally, good agreement is obtained
between predictions and experiments for the axial temperature profiles and the compo-
sition of the producer gas. © 2004 American Institute of Chemical Engineers AIChE J, 50:
2306–2319, 2004
Keywords: modeling, wood, gasification, fixed-bed reactor

Introduction

Gasification is an important technology widely applied for
solid–gas reactions of coal and biomass. Large-scale develop-
ment and optimization require mathematical modeling that—
allowing quantitative representation of various phenomena—is
a powerful tool for process design, prediction of gasifier per-
formances, understanding of evolution of pollutants, analysis
of process transients, and examination of strategies for effec-
tive control. Numerous models have been proposed for fixed-
bed reactors, given that this technology is applied for 89% of
the coal gasified in the world (entrained beds contribute 10%
and fluid-beds only 1%) (Radulovic et al., 1995). Previously,
the state of the art for coal conversion was carefully reviewed
by the Advanced Combustion Engineering Research Center of

the Brigham Young University (Provo, UT) (Hobbs et al.,
1993). The common features adopted by the different models
were identified and include:

(1) single shape and size of the particles;
(2) no momentum transfer;
(3) constant porosity of the bed;
(4) heat and mass transfer coefficients for nonreacting sys-

tems;
(5) instantaneous drying;
(6) instantaneous or highly simplified solid devolatilization;
(7) uncertainty on the intrinsic kinetics of heterogeneous

combustion and gasification reactions;
(8) no homogeneous gas-phase reaction, apart from the

water–gas shift equilibrium;
(9) steady, one-dimensional equations; and
(10) limited model sensitivity analysis and validation.

The authors of the review also point out that “model develop-
ment has not reached the point where significant use is made in
process development for coal utilization,” but some successive
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analyses presented by the same research group (Ghani et al.,
1996; Radulovic et al., 1995) have contributed significantly to
this issue through models that remove assumptions 3, 5, 6, and
10. Also, the most recent study by Monazam and Shadle
(1998), aimed at the formulation of engineering correlations for
countercurrent coal gasification, should be mentioned.

A very few models have been proposed for biomass gasifi-
cation. Heterogeneous reaction kinetics and transport phenom-
ena have been considered by Groeneveld and van Swaaij
(1980), Manurung and Beenackers (1994), and Di Blasi (2000).
All these analyses are for concurrent (downdraft) gasifiers and
the models reflect the state of the art achieved in coal gasifi-
cation. On the contrary, only one highly simplified description
has been proposed for the countercurrent (updraft) configura-
tion, specifically applied for the gasification of bundled jute
sticks (Kayal and Chakravarty, 1994).

In this study, a model is presented that is comprehensive of
the main physical and chemical processes of countercurrent
fixed-bed gasification of wood, a fuel whose behavior has not
yet been simulated. Assumptions 1, 2, 3, 4, 7, and, in part, 9
(one-dimensional system; Hobbs et al., 1993) are still retained,
but the model is dynamic, removes the other limitations, and
takes into account the effects of axial heat conduction and mass
diffusion. Also, simulations are carried out for a laboratory-
scale plant (Di Blasi et al., 1999) and a comparison is provided
between predictions and measurements.

Problem Formulation

A countercurrent gasification process (schematic in Figure 1)
consists of a shaft continuously filled with wood chips, while
air or a mixture of air and steam is injected from the bottom.
Combustion takes place here, supplying heat for the globally
endothermic processes of gasification, pyrolysis, drying, and,
of course, for preheating the cold feed. These processes are
stratified along the reactor height because wood particles en-
counter a gas at successively higher temperatures while de-
scending toward the grate. However, this is only a rough
schematization and, depending on feedstock characteristics and
operating conditions, the different zones may overlap.

Model equations for the fixed-bed reactor

Countercurrent gasification processes are modeled by means
of the equations of conservation of mass and energy for the
solid and the gas phase on a macroscale, written for a one-
dimensional (reactor axis), unsteady system. No spatial intra-
particle gradients of temperature exist, particles fed present the
same size and (spherical) shape, and the porosity of the bed
remains constant. As usually done in the mathematical model-
ing of fixed-bed reactors (Hobbs et al., 1993), turbulence is not
formally considered in the formulation of the model equations,
but is implicitly accounted for through the correlations for the
heat/mass transfer coefficients. To reduce the number of input
parameters needed for process simulation, the momentum bal-
ance is not considered. The model is thus applicable for quasi-
isobaric reactors (Buekens and Schoeters, 1985), that is, for
reactors with a relatively shallow bed and high porosity. On the
other hand, the pressure drop is expected not to be negligible in
the presence of significant amounts of fines or when a thick
layer of (fine) ash particles is built up to the grate.

The main processes modeled include:
(1) moisture evaporation/condensation;
(2) finite-rate kinetics of wood devolatilization and tar deg-

radation;
(3) heterogeneous gasification (steam, carbon dioxide, and

hydrogen) and combustion of char;
(4) combustion of volatile species;
(5) finite-rate gas-phase water–gas shift;
(6) extraparticle mass transfer resistances, through the in-

troduction of apparent rates for the heterogeneous reactions
according to the unreacted core model;

(7) heat and mass transfer across the bed resulting from
macroscopic (convection) and molecular (diffusion and con-
duction) exchanges;

(8) absence of thermal equilibrium (different solid and gas
temperatures);

(9) solid- and gas-phase heat transfer with the reactor walls;
(10) radiative heat transfer through the porous bed; and
(11) variable solid and gas flow rates.
The conservation equations are written for wood (1), mois-

ture (2), gas-phase species (3–10) (oxygen, hydrogen, carbon
monoxide, carbon dioxide, methane, steam, tar and nitrogen),
total gas continuity (11), solid-phase enthalpy (12), and gas-
phase enthalpy (13), together with the ideal gas law (14):
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Figure 1. Countercurrent (updraft) wood gasifier.
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The submodels for the source terms (chemical reactions and
moisture evaporation), heat/mass transfer coefficients, and
proper equations for the char density and the solid velocity are
specified below.

Moisture evaporation

As in previous studies (Hobbs et al., 1993), moisture evap-
oration is diffusion controlled:

mM � �pApkm��v � �H2O� (16)

�v�T*

Mv
� exp�a1 �

a2

T*� (17)

where T* is the average value between the solid and the gas
temperatures (Winslow, 1976).

Pyrolysis kinetics

A one-step global reaction is considered for wood devola-
tilization, where the fractions of gas, tar, and char (Antal, 1982,
1985a; Di Blasi, 1993) produced should be assigned

W ™3
kp1

�CCHAR � �COCO � �CO2CO2 � �H2H2 � �CH4CH4

� �H2OH2O � �TTAR (p1)

rp1 � Ap1exp��
Ep1

�Ts
��W (18)

Tars undergo secondary cracking in the void spaces of the bed
(one-step global reaction with Arrhenius rate), to produce sec-
ondary gases, whose composition should again be assigned

TAR ™3
kp2

�*COCO � �*CO2CO2 � �*CH4CH4 (p2)

rp2 � �Ap2exp��
Ep2

�Tg
��T (19)

Kinetic constants for primary pyrolysis are derived from Rob-
erts and Clough (1963), whereas those for tar cracking are from
Liden et al. (1988) (Table 1). The enthalpy variation resulting
from wood devolatilization is assumed to be negligible because
its effects are usually small (Di Blasi, 2002).
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It should be noted that the treatment of the pyrolysis kinetics
used here is highly simplified and that more comprehensive
mechanisms are currently available (see, for example, Antal,
1983, 1985a,b; Di Blasi, 2002; Di Blasi and Branca, 2001a).
Moreover, as in all the previous models of fixed-bed counter-
current gasification, tar condensation and the possible changes
induced by this process on the physical properties of the bed
are not taken into account. From the practical side, although
condensation in the upper part of the bed is observed to a
certain extent (Di Blasi et al., 1999), temperatures are usually
relatively high and most of the tars in the exit stream are in the
vapor phase.

Combustion and gasification kinetics

Combustion of volatile products includes the reactions for
tar [modeled as hydrocarbon CH1.522O0.0228 (Bryden and Rag-
land, 1996), with molecular weight of 94 (Corella et al., 1991)],
methane, carbon monoxide, and hydrogen (Table 1)

�tar� CH1.522O0.0228 � 0.867O2 ™3
kc1

CO � 0.761H2O (c1)

CH4 � 1.5O2 ™3
kc2

CO � 2H2O (c2)

2CO � O2 ™3
kc3

2CO2 (c3)

2H2 � O2O¡
kc4

2H2O (c4)

The reaction rates are modeled as in Bryden and Ragland
(1996), except that, for computational simplicity (Di Blasi,

2000), they are first-order with respect to fuel (c1, c2) and
oxygen (c3)

rj � �Ajexp��
Ej

�Tg
�TgCiCO2 j � c1, c2 i � T, CH4

(20)

rc3 � �Ac3exp��
Ec3

�Tg
�CCOCO2CH2O

0.5 (21)

rc4 � �Ac4exp��
Ec4

�Tg
�CH2CO2 (22)

The corresponding kinetic constants are derived from Bryden
and Ragland (1996) (c1, c2), Cooper and Hallett (2000) (c3),
and Di Blasi (2000) (c4). Heats of reaction for c1–c4 are those
reported by Bryden and Ragland (1996).

The water–gas shift reaction (Table 1)

CO � H2OL|;
kwg

CO2 � H2 (wg)

rwg � �kwg�CCOCH2O �
CCO2CH2

KE
� (23)

kwg � Awgexp��
Ewg

�Tg
� (24)

KE � AEexp� EE

�Tg
� (25)

Table 1. Kinetic Constants, Reaction Heats, Char Composition (�, �), CO/CO2 Ratio (�) for Reaction c5,
and Parameters � and k*m

Parameter Value Reference

kp1 1.516 � 103exp(�75549/Ts) s�1 Roberts and Clough (1963)
kp2 4.26 � 106exp(�12919/Tg) s�1 Liden et al. (1986)
kg1 	kg3 	 107exp(�26095/Ts) m s�1 K�1 Goeneveld and van Swaaij (1980)
kg2 104exp(�26095/Ts) m s�1 K�1 Estimated as in Hobbs et al. (1993)
rj 9.2 � 106exp(�9650/Tg)TgCiCO2 kmol m�3 s�1 Bryden and Ragland (1996)

j 	 c1, c2, i 	 T, CH4

rc3 1.3 � 1011exp(�15105/Tg)CCOCO2CH2O
0.5 kmol m�3 s�1 Cooper and Hallet (2000)

rc4 1011exp(�10000/Tg)CH2CO2 kmol m�3 s�1 Di Blasi (2000)
kc5 5.67 � 107exp(�19294/Ts) m s�1 K�1 Kashiwagi and Nambu (1992)
kE 0.0265 exp(3966/Ts) Yoon et al. (1978)
kwg 2.78 exp(�1513/Tg) m3 s�1 mol�1 Biba et al. (1978)
�hwg 41.2 kJ/mol Buekens and Schoeters (1985)
�hc5 [0.5 � 393.8(CO2) � 0.5 � 110.6(CO)] kJ/mol Buekens and Schoeters (1985)
�hg1 �172.6 kJ/mol Buekens and Schoeters (1985)
�hg2 74.93 kJ/mol Buekens and Schoeters (1985)
�hg3 �131.4 kJ/mol Buekens and Schoeters (1985)
�hc1 �17473 kJ/kg Bryden and Ragland (1996)
�hc2 �17473 kJ/kg Bryden and Ragland (1996)
�hc3 �10107 kJ/kg Bryden and Ragland (1996)
�hc4 �142919 kJ/kg Bryden and Ragland (1996)

 0.2526 (estimated)
� 0.0237 (estimated)
� 0.8013 Yoon et al. (1984)

 0.2 (estimated)
k*m 0.15 m/s (estimated)
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is also considered with finite-rate kinetics (Biba et al., 1978; the
equilibrium constant is derived from Yoon et al., 1978) and
reaction heat as in Buekens and Schoeters (1985).

Heterogeneous reactions of char are

CH
O� � �O2 ™3
kc5 �2 � 2� � � �




2�CO

� �2� � � �



2
� 1�CO2 �




2
H2O (c5)

CH
O� � CO2 ™3
kg1

2CO � �H2O � �


2
� ��H2 (g1)

CH
O� � �2 �



2
� ��H2 ™3

kg2

CH4 � �H2O (g2)

CH
O� � �1 � ��H2O ™3
kg3

CO � �1 � � �



2�H2 (g3)

In the char/oxygen reaction, the molar ratio of CO to CO2

produced is reported to be a function of the temperature (Cho
and Joseph, 1981; Hobbs et al., 1993). As a reference value, a
1/1 ratio is always chosen (Yoon et al., 1984), with the ele-
mental composition of char consisting of 95% C, 2% H, and
3% O (
 	 0.2526, � 	 0.0237, and � 	 0.8013, Table 1).

The selection of the intrinsic kinetic constants is critical
because the interpretation of the experimental data is generally
based on a power-law dependency of both species concentra-
tions involved in the reactions (char and oxidant/gasifying
agent), which is not applicable in the unreacted-core model
usually used for describing single-particle effects. Thus, the
parameter values derived from Kashiwagi and Nambu (1992)
for combustion and from Groeneveld and van Swaaij (1980)
for gasification through carbon dioxide and steam are only the
best guess from the literature (Table 1). The rate of hydrogen
gasification is assumed to be 3 orders of magnitude slower
(Hobbs et al., 1992). The enthalpy variation for the gasification
reactions g1–g3 is derived from Kayal et al. (1994), whereas
the corresponding values for char combustion are derived from
Buekens and Schoeters (1985) for CO formation and again
from Kayal et al. (1994) for CO2 formation (Table 1).

Single-particle effects

The assumption of isothermal particles leads to a devolatil-
ization process controlled by either chemical reaction kinetics
or external heat transfer (gas to solid heat transfer coefficient).
Moreover, the rate constants (Roberts and Clough, 1963) used
here can be considered representative of apparent kinetics (Di
Blasi and Branca, 2001a), so that internal heat transfer resis-
tances are also accounted for, although with a high simplifica-
tion.

Previous literature (for example, Hobbs et al., 1993; Yoon et
al., 1976) describes mass transfer limitations during the occur-
rence of heterogeneous reactions by means of the unreacted-
core model with either constant or shrinking particle size,
depending on the ash content of the fuel. The ash content of
wood is small, so that the second approach is considered here.

To account for the simultaneous effects of the different resis-
tances (diffusion through the gas film, surrounding the particle,
and intrinsic chemical kinetics), an effective reaction rate is
introduced, assuming a linear dependency on the oxidizing/
gasifying species concentration. The shrinkage occurs as a
consequence of the heterogeneous reactions, whereas devola-
tilization and moisture evaporation cause a decrease in the bed
density. Hence, the following equations (the reaction rates rj

are per unit char mole consumed) are considered

rj �
Ci

1

km
�

1

kj

Ap�p (26)

kj � Ajexp��
Ej

�Ts
� j � c5, g1–g3

i � O2, CO2, H2, H2O (27)

�p �
�1 � ��

Vp
(28)

Ap�p �
6�1 � ��

dp
(29)

Vp

Vp0
�

dp
3

dp0
3 dp � dpmin (30)

��C

�t
� Us0

��C

� z
� �Crp1 (31)

�C0

�Us

� z
� � �

j

MCrj j � c5, g1–g3 (32)

Vp

Vp0
�

Us

Us0
(33)

�C0 � �C�B0 (34)

It is worth noting that the solid velocity is constant along the
devolatilization region (equal to Us0), so that the effects of
chemical reactions appear as a variation in the bed density (the
char density is evaluated from Eq. 31). On the other hand, the
bed density is constant along the gasification/combustion re-
gion (equal to �C0), and the changes induced by chemical
reactions are taken into account by a variable solid velocity
(evaluated from Eq. 32). The minimum size of the particle
(when complete conversion is attained and the reaction rates
are set to zero) and, consequently, the maximum particle num-
ber density �p are assigned through the parameter dpmin, which
can be related to the initial ash content of the fuel (Hobbs et al.,
1993).

Properties of heat and mass transfer coefficients

Literature correlations are used for the solid/gas heat-transfer
and the mass-transfer coefficients (Gupta and Todos, 1963)
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hsg � 

2.06cg�gUg

�
Re�0.575Pr��2/3� (35)

km �
2.06Ug

�
Re�0.575Sc��2/3� km � k*m (36)

A correction factor, 
 (Eq. 35), is introduced along the char
zone to take into account unsteady heat transfer effects in
reacting systems (Hobbs et al., 1993). Small values have been
shown (Cho and Joseph, 1981; Radulovic et al., 1995) to
produce temperature profiles in agreement with measurements.
Thus a reference value equal to 0.2 (Table 1) is chosen in this
study. Because of the different scales of the conversion units
(in particular, there is large uncertainty for low Reynolds
numbers) and again the changes introduced by chemical reac-
tions, Eq. 36 for the mass-transfer coefficient may lead to
unrealistic temperature values. Corrective factors, which limit
the maximum k*m (Bhattacharya et al., 1986; Di Blasi, 2000) or
reduce km for all conditions (Goldmann et al., 1985), have also
been introduced. The first approach is chosen here with k*m 	
0.15 m/s (Table 1) as a reference value.

Viscosity and thermal conductivity of the gas are derived
from Purnomo et al. (1988)

	g � 4.8 � 10�4Tg
6.717 � � 1.98 � 10�5�Tg/300�2/3

(37)

The effective thermal conductivities are modeled as in Gold-
man et al. (1984)

	*g � �	g (38)

	*s � �	rg � �
	s


	s/�dp	rs� � 1.43�1 � 1.2���
(39)

	rg � 4�0.05Tg
3 (40)

	rs � 4�0.85Ts
3 (41)

	s � 0.0013 � 0.05�Ts/1000� � 0.63�Ts/1000�2 (42)

Boundary conditions

At the bottom of the reactor (z 	 0), temperature, velocity,
and densities of the inlet stream are assigned. Also, the solid is
assumed to be at ambient temperature, as observed for both
wood (Di Blasi et al., 1999) and coal (Goldman et al., 1984) at
a laboratory scale

�i � 0 i � CO2, CO, H2, CH4, T (43a)

�i � �g0Yi0 i � N2, O2, H2O (43b)

Ug � Ug0 (43c)

Tg � T0 (43d)

Ts � T0 (43e)

At the reactor top (z 	 L), the feed conditions are assigned and
a convective outflow condition (Cooper and Hallett, 2000) is
used for enthalpy and gas-phase species

�B � �B0 (44a)

Us � Us0 (44b)

�M � �B0YL0 (44c)

�C � 0 (44d)

Ts � Ts0 (44e)

�Tg

� z
�

��i

� z
� 0 i � CO2, CO, H2, CH4, O2, H2O, T (44f)

Initial conditions

Given the transient character of the model, ignition can be
simulated. In this case, the initial conditions describe a gasifier
filled with wood particles while hot air is injected from the
bottom. This causes wood devolatilization and ignition. After a
certain time, when the reaction zone becomes sufficiently large,
the air temperature is brought to the ambient value and the
simulation is carried out with a chosen set of parameters. To
reduce the computational time, in the simulations discussed
here, a steady-state scenario, corresponding to a reaction zone
located near the bottom of the reactor, was chosen as the initial
condition (time equal zero) in all cases.

Numerical solution

The numerical solution of the model equations is based on
the operator splitting procedure (Di Blasi and Branca, 2001b)
and finite-differences approximations. The reactor is divided
into a set of elementary cylindrical cells, whose cross sections
coincide with the reactor cross section, whereas the height can
be variable. The grid is staggered, that is, the velocities are
positioned at the boundaries and the other variables (tempera-
tures, densities, and so on) at the center of each elementary
volume. The solution procedure is divided into three stages,
corresponding to chemical reaction processes, heat exchange
(between phases and with the reactor wall), and transport
phenomena. For each time step, in the first two stages, for each
elementary volume of ordinary differential equations, the so-
lution is calculated by means of a first-order implicit Euler
method. In the third step the transport equations, after discreti-
zation with the hybrid scheme, are solved through a semi-
implicit procedure (Di Blasi and Branca, 2001b); that is, each
conservation equation is implicit in the corresponding variable
being conserved, whereas the other variables are taken as the
last available values. For all stages, the equations for the
condensed-phase variables are solved first, followed by those
of gaseous components and temperatures.
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Results

The model was used to simulate a laboratory-scale plant (Di
Blasi et al., 1999), which is a cylindrical shaft with 0.50 m
length and 0.10 m internal diameter. Input data are summarized
in Tables 1–3. The kinetic constants, the reaction heats, the
elemental composition of char, the CO/CO2 ratio for the reac-
tion c5, and the two parameters 
 and k*m are listed in Table 1
(reference data). The bed properties for beech wood particles
(Table 2, reference data) are those of the experiments (Di Blasi
et al., 1999), where the parameter dpmin was evaluated for an
ash content of beech wood equal to 0.05% (Di Blasi et al.,
2001). Moreover, the bed to wall heat-transfer coefficient
(0.167 kJ/m2 s�1 K�1) is chosen so as to give good agreement
between predictions and measurements for all the air-to-fuel
weight ratios investigated (Di Blasi et al., 1999). The specific
heat and diffusivities are taken constant and evaluated for a
temperature of 1000 K, whereas the specific heats of wood,
char, and tar are derived from Di Blasi (2002) (these parame-
ters are not listed in Table 2).

Operating conditions of the gasifier, stoichiometric coeffi-
cients, and gas composition of both primary and secondary
degradation of wood are also selected in accordance with
experimental conditions/results and are reported in Table 3.
The gasification tests (Di Blasi et al., 1999) were carried out for
a constant bed height, using the fuel feed rate Wf as the
manipulated variable, when the air flow rate Wa was varied. In
this way, associated with different Wa values, the air-to-fuel
weight ratio R also varied. The values of Wf varied over a range
of 1.260–2.340 kg/h, corresponding to R between 1.27 and
1.05.

It is well known that the yields of the three classes of
products (char, tar, and gas) generated from primary wood
degradation (reaction p1) are dependent on the heating condi-
tions (see, for example, Di Blasi et al., 2001; Scott et al., 1988).
In particular, it was observed that, in the gasification tests, the
reduction in the parameter R gave rise to successively higher
temperatures, enhancing the formation of volatile products at
the expense of char during the devolatilization stage. Hence,
the stoichiometric coefficient �C is estimated from the pyrolysis
of packed beds of beech wood particles (Di Blasi et al., 1999)
carried out for temperatures reproducing those of the gasifica-
tion tests. For maximum (external) temperatures of 700–850
K, �C ranges between 0.35 and 0.255. Given that the corre-
sponding variations in the gas yield are smaller, to limit the
number of variable input parameters, the coefficient �G was
taken constant (the gas composition has also been evaluated in
accordance with the measurements for an external temperature
of 800 K and is reported in Table 3). Only the parameter �T was

adjusted to compensate for the variations in �C. Moreover, the
influences of the pyrolysis conditions on the elemental char
composition (Table 1) are neglected. Because of the mild
thermal conditions of updraft gasification, the activity of reac-
tion p2 (secondary tar degradation in the void fraction of the
bed) is small. Therefore the corresponding composition of the
gas (Table 3) was taken constant and estimated in accordance
with Boroson et al. (1989).

To compare predictions and measurements, simulations
were made for the four tests, indicated in Table 3 as a–d. The
same input data (Tables 1–2) were used in all cases, except for
the stoichiometric coefficients of the pyrolysis reaction p1.
Moreover, to gain a better understanding of the process, a
parametric analysis was carried out using case c as a reference.
Simulations were made by varying separately either the air
(Wa) or the fuel (Wf) feed rate, resulting in different values of
R, the coefficient �C (char yield from the devolatilization re-
action), and the reactor throughput (simultaneous variation in
Wa and Wf, keeping R constant). Finally, the empirical param-
eter 
 was also varied in a relatively narrow range around the
reference value (Table 1).

All the simulations were made with a time step of 10�3 s and
space steps of 0.2 cm, giving grid-independent solutions for the
reference values of the input parameters (Tables 1–3).

Structure of the reaction fronts

The main features of the updraft gasification process are
shown in Figures 2–5, which report the axial profiles of solid
and gas temperatures, molar fractions of gas-phase species,
reaction rates, gas and solid velocities, solid density (�s 	 �W

� �C), and particle volume for the case c (R 	 1.11) of Table
3. The profiles shown here (and the followings unless other-
wise specified) correspond to conditions of maximum solid
temperature. In fact, limited to a thin zone (about 1.5 cm wide)
above the grid, oscillatory phenomena were observed, whose
nature and evolution is discussed in detail in the next section.
As wood is fed at the gasifier top, evaporation of moisture
occurs almost instantaneously, probably because of the highly
simplified description of this process, resulting in a steep
gradient in the total solid density and temperature, as previ-

Table 3. Air Feed Rate (Wa), Fuel Feed Rate (Wf), and Air-
to-Wood Ratio (R) as in the Experimental Tests (Di Blasi et
al., 1999) Indicated as (a)–(d), Stoichiometric Coefficients of
Char and Tar for the Pyrolysis Reaction p1 (Di Blasi et al.,
1999), and Composition of Gas Produced by Reactions p1

(Di Blasi et al., 1999) and p2 (Boroson et al., 1989)

Operating conditions and stoichiometric coefficients of reaction p1
(a) Wa 	 1.590 kg/h, Wf 	 1.250 kg/h, R 	 1.27,

�C 	 0.350, �T 	 0.385
(b) Wa 	 1.760 kg/h, Wf 	 1.560 kg/h, R 	 1.13,

�C 	 0.315, �T 	 0.420
(c) Wa 	 2.160 kg/h, Wf 	 1.950 kg/h, R 	 1.11,

�C 	 0.285, �T 	 0.450
(d) Wa 	 2.460 kg/h, Wf 	 2.340 kg/h, R 	 1.05,

�C 	 0.255, �T 	 0.480
Gas composition, reaction p1

�CO 	 0.045, �CO2 	 0.10 �CH4 	 0.003, �H2 	 0.002,
�H2O 	 0.115

Gas composition, reaction p2
�*CO 	 0.70, �*CO2 	 0.18, �*CH4 	 0.12

Table 2. Bed Properties for Beech Wood Particles as
Reported by Di Blasi et al. (1999) or Estimated (*)

�W0 	 360 kg/m3

� 	 0.5
L 	 0.5 m
D 	 0.1 m
dp0 	 0.005 m
YL0 	 5%, db
Tw 	 Tb 	 Ts0 	 Tg0 	 300 K
YN20 	 0.764, YO20 	 0.23, YH2O0 	 0.006
dp min 	 0.005dp0

hw 	 1.256 W m�2 K�1(*)

2312 AIChE JournalSeptember 2004 Vol. 50, No. 9



ously observed by Radulovic et al. (1995) for coal gasification.
The gas temperature at the exit is about 420 K.

Wood devolatilization, occurring at temperatures above 650
K, is also characterized by significant spatial gradients (z 	
0.35 m), again with a rapid change in the bed density (constant
solid velocity) and temperature profiles (Figure 4). Because of
devolatilization, tar vapors, steam, and gases are produced with
a significant addition of mass to the gas phase. Secondary
cracking reactions of tars do not occur because of the low
temperatures in the upper part of the reactor (the maximum rate
of reaction p2 is slower, by 3 orders of magnitude, than that of
reaction p1; Figure 4). Consequently, as observed experimen-
tally, the tar content of the gas is high (21% of the total molar
concentration of gaseous effluents). Although the temperature
is relatively low, the water gas shift reaction is active, given the
high concentration of reactants (in particular steam). Apart

from N2, the most abundant among product species is CO,
followed by CO2, H2O, CH4, and H2.

In the central zone of the gasifier the activity of both heter-
ogeneous and homogeneous reactions is negligible, as indi-
cated, on one side, by the constant value of bed density and
solid velocity and, on the other side, by the absence of oxygen
and tar. Gas-phase temperatures are slightly higher than those
of the solid phase. Indeed, the main process occurring in this
zone is the heating of the slowly descending char bed by means
of the hot volatile products coming from the bottom. Again,
this finding is in qualitative agreement with the literature on
coal gasification (for example, Goldman et al., 1984).

Combustion and gasification are localized along a thin zone
at the bottom of the gasifier, as shown by the profiles of the
combustion/gasification rates (Figure 5). The rapid rise of the
solid temperature up to values slightly below 1600 K, just
above the grate, is caused by char combustion, active for an

Figure 2. Axial profiles of solid and gas temperatures,
molar fractions of CO, CO2, H2, and CH4 (on
dry basis), and H2O and tar (on total basis).
As predicted [reference data and case c (R 	 1.11), lines] and
measured (symbols; Di Blasi et al., 1999).

Figure 3. Axial profiles of solid and gas velocities, total
density of the bed (�s � �W � �C), and particle
volume.
As predicted with the reference data and case c (R 	 1.11).

Figure 4. Axial profiles of temperatures, rates of primary
and secondary pyrolysis reactions, and rate of
the water-gas shift reaction along the drying/
devolatilization zone of the gasifier.
As predicted with the reference data and case c (R 	 1.11).

Figure 5. Axial profiles of temperatures and reaction
rates along the combustion/gasification zone.
As predicted with the reference data and case c (R 	 1.11).
The reaction rates (�j) refer to the grams of carbon (g1, g3,
c5), CO (c4), or H2 (c3) depleted.

AIChE Journal 2313September 2004 Vol. 50, No. 9



extension of about 2 cm, corresponding to the 3–4 particle size
previously reported (Goldman et al., 1984). As soon as the
thermal conditions become severe and gasification starts, be-
cause of the high endothermicity, the solid-phase temperature
undergoes a fast decrease, which quenches the heterogeneous
reactions. In the bottom zone, the particle size and the solid
velocity rapidly attain a minimum (Figure 3), whereas the
particle density number attains a maximum. Also, gasification
is responsible for the minimum in the CO2 and steam profiles
(Figure 2).

As expected, the difference between the solid and gas tem-
peratures is large at the grate, where air is fed at ambient
conditions. Then, first because of heat transfer from solid to
gas, the incoming gas is heated. The production of CO and H2

and the mixing with the residual air results in a premixed flame,
which extends well above the gasification zone. However,
because of the low gas-phase temperatures, the rates of the
homogeneous combustion reactions are slower, by about 2
orders of magnitude, than those of the heterogeneous combus-
tion/gasification reactions (Figure 5). At a distance of about 5
cm from the grate, the difference between the two temperatures
becomes negligible. Over this distance combustion also termi-
nates, as confirmed by the complete depletion of oxygen.
Gasification/combustion of char and the rapid increase in tem-
perature also cause high gas velocities. As noted by Hobbs et
al. (1992) for fixed-bed coal gasification, the residence times of
the gases in the reactor is a few seconds (about 1.5–2.5 s),
whereas the residence time of the solid is longer by about 3
orders of magnitude.

Despite the combustion in the gas phase, CO rapidly attains
the highest value, because it is a product of both CO2 and H2O
gasification reactions. Hydrogen is essentially the product of
steam gasification. However, the rate of char gasification
through H2 appears to be very slow, so that the formation of
CH4 is negligible.

Figure 2 shows that the temperature predictions are in
good agreement with experimental measurements (Di Blasi
et al., 1999), given that the measured values are essentially
those of the solid particles (Di Blasi et al., 1999; Goldman
et al., 1984). However, the few thermocouples positioned
along the combustion/gasification zone, where the gradients
are very high, do not allow confirmation of attaining the
maximum given by the model. Also, sufficient detail is not
available from the measurements for the drying/devolatil-
ization regions. Indeed, because of tar vapor and steam
condensation, frequent stirring of the upper part of the
particle bed was required to avoid interruption of the gas-
ification process (Di Blasi et al., 1999). The predictions of
the producer gas are also in good agreement with the mea-
surements, apart from slightly higher CO2 values. Given the
highly simplified treatment of the devolatilization process,
which contributes significantly in the gas composition, and
the uncertainty about kinetic constants [in particular, cata-
lytic effects of ashes (Yang et al., 1998) on the activity of
the water gas shift reaction could be important] and heat/
mass transfer coefficients, this result can be considered
good. Finally, the average conversion of wood to volatiles is
about 95%, a value also corresponding to that achieved in
the experiments.

Dynamic patterns of the combustion/gasification zone

As anticipated earlier, for the reference values of the input
parameters, pulsating phenomena were simulated along a thin
region at the bottom of the gasifier. From the analysis of the
results it appears that they are caused by variations in the rates
of solid/gas heat transfer, multiplied by the empirical parameter

. Thus, to better understand the characteristics of the process,
this was varied over a range from 0.13 to 0.26, roughly corre-
sponding to �25% the reference value. The input data and the
feed conditions (case c) are those listed in Tables 1–3.

An example of the process dynamics at the bottom of the
reactor (z 	 0.1 cm) is shown in Figure 6 (temperatures and
conversion), as simulated for 
 	 0.15. The time profiles show
a single periodic pulsating regime with a period of 36 ms,
where the amplitude of the oscillations is high for the gas-phase
variables (temperature and concentrations of the gaseous spe-
cies) and low for the solid-phase variables [temperature and
conversion, 1 � (Vp/Vp0), which is directly related to the
particle size (Eq. 30)]. The amplitude of the oscillations de-
creases as the distance from the grate increases and the maxi-
mum moves toward slightly longer times. They are limited to
a region about 1.5 cm long, where high conversion (combus-
tion and gasification) rates of the char, produced from the
devolatilization process, are established.

The mechanism responsible for the pulsating regime is the
heat transfer rate between solid and gas. Apart from the tem-
perature difference and the parameter 
, this is proportional to
the heat transfer coefficient hsg, the particle density number �p,
and the particle surface Ap (see Eq. 13c). Consequently, it is
substantially affected by the particle size. In particular, it
becomes progressively higher as the particle shrinks because of
the increase of both hsg and the product �pAp (see Eq. 29).

The sequence of events leading to an oscillating behavior
can be summarized as follows. The solid-phase temperatures
(and the heterogeneous reaction rates) attain a maximum when
the particle size is at a minimum. Very fast rates of heat transfer
from the solid to the gas phase are thus established, which

Figure 6. Time profiles of gas temperature, solid tem-
perature, and conversion [1 � (Vp/Vp0)] at z �
0.1 cm.
As predicted with the reference data, 
 	 0.15, and case c
(R 	 1.11).
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eventually result in a maximum in the gas temperature (and a
minimum in the solid temperature). Continuous operation, on
the other hand, provides the discharge of ash (and low amounts
of unburned char) and the appearance of unburned char at the
bottom of the gasifier. In this way, the increased size of the
particles causes a reduction in the rate of heat transfer from the
solid to the gas phase, the gas-phase temperatures start to
decrease and attain their minimum (conversely, the solid-phase
temperatures start to increase and attain their maximum), and
thus the cycle repeats again.

The controlling mechanisms and the sequence of events
remain the same for 0.13 � 
 � 0.26, although with some
modifications. From a qualitative perspective, single periodic
pulsations are followed by more complex periodic behaviors
for the gas-phase variables, which show two or three local
maxima, and then by the absence of a rigorously periodic
behavior. The duration of the cycle (or the characteristic times
associated with the maximum solid conversion) increases with

 (values in the range 25–100 ms), owing to the decrease of the
solid-phase temperature and consequently of the heterogeneous
reaction rates. The maximum amplitude in the oscillations is
always observed at the bottom of the reactor (z 	 0.1 cm) and
it increases with 
 for both the solid and the gas temperatures
(variation from about 10 to 20 K for the former and from about
530 to 720 K for the latter), whereas the extension of the spatial
zone with respect to the fluctuations remains roughly the same.

The spatial temperature profiles, reported in Figure 7, for
conditions of maximum solid temperature (solid lines) and
maximum gas temperature (dashed lines) at z 	 0.1 cm and
two values of 
 (0.13 and 0.26) show that the spatial profiles are
significantly affected by the rate of solid/gas heat transfer. In
particular, the extension of the combustion/gasification zone
becomes successively wider and the spatial gradients are re-
duced as 
 is increased. Finally, the average solid conversion
(about 95%) is not significantly affected.

The very few dynamic models of coal gasification have
shown different types of responses and the existence of mul-
tiple steady states, although these phenomena are not supported

by experimental evidence (Buekens and Schoeters, 1985). This
model predicts that oscillations are limited to a very thin zone.
For the reduced rates of solid/gas heat transfer (low 
 values),
which are required for quantitative predictions, a very high
frequency is established. In addition, the oscillations in the
solid-phase temperature, which is the temperature actually
measured, are small. The influences on the practical aspects of
wood gasification, such as wood conversion and composition
of the producer gas, are negligible. For these reasons, it could
be difficult to detect such behavior experimentally. On the
other hand, it cannot be excluded that the observed dynamic
patterns are only a peculiarity of the mathematical model, in
particular, the treatment applied to describe particle consump-
tion.

Effects of the air-to-wood/char weight ratio and reactor
throughput

Figure 8 shows that the temperature profiles simulated (input
data as in Tables 1–3) for cases a–d and the values measured
(steady conditions; Di Blasi et al., 1999) compare well. The
molar composition of the producer gas measured at a labora-
tory scale is very close to that reported for industrial-scale
plants (Buekens et al., 1990; Kurkela et al., 1989) and is
weakly affected by the experimental range of R values. The
same trend is also predicted by the simulations that, given the
uncertainty in the kinetic constants and heat/mass transfer
coefficients, are also acceptable from a quantitative perspec-
tive. Indeed, the predicted (vs. measured) molar fractions (vol
%, db) vary between 28 and 30 for CO (29–30), 9 and 12 for
CO2 (5.5–7), 6 and 8 for H2 (6–7), and 1.8 and 2 for CH4

(1.6–2).
Temperature profiles and gas composition ensue from the

combined effects of three parameters (Wf, Wa, and �C), which
produce different air-to-fuel weight ratios and reactor through-
puts. Thus, to better understand the process, an analysis was
also carried out, in which the role of each parameter was
separately investigated within roughly the experimental range
of values (reference data and case c). In all cases, the process

Figure 8. Axial profiles of solid and gas temperatures.
As predicted with the reference data and cases a–d (lines) and
measured (symbols; Di Blasi et al., 1999).

Figure 7. Axial profiles of solid and gas temperatures
along the combustion/gasification zone.
As predicted for conditions of maximum solid temperature
(solid lines) and maximum gas temperature (dashed lines) and
two values of 
 (0.13 and 0.26) [reference data and case c
(R 	 1.11)].
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dynamics and the structure of the reaction fronts remain the
same as already discussed for case c in Figures 2–5.

Examples of temperature profiles simulated for different
reactor throughputs, selected so as to give R 	 1.11, are shown
in Figure 9. It can be seen that successively higher air and
wood feed rates lead to higher temperatures along the entire
bed length, although the shape of the profiles is not altered.
Associated with the increased temperatures, higher CO (from
21 to 27 vol %, db) and lower CO2 (from 14 to 10 vol %, db)
molar fractions are also simulated at the reactor exit. Given the
constant values of the stoichiometric coefficients of the primary
and secondary pyrolysis reactions, it can be understood that
these results are attributed to an improved gasification effi-
ciency. These findings are in agreement with previous literature
(Bryden and Ragland, 1996; Kayal and Chakravarty, 1994).

Simulations were also carried out by varying separately the
wood and the air flow rate, which produce variable air-to-wood
weight ratios. Again, the reference values for the two param-
eters are those of case c (Table 3), whereas Wf (with Wa 	
2.165 kg/h) or Wa (with Wf 	 1.950 kg/h) were varied, so as to
obtain R values between 1.11 and 1.25. The small variations in
the operating parameters result in a fixed position of the max-
imum solid temperature and a constant size of the combustion/
gasification zone. Quantitative differences are relatively small
for both the gas composition and the maximum temperatures,
as shown in Figure 10. Because of the constant extension of the
reaction zone, successively higher values of R are associated
with an increased amount of air with respect to the amount of
fuel. Thus, whereas the heat request for heating the air in-
creases, the availability of fuel, to be burned for sustaining the
endothermic gasification process and heat losses, diminishes.
As an overall effect, the maximum temperatures slightly de-
crease. Moreover, the concentration of nitrogen at the reactor
exit increases at the expense of those of combustible species.
For instance, for R in the range of values of Figure 10, the
molar fraction of carbon monoxide decreases from about 30 to
26 vol %, db (for nitrogen it increases from about 53 to 57 vol
%, db).

The narrow range of R investigated represents near-limit

conditions. Indeed, for values slightly above 1.3–1.4, depend-
ing on reactor throughput, after some transients show a con-
stant propagation rate of the combustion/gasification zone to-
ward the top of the bed, eventually extinction takes place. This
behavior is in qualitative agreement with results reported in
previous studies (Goldman et al., 1984; Monazam and Shadle,
1998). The dependency of the composition of the producer gas
on R also agrees with previous literature (Hobbs et al., 1992;
Kayal and Chakrawarty, 1994; Monazam and Shadle, 1998).
More complicated is the comparison of the trends shown by the
maximum solid temperature.

Experimental and theoretical results on the reverse combus-
tion of small-scale static beds of wood particles (Fatehi and
Kaviany, 1994; Shin and Choi, 2000) and the smoldering
combustion of loosely packed beds (for example, Leach et al.,
1998) indicate the existence of a regime of decreasing temper-
atures (and propagation speed of the combustion front) at
near-extinction conditions. Similar to the problem examined
here, this is attributed to convective cooling of the reaction
front by an excess of air with respect to the heat released from
combustion. On the other hand, unpublished results for a 300
kg/h updraft wood gasifier, obtained with the model of this
study, show a moderate increase of the maximum solid tem-
perature with R. The same trend is also reported by the few
simulations available for industrial countercurrent coal gasifi-
ers (Hobbs et al., 1992; Monazam and Shadle, 1998). Further-
more, although the extinction modality is the same as that
observed on a small scale, R values up to about 4 are still
applicable (see, for example, Hobbs et al., 1992). The apparent
disagreement between small- and large-scale systems is justi-
fied by the different stability characteristics and thermal con-
ditions of the combustion/gasification zone, not to mention the
fuel properties (particle size, ash and volatile content, etc.) and
reactor design.

In particular, for large-scale coal gasifiers (Hobbs et al.,
1992), as R is increased, the structure of the reaction fronts is
modified: the maximum solid temperature is positioned at a

Figure 10. Maximum temperatures of the solid and the
gas phase and molar fraction of CO at the
gasifier exit.
As predicted by varying Wa (solid lines) or Wf (dashed lines)
as functions of the air-to-fuel weight ratio (reference data
and case c).

Figure 9. Axial profiles of solid and gas temperatures.
As predicted along the combustion/gasification zone for dif-
ferent reactor throughputs [reference data and case c (R 	
1.11)].
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successively greater distance from the bottom where the spatial
gradients also become lower. In other words, the higher air
flow rates (or the reduced rate of fuel supply) are compensated
by an increased extension of the preheating zone above the
grate and the enhanced activity of combustion reactions results
in higher solid temperatures. The better stability characteristics
of large-scale systems at high R values stem from a higher
thermal efficiency. Indeed, it is well known that the ratio
between the heat generated and the heat lost (from walls and
grate) substantially increases concomitantly with the scale of
the process. Moreover, the rate of solid to gas heat transfer also
appears to be significantly higher for large-scale systems, given
that only 
 values of 0.05–0.1 (Hobbs et al., 1992) or 0.02
(Monazam and Shadle, 1998) can produce quantitative results
(against the values of 0.2–0.22 found here). This circumstance
is also responsible for the much greater amount of heat gener-
ated from heterogeneous combustion being stored in the solid
phase, thus favoring the temperature increase.

Consequent to the significant changes along the combustion/
gasification zone caused by variations in R, it can be expected
that the rate of char supply plays a role as important as that of
the wood feed rate. Thus simulations were also made for a
constant R (case c) by varying the stoichiometric coefficient �C.
For simplicity, observing that the composition of the pyrolysis
gas does not affect the characteristics of the combustion gas-
ification zone, only the coefficient �T was properly adjusted.
Simulations confirm that the effects of a decrease in �C are
qualitatively similar to those caused by increasing R by means
of successively lower Wf values. Indeed, both the maximum
temperatures (Figure 11) and the concentration of combustible
gas at the reactor exit decrease [such as the CO molar fraction
at the reactor exit from 29 to 23 vol % db (not shown)].
Furthermore, for �C 
 0.24, the reaction front first stabilizes at
increasing distances from the grate (see the position of the
maximum temperatures in Figure 11) and then (�C 	 0.21) it is
no longer stable and extinction occurs.

The parametric investigation about the effects of reactor
throughput, air-to-wood feed ratio, or air-to-char (through the

coefficient �C) feed rate show that the axial profiles of temper-
atures and the composition of the producer gas are strictly
related. In summary, an increase in the reactor throughput (and
in the rate of char supply) always causes higher temperatures
and a higher heating value of the producer gas. On the other
hand, an increase in the air-to-wood weight ratio, for the
small-scale system examined, always results in reduced tem-
peratures and heating value of the producer gas.

In particular, with reference to the simulated and measured
temperature profiles reported in Figure 8, it can be observed
that the reduction in the yields of char generated from wood
devolatilization is less important than the improvement in the
gasification efficiency, associated with the simultaneous de-
crease in the air-to-wood weight ratio and increase in reactor
throughput (higher temperatures). Thus, at low temperatures
(high R and low reactor throughput), the amount of char
produced from wood devolatilization is high. However, the
thermal conditions are hardly sufficient for char gasification.
Therefore, only a small part of carbon dioxide, produced from
char combustion, is actually consumed by char gasification. As
the bed temperature increases (low R and high reactor through-
put), although the amount of char produced from wood pyrol-
ysis slightly decreases (the yields of gas may also increase at a
certain extent, although this is not accounted for in these
simulations), the gasification process is improved because of
both the more favorable thermal conditions and the larger
amounts of carbon dioxide, produced from combustion, with an
improvement in the heating value of the producer gas.

Conclusions

A mathematical model for the gasification of wood in a
countercurrent fixed-bed reactor, comprehensive of the main
chemical and physical processes, has been formulated and
solved. The effort is particularly important because this topic
was not addressed by previous studies. The number of input
parameters is considerably high, however, because the majority
of the values were derived from the literature. Simulations
were made for a laboratory-scale system that, thanks to the
availability of experimental measurements, was also useful for
model validation.

Predictions show the existence of four main regions along
the gasifier axis. In the first, gasification and combustion over-
lap, the second is essentially the inert heating of a descending
bed of char particles, and the last two are associated with wood
devolatilization and drying, respectively. This structure of the
reaction fronts is qualitatively similar to that reported for coal
gasification.

Axial profiles of temperature and composition of the pro-
ducer gas are in good agreement with measurements carried out
at a laboratory scale for air-to-fuel weight ratios in the range
1.05–1.27. Simulations were made with no adjustable param-
eter apart from the stoichiometry of the global reaction of
primary wood degradation, which is known to be significantly
dependent on the heating conditions. A parametric analysis
verified that the gasification efficiency is favored by the higher
temperatures caused by an increase in the reactor throughput.
These positive effects are counteracted, to some extent, by the
reduced rates of char supply to the combustion/gasification
zone. Indeed, higher temperatures also favor devolatilization
vs. charring reactions during wood pyrolysis.

Figure 11. Maximum temperatures of the solid and gas
phases and molar fraction of CO at the gas-
ifier exit.
As predicted by varying the stoichiometric coefficient �C
[reference data and case c (R 	 1.11)].
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The unsteady character of the model allowed simulation of
the oscillating phenomena localized along the thin combustion/
gasification zone. Oscillations on the process variables are
caused by the periodic attainment of very high rates of solid
consumption that, by a reduction in the particle size at the
minimum value (along a very narrow zone, where the gas is
still cold), give rise to a momentary rapid increase in the rate of
heat transfer from the solid to the gas phase. In terms of global
parameters (that is, overall wood conversion and composition
of the producer gas), however, these effects are small.

Numerical simulations indicate that several processes, such
as char gasification with H2, combustion of CH4, decomposi-
tion, and combustion of tar, are unimportant and can be deleted
from the mathematical model.

There are numerous issues in the modeling of updraft wood
gasification that should be addressed in future studies. Al-
though the computer model presented here has proved capable
of quantitative predictions of a laboratory-scale system, further
validation is required for industrial-scale reactors that experi-
ence highly different thermal and stability conditions. An ex-
tensive sensitivity analysis to all the input parameters should
also be carried out to evaluate the applicability of additional
simplifications in the mathematical formulation of the problem
and to determine the controlling variables with respect to
reactor throughput and heating value of the producer gas.
Similar to the analysis carried out by Monazam and Shadle
(1998), extensive numerical simulations can also be applied to
produce empirical correlations for the key parameters, as func-
tions of operating conditions, to be used for design and scaling
purposes.

Notation

Ai 	 preexponential factor (units, see Table 1)
Ap 	 particle surface area, m2

a1, a2 	 constants in the Clausius–Clayperon relation
C 	 molar concentration, kmol/m3

c 	 specific heat, J kg�1 K�1

D 	 reactor diameter, m
Di 	 diffusion coefficient, m2s�1

dp 	 particle diameter, m
Ei 	 activation energy, kJ/mol
Hi 	 specific enthalpy, kJ/kg
km 	 mass transfer coefficient, m/s
k*m 	 maximum value of the mass transfer coefficient, m/s

h 	 heat transfer coefficient, W m�2 K�1

M 	 molecular weight
mM 	 moisture evaporation rate, kg m�3 s�1

p 	 gas pressure, kPa
Pr 	 particle Prandtl number
R 	 air-to-wood weight ratio, kg/kg
� 	 universal gas constant

Re 	 particle Reynolds number
rj 	 reaction rate, kmol m�3 s�1

Sc 	 particle Schmidt number
T 	 temperature, K
t 	 time, s

Ug 	 gas velocity, m/s
Us 	 solid velocity, m/s
Vp 	 particle volume, m3

X 	 molar fraction, vol %, db (dry basis)
X� 	 molar fraction, vol % (total basis)
Y 	 mass fraction
z 	 space, m

Wa 	 air feed rate, kg/h
Wf 	 wood feed rate, kg/h

Greek letters

� 	 stoichiometric coefficient for reaction c5
�p 	 particle density number, 1/m
� 	 stoichiometric coefficient for reactions p1 and p2

�W,M 	 apparent solid density (mass/total volume), kg/m3

�C 	 constant bed density in the combustion/gasification zone, kg/m3

�i 	 gas phase mass concentration (mass/gas volume), kg/m3

� 	 porosity
�h 	 reaction enthalpy, kJ/kg
� 	 moisture (evaporation) enthalpy, kJ/kg

	* 	 thermal conductivity, W m�1 K�1

� 	 viscosity, kg/ms
�j 	 combustion or gasification rate, kg m�3 s�1


 	 correction factor for the solid/gas heat transfer coefficient

Subscripts

C 	 char
c1 	 tar combustion
c2 	 methane combustion
c3 	 carbon monoxide combustion
c4 	 hydrogen combustion
c5 	 char combustion

CH4 	 methane
CO 	 carbon monoxide

CO2 	 carbon dioxide
E 	 equilibrium
g 	 total volatiles (vapor � gas)

g1 	 carbon dioxide gasification
g2 	 hydrogen gasification
g3 	 steam gasification
H2 	 hydrogen

H2O 	 steam
i 	 chemical species

M 	 moisture
max 	 maximum
min 	 minimum
O2 	 oxygen
p1 	 primary pyrolysis
p2 	 secondary pyrolysis

s 	 solid (wood � char)
T 	 tar
v 	 vapor

W 	 wood
wg 	 water gas shift
w 	 wall
0 	 ambient or initial value

 	 H moles in char
� 	 O moles in char
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