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ABSTRACT: A two-phase reactor model has been developed using a system of ordinary differential equations in MATLAB 

to model the carbonation reaction and therefore determine the kinetics of calcium oxide in a pressurised fluidised bed reactor 

as part of the calcium looping cycle. The model assumes that the particulate and bubble phases are modelled as a CSTR and a 

PFR respectively. The random pore model developed by Bhatia and Perlmutter1 is incorporated into the system of equations 

to predict the rate of carbonation for pressures up to 5 bara total, and CO2 partial pressures up to 150 kPa. The surface rate 

constant and product layer diffusivity in the random pore model expression were obtained by fitting the model to experi-

mental data for a range of pressures, CO2 concentrations and temperatures by minimization of the residual sum of squares. 

The surface rate constants were found to be between 3.05 and 12.9 x 10-10 m4 mol-1 s-1 for a temperature range of 550 to 750 

°C. The product layer diffusivities were found to be between 0.06 and 23.6 x 10-13 m2 s-1 for the same temperature range. The 

surface rate constant and product layer diffusivity activation energy were calculated using the Arrhenius equation and was 

found to be approximately 48 ± 17 kJ mol-1 and 196 ± 43 kJ mol-1 respectively. 

1. INTRODUCTION 

Calcium looping is a promising carbon capture technology 

which has reached the pilot scale.2, 3 The process utilises the 

reversible reaction between calcium oxide (CaO) and car-

bon dioxide (CO2) to capture CO2 from point-source emis-

sions such as a power station.4-7 Two reactors are typically 

required for the process. The first reactor, known as the car-

bonator (which operates at 650 °C), contains CaO-based 

sorbent, which reacts with the CO2 within the flue gas inlet 

stream. This reaction is called carbonation. The product, 

calcium carbonate (CaCO3), is then cycled to the second re-

actor, the calciner. In the calciner, which operates at tem-

peratures around 900 °C, the CaCO3 decomposes back into 

CaO and CO2. This achieves two results. Firstly, the sorbent 

is regenerated and can be cycled back to the carbonator, and 

secondly a high-purity CO2 outlet stream is produced which 

can be taken away for storage.  

It is well known that the carbonation reaction of calcium 

oxide is split into two distinct regimes.2 The first step is ki-

netically controlled, and involves a fast heterogeneous reac-

tion which occurs on the particle surface. The second stage 

is diffusion controlled. The reaction becomes significantly 

slower as there are diffusion limitations owing to the for-

mation of a product layer of CaCO3 on the particle surface. 

This product layer acts as an extra barrier which the CO2 

must diffuse through to reach the reaction site. Conse-

quently, the conversion will eventually plateau. Lee8 sug-

gested that the difficulty in approaching complete conver-

sions is attributable to unfavourable initial pore size distri-

butions. Bhatia and Perlmutter1 postulated that the conver-

sion reaches a ceiling as the smaller pores dominate the re-

action, and that the small pores are more likely to close up 

owing to the formation of CaCO3, which has a greater molar 

volume than CaO. As a result, the conversion becomes re-

stricted to the larger pores in which reaction occurs more 

slowly.  

There have been many proposed mechanisms and models 

of the carbonation reaction mechanism.1, 8-11 The shrinking 

core and progressive conversion models are frequently 

used for non-catalytic gas-solid reactions.12, 13 The shrinking 

core model, which visualises a reaction front that first oc-

curs on the outer surface of the particle and then moves in-

wards leaving behind completely converted material, has 

been applied to the carbonation reaction by Lee.8 The main 

limitation of the shrinking core model is that it was de-

signed for non-porous solids and predicts complete conver-

sion at infinite time. Therefore, it is not directly applicable 

to the carbonation reaction. The progressive conversion 

model, on the other hand, models the reactant entering and 
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rapidly diffusing throughout the particle. Thus, the reactant 

converts continuously and progressively through the parti-

cle. Although the progressive conversion model can be ap-

plied to porous materials, it makes the assumption that the 

characteristic time for diffusion into the particle is negligi-

ble compared to the reaction: This means it cannot be ap-

plied to the diffusion-controlled step.14 

In consequence of the above, there has been a significant 

emphasis on modelling the carbonation of CaO with either 

the grain model or the random pore model.15 The grain 

model visualises a particle which is composed of grains that 

are surrounded by pores through which the gas can diffuse 

through to reach the grain surface. It has been applied to the 

carbonation process by many researchers.9, 14, 16 Khoshan-

dam et al.16 applied a grain model to the data presented in a 

paper by Bhatia and Perlmutter.1 The authors modelled the 

carbonation reaction in two sections. The first section ac-

counted for both kinetic- and diffusion- control effects 

whereas the latter only focused on the diffusion-controlled 

reaction. They fitted the model to experiments carried out 

at 400-750 °C and obtained acceptable fits. The authors re-

ported that the model was more capable of predicting be-

haviour at higher temperatures as the onset of diffusion ef-

fects occurred earlier. They concluded that the porosity of 

the sorbent played the most important role in their model 

for determining conversion behaviour. Stendardo and Fos-

colo14 developed a grain model which incorporated a varia-

ble diffusion coefficient for the gaseous reactant through 

the product layer as it formed. Their model was used to de-

scribe the carbonation of dolomite and was shown to have 

good agreement with their experimental data. However, the 

work was confined to cycling over a single set of conditions 

so its applicability to predict the reactions under different 

temperatures has not been verified. 

The other popular model, the random pore model, was 

developed by Bhatia and Perlmutter.17, 18 Although it was in-

itially designed for the sulfation of CaO, it was applicable to 

the carbonation reaction as well. The model visualises the 

pore structure as a network of randomly arranged cylindri-

cal pores of uniform size. The initial reaction occurs on the 

boundary of the pores forming a product layer of CaCO3. Due 

to the formation and accumulation of the product layer, the 

reaction surface begins to grow. However, at later stages, 

the growing surfaces begin to intersect one another, leading 

to a reduction in the surface area. One major advantage of 

the model is that it can forecast the reaction surface area at 

any conversion as a function of the initial pore structure. 

Several researchers1, 10, 19 have implemented this model to 

describe the conversion of CaO during either carbonation or 

sulfation over time but have not linked their results to a dy-

namic simulation. Furthermore, most of these modelling at-

tempts have been based on the results from TGA experi-

ments. Grasa et al.10 used the random pore model to deter-

mine the intrinsic kinetics of calcium cycling experiments in 

a TGA. The authors were able to predict the conversion pro-

file over time for a range of different temperatures. Activa-

tion energies of 19.2 and 21.3 kJ mol-1 were obtained for 

their Katowice and Imeco limestones, respectively, for the 

kinetically-controlled part of the reaction. The pre-expo-

nential factors were approximately 5 x 10-9 m4 mol-1 s-1. At 

the higher conversions, the researchers reported a signifi-

cantly higher mean activation energy of 163 kJ mol-1 and 

pre-exponential factor around 4 x 10-6 m2 s-1. Nouri et al.19 

modified the random pore model to include the effects of 

bulk flow by introducing a concentration rate function. The 

authors applied their model to the TGA data obtained by 

other researchers, namely Bhatia and Perlmutter1 and 

Grasa et al.10. However, despite a good fit to the conversion 

vs time data by Bhatia and Perlmutter1, the model did not fit 

the kinetically-controlled part of the data from Grasa et al.10 

Nouri et al.19 suggested that the poor fit was caused by the 

macroporous texture of the CaO sorbents they used. In ad-

dition to this, the authors reported that the Langmuir-Hin-

shelwood rate expression demonstrated the most accuracy 

for predicting the experimental data and that the product 

layer diffusion could be expressed as an exponential func-

tion. Furthermore, they postulated that ionic solid phase 

diffusion is dominant in the product layer based on the low 

values of the diffusivity and high activation energies that 

they estimated.  

Currently, only gas-solid reaction models, which do not 

consider the reaction environment, have been used to de-

scribe the carbonation reaction. There has yet to be any 

work involving the use of a dynamic (non-steady state) re-

actor model to predict carbonation kinetics. To this end, this 

paper looks at a method of applying a combined gas-solid 

reaction and reactor model to determine the kinetics of 

pressurised carbonation reactions. A two-phase reactor 

model developed by Scott20 in MATLAB was used as a start-

ing point. This model was adapted and combined with the 

random pore model in order to obtain the reaction rate con-

stants for carbonation experiments carried out in a 3 kWe 

bench-scale pressurised fluidised bed reactor.  

2. EXPERIMENTAL SECTION 

Materials. The calcium oxide used in this investigation 

was prepared from ex situ calcination of natural Longcliffe 

limestone (~98% purity CaCO3).  Longcliffe limestone, the 

precursor was calcined inside a horizontal tube furnace 

(Lenton) at 850 °C for 30 min. The furnace was heated up at 

a rate of 60 °C min-1 under a nitrogen flow of 1.2 L min-1. The 

sample was withdrawn from the tube furnace at around 500 

°C and transferred to a desiccator. Once the sample cooled 

down to ambient temperature, it was then placed in a small 

plastic vial and sealed with Parafilm M. This method was de-

signed to minimize the contact time of the calcined sample 

with the atmosphere to avoid hydration and slow carbona-

tion from atmospheric CO2. Quality control of the sorbent 

was carried out by periodically heating up samples from dif-

ferent batches in a TGA (TA Instruments, QR5000 IR) to 

check the degree of calcination. These tests were carried out 

by ramping the temperature of the TGA from 110 °C to 410 

°C and then 900 °C in an inert (nitrogen) atmosphere to 

measure weight loss due to moisture content, hydration and 

uncalcined limestone. The properties of the calcined sam-

ples are given in Table 1. 

 The sand (G60 white silica sand- supplied by David Ball 

Group PLC), sieved to a size fraction of 425-500 μm, was 
used as the inert fluidizing material for the reactor. The size  
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Table 1  Properties of calcined Longcliffe limestone. 

aNitrogen adsorption analyser (Micromeritics, Tristar 3000)  

bMercury Intrusion Porosimetry (Micromeritics, Autopore IV)  

cPorosity calculated for pore size <10 μm to exclude interparticle spacing within the tested samples 

dHelium pycnometer (Micromeritics, AccuPyc 1330) 

 

fraction of the sand was chosen to be close to that of the cal-

cium oxide to maintain the fluidisation characteristics of the 

bed.  

Experimental Setup. The pressurised fluidised-bed re-

actor (shown in Figure 1) that was used for this work has 

been previously reported by Zhang et al.21 The reactor was 

a 30 mm o.d. and 260 mm L quartz vessel with a 12.5 mm 

o.d. mouth at the bottom. The vessel was held inside a 48 

mm o.d. Incoloy® Alloy 800HT cylindrical tube which was 

sealed on the top and bottom by a set of flanges. The tube 

was resistance heated with a 3 kWe transformer via copper 

electrodes. K-type thermocouples were used to measure the 

temperature 10 cm above the mouth of the quartz liner (bed 

temperature) and at the wall of the Incoloy tube (wall tem-

perature).  

 

Experimental Procedure. For each experiment, the re-

actor was leak tested and then heated under 50 ml s-1 of N2 

to the desired operating temperature. Sand (50 g) was 

added into the reactor to form an inert fluidised bed and the 

fluidizing gas flow rate was increased to 3Umf. The analyser 

was purged with N2 (99.998 vol% purity supplied by BOC) 

and a single-point calibration (with 29.89 vol% calibration-

grade CO2 from BOC) was then carried out. After the calibra-

tion, the flow rates of CO2 (from a 99.9% purity CO2 cylinder 

supplied by BOC) and N2 was adjusted, using Bronkhorst 

EL-Flow® Select Series Mass Flow Controllers (MFCs), to 

give the desired concentration of CO2 (given in Table 2). 

The CaO particles were injected into the reactor through 

a solid feeding system which functioned like a pressurised 

lock-hopper. The pressure in the feeding system was con-

trolled using a back-pressure regulator. Prior to each injec-

tion, an empty feed (a blank injection of gas with no sample 

material) was carried out. Here, the feeding system was 

pressurised to 0.5 bar above the system pressure with N2, 

and then released into the reactor through a plug valve. The 

results of the blank feed were important for data analysis as 

it was important to account for the effects of the injection of 

pressurised gas along with the reactant. Next, 0.5 g batches 

of CaO were injected into the reactor with the same proce-

dure for the temperature and pressure range highlighted in 

Table 2. A MGA3000C IR gas analyser (ADC Gas Analysis) 

was used to sample the off-gas from the reactor. The mass 

of the sample was chosen as to minimize the noise-to-signal 

ratio in the analyser readings and the effects of external 

mass transfer (reaction kinetics can be limited by external 

mass transfer when large sample masses are used).  

3. Model Development 

Two-Phase Reactor Model 

Hydrodynamics. A typical method for modelling the hy-

drodynamics of fluidized-bed reactors is with two-phase 

theory.22, 23 Two-phase theory assumes that the fluidized 

bed can be modelled as two phases: the bubble phase and 

the particulate phase. The model presented in this paper as-

sumes that all the gas above that needed for minimum flu-

idization passes through the reactor as bubbles and that the 

particulate phase retains the minimum fluidization condi-

tions. This means that the particulate phase retains the 

same voidage seen at minimum fluidization, εmf, and that its 

superficial velocity is equivalent to Umf  

 

Degree of calcination 
(%) 

BET Surface Areaa (m2 g-1) Porosityb,c Skeletal Densityb,d (g m-3) Envelope Densityd (g m-3) 

96.17 ±0.87 

 

19.40 ±3.28 

 

 

0.50 ±0.01 

 

3.15 ±0.10 1.57 ±0.05 

Figure 1  Schematic diagram of the pressurized fluidized-bed 

reactor (PFBR). 
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Table 2  Operating conditions for the experiments/ input conditions for the two-phase model. 

 

(the minimum fluidization velocity). Consequently, the 

bubble phase fluidization velocity can be given by U-Umf.23 

The model also assumes that gas-solid reactions only take 

place within the particulate phase. 

The work presented in this paper models the particulate 

phase and a bubble phase as a single CSTR and PFR, respec-

tively (Figure 2). The PFR was discretized into 100 (ele-

ments) in series via the finite volumes method so that it was 

possible to translate the governing material balances into 

ordinary differential equations (ODEs). The plenum cham-

ber and freeboard were modelled as CSTRs without reac-

tion terms.  

Figure 2 shows a schematic diagram of the reactor model. 

The curved arrows represent mixing within the individual 

sections of the reactor, gas interchange is represented by 

double-ended arrows, the outlet gas flows for different 

components of the reactor are denoted by dashed arrows, 

and the solid, single-ended arrows represent the total inlet 

and outlet flow of gas. In this chapter, yCO2 represents the 

molar fraction of CO2 in the relevant gas stream/phase. The 

subscripts b and p refer, respectively, to the bubble phase 

and particulate phase. 

 

 

Bubble Size and Velocity. In order to model the gas in-

terchange between the two phases (Figure 3), it was neces-

sary to first determine how the bubble diameter changed 

within the reactor. To this end, the Mori and Wen24 correla-

tion for bubble sizes was utilised to determine the bubble 

dimensions at different heights: 𝑑bm−𝑑b(𝑧)𝑑bm−𝑑b0 = e−0.3𝑧/𝑑R                                                                          (1) 

where db0 is the initial bubble diameter. dbm represents 

the maximum bubble diameter which can be achieved in a 

deep fluidised bed of diameter dR and db(z) is the bubble di-

ameter at height, z within the bed. Eq 1 was reported to be 

valid over the following ranges for Geldart group B and D 

powders, with an accuracy of ±50%: 𝑑R ≤ 1.3 m 0.005 ≤ 𝑈mf ≤ 0.2 m s−1 60 ≤ 𝑑p ≤ 450 μm 𝑈 − 𝑈mf ≤ 0.48 m s−1 

Since, the conditions used in this investigation fall within 

the boundaries of those mentioned above, it was deemed appropriate to use Mori and Wen’s correlation to predict 
the bubble growth behaviour. The initial bubble diameter 

was taken to be 5.8 mm: This was the diameter of the en-

trance orifice of the quartz liner used in the experiments. 

The maximum bubble diameter, dbm can be calculated by 

the following equation: 𝑑bm = 0.65 (𝜋4 𝑑R2(𝑈 − 𝑈mf))0.4     [cm]                                (2)                                  

However, even though the conditions fell within the sug-

gested applicable region reported by the authors,24 the 

value of dbm at the top of the reactor calculated from the 

above equation was 30% greater than the bed diameter, so 

the maximum bubble size, dbm, was set to be equal to dR (the 

maximum size the bubble could physically be in this reac-

tor).  This suggests an onset of slug flow at the top of the 

fluidised bed.  With these values for the maximum bubble 

size and the initial bubble size, it was possible to obtain the 

bubble size at every height in the reactor model by integrat-

ing eq 1 into the reactor model. The bubble through-flow 

(Qb) was then calculated with the knowledge of the bubble 

diameters using eq 3 and the rate of exchange between the 

two phases per unit of the bubble volume (Qb/Vb) was de-

termined with eq 5:25  𝑄b = 34 𝑢mf𝜋𝑑b2                (3)                                   𝑉b = 16 𝜋𝑑b3                (4)           𝑄b(𝑧)𝑉b(𝑧) = 4.5𝑢mfdb(𝑧)                             (5)                                   

 

Sample Mass (g)  

355-425 μm 

Sand Bed (g)  

425-500 μm 

U/Umf P (bara) T (°C) CO2 Concentration  

(vol %) 

0.5 50 3 1.5-5 550-750 3.75-30 

Figure 2  The two-phase reactor model represented as a block 

diagram 
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Bubble and Particulate Phases. From the material flow 

diagram depicted in Figure 3, it was possible to derive a dis-

cretised mole balances for the bubble phase (Eq 6) and par-

ticulate phase (Eq 7).  

 

Bubble Phase: 𝜀b𝐴∆𝑧 d𝑦bCO2,nd𝑡 = (𝑈n−1 − 𝑈mf)𝑦bCO2,n−1𝐴  −(𝑈n − 𝑈mf)𝑦bCO2,n𝐴 + 𝑄b,n𝜀b𝐴∆𝑧𝑉b,n (𝑦pCO2−𝑦bCO2,n)  

 d𝑦bCO2,nd𝑡 = − 1𝜀b (𝑈n−𝑈mf)𝑦bCO2,n−(𝑈n−1−𝑈mf)𝑦bCO2,n−1 ∆𝑧    + 𝑄b,n𝑉b,n (𝑦pCO2−𝑦bCO2,n)                                                                        (6) 

 

 

Particulate Phase: 𝜀mf(1 − 𝜀b)𝐴𝐻f 𝑃𝑅𝑇 d𝑦pCO2d𝑡 = −𝑈mf𝐴 𝑃𝑅𝑇 ∆𝑦pCO2   + ∑ 𝑄b,n𝜀b𝐴𝑉b,n 𝑃𝑅𝑇𝑁𝑛=1 (𝑦bCO2,n − 𝑦pCO2)∆𝑧 + 𝑟CO2(1 − 𝜀b)  

 d𝑦pCO2d𝑡 = − 𝑈mf𝜀mf(1−𝜀b) 𝑦pCO2−𝑦CO2,0𝐻f   + 1𝜀mf(1−𝜀b) ∑ 𝑄b,n𝑉b,n𝑁𝑛=1 ∆𝑧𝐻f (𝑦bCO2,n − 𝑦pCO2) + 𝑟CO2𝜀mf𝐴𝐻f 𝑅𝑇𝑃         (7)                 

 Here, the fraction of bubbles in the fluidised bed is de-

noted as εb, Un denotes the fluidizing gas velocity, A is the 

cross-sectional area of the entire bed and Δz is the discre-

tised length of an individual PFR element. Hf represents 

both the fluidised bed height and the accumulative sum of Δz. The bed voidage at minimum fluidisation, εmf was as-

sumed to be the voidage within the particulate phase. The 

rate of reaction of CO2 in mol s-1 is denoted by rCO2 (the full 

expression for the reaction term will be discussed in the fol-

lowing section). 

To account for the change in number of moles (and the 

volumetric flow rate of gas) in the system owing to the car-

bonation reaction, it was necessary to derive an expression 

for the fluidizing gas velocity as a function of the CO2 con-

centration in the particulate phase. To this end, an inert N2 

mole balance was written for each discretised element 

within the reactor to determine the variation in the fluidiz-

ing gas velocity over the length of the reactor.  𝑛N2,n−1𝑦N2,n−1 = 𝑛N2,n𝑦N2,n    𝑛N2,n−1(1 − 𝑦bCO2,n−1) = 𝑛N2,n(1 − 𝑦bCO2,n)                       (8)                                  

By converting the molar flow rate into the gas velocity 

using the ideal gas law, the N2 balance can be reduced to Eq 

9. 𝑃𝐴𝑈n−1𝑅𝑇 (1 − 𝑦bCO2,n−1) = 𝑃𝐴𝑈n𝑅𝑇 (1 − 𝑦bCO2,n)   

 

Hence: 𝑈n = 𝑈n−1 (1−𝑦bCO2,n−1)(1−𝑦bCO2,n)                                    (9)                                   

Plenum Chamber and Freeboard. Figures 4a and 4b de-

pict the mixing process within the plenum chamber and the 

freeboard of the reactor. The mole balances are given by Eq 

10 and 11, respectively. 

 

Plenum chamber mole balance: 

 𝑃𝑉pl𝑅𝑇 d𝑦CO20d𝑡 =  𝑈0𝐴 𝑃𝑅𝑇 𝑦CO2,−1 − (𝑈0 − 𝑈mf)𝐴 𝑃𝑅𝑇 𝑦CO2,0 − 𝑈mf𝐴 𝑃𝑅𝑇 𝑦CO2,0  

 𝑈0𝐴𝜏pl d𝑦CO20d𝑡   = 𝑈0𝐴𝑦CO2,−1 − (𝑈0 − 𝑈mf)𝐴𝑦CO2,0 − 𝑈mf𝐴𝑦CO2,0  

 𝜏pl d𝑦CO20d𝑡 = 𝑦CO2,−1 − 𝑦CO2,0                                          (10)                                  

 

Freeboard mole balance: 

 𝑃𝑉fb𝑅𝑇 d𝑦CO2,N+1d𝑡 = 𝑈mf𝐴 𝑃𝑅𝑇 𝑦pCO2   +(𝑈N − 𝑈mf)𝐴 𝑃𝑅𝑇 𝑦b,CO2N − 𝑈N𝐴 𝑃𝑅𝑇 𝑦CO2,N+1  

 𝑈N𝐴𝜏fb d𝑦CO2,N+1d𝑡 = 𝑈mf𝐴𝑦pCO2   +(𝑈N − 𝑈mf)𝐴𝑦b,CO2N − 𝑈N𝐴𝑦CO2,N+1  

 

Figure 3  A material flow diagram for a singular increment 

within the two-phase reactor model for the bubble phase (a) 

and the particulate phase (b). 

Figure 4  A material flow diagram for the plenum chamber (4a) 

and the freeboard (4b). 
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𝜏fb d𝑦CO2,N+1d𝑡   = 𝑦pCO2 (𝑈mf𝑈N ) + 𝑦b,CO2N (𝑈N−𝑈mf𝑈N ) − 𝑦CO2,N+1    (11) 

In the series of equations above, the mole fraction of gas 

is denoted as y, and τ represents the mixing time constants. 

The volume of the plenum chamber and freeboard are de-

noted as Vpl and Vfb, respectively. 

The parameters for the model were chosen based on ex-

perimentally measured quantities. The unfluidized bed 

height was measured as 7 mm and the fluidised bed height 

was calculated to be 11 mm using eqs SI1-5 (see Supporting 

Information). The voidage at incipient fluidisation, εmf was 

approximated as 0.42 based on literature values for a bed 

of spherical particles.26 The mixing time in the plenum 

chamber, τpl was set to 0.1 s (the mixing of the gas prior to 

the reaction was rapid). The value for the freeboard mixing 

time constant was chosen to be 3.5 s (equivalent to the 

measured response time of the entire reactor sampling sys-

tem including the gas analyser, τmix).  

Reaction Rate Modelling. In this work, the random pore 

model, which was developed by Bhatia and Perlmutter1 

was used to describe the interaction between CaO and CO2 

in the particulate phase. A few assumptions were made. 

Firstly, it was assumed that there were no external mass 

transfer limitations. This was a fair assumption as the prod-

uct of the external mass transfer and the particle surface 

area was an order of magnitude greater than the product of 

the observed rate constant and the particle volume. There-

fore, the particle surface concentration can be assumed to 

be equal to the bulk phase concentration. Furthermore, the 

intraparticle mass transfer resistance was assumed to be 

negligible so that there were no concentration gradients 

across the particle.  

The carbonation reaction is known to have an initial ki-

netically-controlled step followed by a diffusion-controlled 

step, so two forms of the random pore model have been 

used in this work to reflect this. Technically a single reac-

tion equation should be used to describe the whole carbon-

ation process as opposed to separating it into two distinct 

parts. However, previous investigators who have used the 

random pore model to characterise the carbonation reac-

tion have demonstrated the existence of a sudden transi-

tion from the kinetic-controlled regime to the diffusion-

controlled stage.1, 10 Grasa et al.10 suggested that, based on 

these observations, it was more practical to split the model 

into two parts: the random pore model with and without 

the effects of product layer diffusion. They argued that sub-

stantially lower conversions relative to experimental re-

sults would be obtained if the effects of product layer diffu-

sion were incorporated throughout the entire reaction.  

For the kinetically-controlled phase, the reduced form of 

the random pore model (eq 12) was utilised. Here, the 

product layer diffusion resistance is assumed to be negligi-

ble. 𝑟 = d𝑋d𝑡 = 𝑘s𝑆0(𝐶CO2−𝐶CO2eq)(1−𝑋)√1−𝜓ln (1−𝑋)(1−𝜀0)                          (12)                                                                        

ks is the surface reaction rate constant, S0 is the initial sur-

face area per volume of the sorbent particle, and CCO2 and 

CCO2,eq denote the CO2 concentration in the bulk phase and 

at the carbonation/calcination equilibrium, respectively. 

The conversion is represented by X, ε0 is the initial porosity 

of the particle and the structure parameter (see below) is 

denoted as ψ. 

For the diffusion-controlled step, the complete random 

pore model was used (eq 13). The transition from the ki-

netically-controlled step to the slower diffusion-controlled 

step can be marked by a drop in the observed reaction rate 

owed to the formation of a product layer which has reached 

a critical thickness.27 After the rate of reaction has peaked, 

the effect of the product layer resistance becomes more 

pronounced and takes over the reaction rate. To account 

for this effect, the inclusion of the modified Biot modulus, β 

which incorporates the product layer diffusivity was neces-

sary. The greater the magnitude of the modified Biot mod-

ulus, the more the reaction is limited by the product diffu-

sion effects. 𝑟 = d𝑋d𝑡 = 𝑘s𝑆0(𝐶CO2−𝐶CO2eq)(1−𝑋)√1−𝜓 ln(1−𝑋)(1−𝜀0)(1+𝛽𝑍𝜓 (√1−𝜓𝑙 𝑛(1−𝑋)−1))                          (13)                                  

Where: 𝜓 = 4𝜋𝐿0(1−𝜀0)𝑆0   𝛽 = 2𝑘𝑠(1−𝜀0)𝑀𝐶𝑎𝑂𝑆0𝐷p  𝑍 = 𝜌CaO𝑀CaCO3𝜌CaCO3𝑀CaO  

Here, r is the rate of reaction in s-1 and X is the conversion. 

ψ (the structure parameter) describes the internal pore 

structure of CaO and was calculated from first-hand Mer-

cury Intrusion Porosimetry data of CaO via the use of the 

following equations:28 𝑉p = ∫ 𝜈o(𝑟)d𝑟                                                                         (14)                                  𝜀0 = 𝑉p𝑉p+ 1𝜌CaO                                                (15)                                  𝐿0 = 1𝜋𝑉p ∫ 𝜈o(𝑟)𝑟2  d𝑟                                                                  (16)                                  

Here, υ0(r) is the pore size distribution function obtained 

from BET data. The total pore volume, initial porosity and 

length of the pore system per unit volume are denoted as 

Vp, ε0, and L0 respectively. 𝑆0 = 𝑆g𝜌envelope                                                         (17)                                  

S0, which is the surface area per unit volume was taken 

from a combination of BET surface area data and helium 

adsorption density data. The envelope density of CaO is 

given by ρenvelope. Table 3 displays the values of these param-

eters for freshly calcined Longcliffe limestone. 

 

Table 3  Random Pore Model parameters for calcined 

Longcliffe limestone. 

S0 

(m2 m-3) 

L0 

(m m-3) 

ε0 ψ Z 

 

3.06×107 

 

2.33×1014 

 

0.5 

 

1.61 

 

2.16 
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Clearly, there are two unknowns in the rate equation ex-

pressions, ks and Dp. In order to solve for these values, the 

model was fitted to experimental data. Eqs 12 and 13 were 

substituted into the particulate phase mole balance (eq 2) 

to complete the reactor model. By minimizing the residual 

sum of squares (RSS) between the experimental data and 

model output, it was possible to derive estimations for the 

two unknowns (fitting parameters) at a range of operating 

conditions. 

4. RESULTS AND DISCUSSION 

Deconvolution of Data. Figure 5 shows the change in 

CO2 concentration during carbonation recorded by the IR 

gas analyser. To determine the intrinsic rate kinetics of car-

bonation, the gas concentration was firstly deconvoluted 

using a published method by Fennell et al.29 The method as-

sumed that the sampling system, and the fluidised bed be-

haved like CSTRs in series with negligible second order 

mixing effects. Based on these assumption, the true gas con-

centration in the reactor, Ct can be calculated with eq 18.  

 𝐶t = 𝐶m + 𝜏mix d𝐶md𝑡                                 (18)                                                                                                                                                                

Here, the measured (convoluted) gas concentration is de-

noted as Cm and the overall mixing (response) time in the 

system (combined mixing time of the reactor and sampling 

system) is given by τmix. The overall mixing time was found 

to be approximately 3.5 s. The deconvoluted gas concentra-

tion is superimposed on the measured gas concentration 

(Figure 5).  

  

From the deconvoluted data, the reaction rate can be cal-

culated by eq 19 where nCO2 Carbonation
 represents the rate of 

CO2 uptakes in mol s-1 and wCaO
 is the mass of CaO injected 

into the reactor. 𝑟 = 𝑛CO2 Carbonation𝑤CaO                    (19)                                   

The CaO conversion/carrying capacity (after 100 s) in 

terms of mol CO2 captured/mol CaO injected was computed 

using Eq 20. 𝑋 = 𝑀CaO𝑤CaO ∫ 𝑛CO2 Carbonation𝑡=100𝑡=0 d𝑡                      (20) 

In order to make the reaction behaviour in the reactor 

consistent with the assumptions made for the random pore 

model (negligible external mass transfer resistances and 

intraparticle diffusion resistances) small sample masses 

and small particle sizes were used. Figures 6a and 6b show 

the reaction rate (normalised for the sample mass) plotted 

against time for different sample masses and particle sizes, 

respectively. Figure 6a shows negligible differences (within 

experimental error) between the reaction profiles for 

masses ranging from 0.1 to 0.5 g which means there were 

no external mass diffusion limitations for sample weighing 

less than 0.5 g. Figure 6b suggests that the level of intra-

particle diffusion resistance is at a minimum for particle with diameters smaller than 500 μm. Consequently, the 

sample mass and particle size fraction were chosen to be 

0.5 g and 355-425 μm. Smaller sample masses and particle 
sizes were neglected due to higher noise-to-signal ratios 

and greater susceptibility to attrition and elutriation. In or-

der to justify the assumption of low intraparticle diffusion 

resistances for the diffusion-controlled step for our chosen 

size range, the effectiveness factors as a function of conver-

sion for our experiments were calculated using eqs 19-26 

assuming an estimate of 2 for the tortuosity factor, τ. The 

change in porosity, ε as the product layer develops (and 

therefore change in conversion, X) was calculated using a 

volume balance (eqs 24-26). It can be seen that the effec-

tiveness factor remains quite high throughout the entire re-

action process (Figure 7).     𝜂(𝑋) = 3𝜙(𝑋)2 (𝜙(𝑋)coth𝜙(𝑋) − 1)                                     (19) 

Where: 𝜙(𝑋) = 𝑟P√ 𝑘i(𝑋)𝐷eff(𝑋)                                                                    (20) 

𝐷eff(𝑋) = 𝜀(𝑋)𝜏 ( 1𝐷K,eff(X) + 1𝐷𝐴𝐵,eff(X))−1
                                 (21) 𝐷AB(𝑋) =  1.8583 × 10−7√𝑇3 ( 1𝑀A + 1𝑀B) 1𝑃𝜎AB2𝛺AB(1,1)∗   (22) 𝐷K(𝑋) = 194 𝜀(𝑋)𝑆0(1−𝑋)𝜌envelope,CaO(𝑋) √ 𝑇𝑀CaO                                (23) 𝜀(𝑋) = 𝑉p(𝑋)𝑉sample(𝑋)                                                                     (24) 𝑉p(𝑋) =  𝑉p0 − Δ𝑉p(𝑋)                                                           (25) Δ𝑉p(𝑋) = 𝑉CaCO3,formed(𝑋) − 𝑉CaO,reacted(𝑋)                    (26) 

Figure 5  Deconvoluted analyser signal for carbonation exper-

iments of Longcliffe-derived CaO (0.5 g, 355-425 μm) in the 
PFBR with fluidizing gas of 15 vol% CO2 balanced in N2, tem-

perature=650 °C, pressure=1.5 bara, U/Umf=3 (55 ml s-1 

@SATP). 
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Here, η represents the effectiveness factor (the ratio of 

the observed rate of reaction to the intrinsic rate). It is cal-

culated from a Thiele modulus, denoted ϕ, which is a func-

tion of the particle radius, rp, the first order pseudo-intrin-

sic rate constant, ki and the effective diffusivity through the 

particle, Deff.12 DAB and Dk represent bulk and Knudsen dif-

fusivity.30, 31 The bulk diffusion equation for diffusion of a 

single gaseous component in a dilute binary system was 

taken from the Chapman-Enskog kinetic theory.30 It is a 

function of the molecular weights of the participating gases, 

the Lennard-Jones (12,6) parameters, εAB and σAB, and the 

dimensionless quantity, the collision integral (𝛺AB(1,1)∗
). The 

collision integrals were obtained from work by Klein and 

Smith32. S0, ε0 and Vp0 were calculated with eqs 14, 15 and 

17.  Figure 7 also demonstrates that the effectiveness factor 

was similar for data analysis assuming no change in poros-

ity owed to product layer formation and a change in poros-

ity. The calculated effectiveness factor assuming there was 

no change in porosity was used during the rate analysis of 

the experimental work.  

 

Obtaining Rate Constants and Product Layer Diffusiv-

ity. The built-in ordinary differential equation solver, 

ode15s in MATLAB, was used to evaluate the system of 

equations highlighted in the previous sections to obtain the 

reaction kinetics of carbonation for the conditions given in 

Table 2. The concentration profiles obtained from the ex-

periments here were taken straight from the gas analyser 

output without correcting for response time effects (convo-

luted data). The convoluted data was used here as opposed 

to deconvoluted data as the reactor model incorporated the 

deconvolution effects through the sampling and freeboard 

mixing time constant.  

The fitting parameters were obtained in two steps. In the 

first step, only the reduced form of the random pore model, 

Figure 6  Rate (normalised for mass) vs time for different sample masses (a) and different particle 

sizes (b) of CaO for carbonation experiments of Longcliffe-derived CaO (0.5 g, 355-425 μm) in the PFBR 
with fluidizing gas of 15 vol% CO2, balanced in N2, temperature=650 °C, pressure=1.5 bara, U/Umf=3 

(55 ml s-1 @SATP). 

Figure 7  Calculated effectiveness factor (assuming changing 

and non-changing porosity) and rates of reaction against con-

version for carbonation of Longcliffe-derived CaO (0.5 g, 355-425 μm) in the PFBR with fluidizing gas of 15 vol% CO2 bal-

anced in N2, temperature=650 °C, pressure=1.5 bara, U/Umf=3 

(55 ml s-1 @SATP). 
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eq 12 was implemented into the reactor model. This re-

duced the fitting parameters to just one, the surface reac-

tion rate constant, ks. To determine an initial guess for this 

parameter, ks was fitted by minimizing the RSS between the 

model output and the experimental result for the kinet-

ically-controlled part of the carbonation reaction. 

Figure 8 shows a plot of estimated values for the surface 

rate constants plotted against the CO2 driving force (inlet 

CO2 partial pressure, PCO2 minus the equilibrium partial 

pressure, PCO2eq). It can be seen in this figure that the order 

of reaction appears to change from first to approximately 

zero order above a certain value of PCO2. This change in or-

der of reaction falls in line with observations by other re-

searchers.1, 9, 10, 33 The partial pressure at which the transi-

tion occurs, denoted PCO2, max in this paper was estimated 

through a series of steps. Firstly, an initial guess for the 

transition partial pressure was made by identifying the 

partial pressure at which the initial rate constant, ks expe-

rienced the greatest change (37.5 kPa at 650 °C). This initial 

guess is referred to as PCO2, trans(guess). Next, all the rate con-

stants that were obtained for conditions where PCO2 < PCO2, 

trans(guess) were averaged to obtain a new (averaged) value 

for the rate constant, denoted as ks0. Consequently, when 

PCO2 falls below the transition partial pressure, eq 29 can be 

used instead of eq 12 to describe the rate of carbonation in 

the kinetically-controlled regime.  𝑟 = 𝑘s0𝑆0(𝑃CO2−𝑃CO2eq)(1−𝑋)√1−𝜓ln (1−𝑋)𝑅𝑇(1−𝜀0)                                   (29)                                                                                     

In contrast, for the cases where PCO2 > PCO2, trans(guess) (when 

the reaction becomes zero order with respect to PCO2) the 

rate equation becomes eq 30 since an increase in PCO2 no 

longer has any effect on the rate of reaction. In other words, 

the driving force of the reaction becomes fixed as the differ-

ence between the transition partial pressure and the equi-

librium partial pressure (PCO2, trans-PCO2eq).  

𝑟 = 𝑘𝑠0𝑆0(𝑃𝐶𝑂2,𝑚𝑎𝑥−𝑃𝐶𝑂2𝑒𝑞)(1−𝑋)√1−𝜓ln (1−𝑋)𝑅𝑇(1−𝜀0)                               (30)      

                                                                             

Eq 30 was then equated to eq 12 for the cases where PCO2 

> PCO2, trans(guess), and rearranged to obtain the final expres-

sion for the transition partial pressure (eq 31). Here ks and 

PCO2 were the initial values of the surface rate constant and 

inlet CO2 partial pressure shown in Figure 8.  

  

Figure 9  Plot of the initial surface rate constants versus the 

CO2 driving force. Figure 8  Arrhenius plot (two-phase model vs CSTR modelled 

(experimental)) for the surface rate constants in the kinetically-

controlled regime (i.e. when PCO2<PCO2,max) for carbonation 

Longcliffe-derived CaO (0.5 g) in the PFBR with fluidizing gas of 

15 vol% CO2 balanced in N2, temperature=550-750 °C, pres-

sure=1.5 bara, U/Umf=3 (47-67 ml s-1 @SATP). 

Figure 10  Arrhenius plot (two-phase model vs literature val-

ues) for averaged product layer diffusivities for carbonation for 

of Longcliffe-derived CaO (0.5 g) in the PFBR with fluidizing gas 

of 15 vol% CO2 balanced in N2, temperature=550-750 °C, pres-

sure=1.5 bara, U/Umf=3 (47-67 ml s-1 @SATP). 
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Table 4  Fitted surface rate constants (initial and final), product layer diffusivity and conversions determined using the two-phase model for carbonation reaction of Longcliffe-

derived CaO (0.5 g, 255-425 μm) in 3.75-30 vol% CO2 balanced in N2, temperature=550-750 °C, pressure=1.5-5 bara, U/Umf=3 (47-67 ml s-1 @SATP). 

Temperature 
(°C) 

Pressure 
(bara) 

Inlet CO2 Par-
tial Pressure 
(kPa) 

ks/10-10 

(m4 mol-1 s-1) 

ks0/10-10 

(m4 mol-1 s-1) 

Dp/10-13 

(m2 s-1) 

Dp0/10-13 

(m2 s-1) 

Transition PCO2 

(kPa) 
Model Predicted 
Conversion (%) 

Experimentally Ob-
tained Conversion 
(%) 

550 1.5 22.5 3.05 3.05 0.09 0.06 18.9 31 24 

550 3 45 1.30 3.05 0.1 0.06  31 17 

550 5 75 0.75 3.05 0 0.06  29 26 

600 1.5 22.5 4.30 4.3 0.2 0.30 23.0 48 42 

600 3 45 2.35 4.3 0.6 0.30  49 41 

600 5 75 1.20 4.3 0.1 0.30  49 36 

650 1.5 5.625 6.35 6.03 2.6 1.81 28.1 36 37 

650 1.5 11.25 8.95 6.03 1.2 1.81  54 40 

650 3 11.25 5.65 6.03 2.7 1.81  53 57 

650 5 18.75 5.25 6.03 2.6 1.81  61 60 

650 1.5 22.5 6.30 6.03 1.3 1.81  65 52 

650 3 22.5 5.60 6.03 3.7 1.81  64 60 

650 2 22.5 4.60 6.03 2.8 1.81  65 56 

650 5 22.5 5.55 6.03 1.5 1.81  63 52 

650 5 37.5 3.85 6.03 3.1 1.81  66 62 

650 1.5 45 3.55 6.03 0.3 1.81  70 56 

650 3 45 3.45 6.03 1.3 1.81  67 55 

650 5 75 2.05 6.03 0.8 1.81  67 48 

650 3 90 2.15 6.03 1.5 1.81  69 50 

650 5 150 1.25 6.03 0 1.81  69 54 

700 1.5 22.5 7.60 7.60 8.2 8.13 31.6 69 65 

700 3 45 5.10 7.60 14 8.13  69 69 

700 5 75 3.00 7.60 2.2 8.13  69 50 

750 1.5 22.5 12.85 12.85 5.9 23.6 29.3 70 70 

750 3 45 6.00 12.85 22 23.6  70 68 

750 5 75 4.40 12.85 43 23.6  70 78 
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Figure 11 Modelled vs experimental results for carbonation of 0.5 g of CaO (355-425 μm) at 650 °C for three different pressures: 1.5 

bara (a), 3 bara (b) and 5 bara (c) with fluidizing gas consisting of 15 vol% CO2 balanced with N2. U/Umf=3 (55 ml s-1 @SATP). ks0=6.03 

x 10-10 m4 mol-1 s-1 and Dp0=1.81 x 10-13 m2 s-1.  

Figure 12  Modelled vs experimental results for carbonation of Longcliffe-derived CaO (0.5 g) at 550 °C and 1.5 bara (a), 15 vol% 

CO2 at 750 °C and 1.5 bara (b), at 650 °C, 1.5 bara under 3.75 vol% CO2 (c) and at 650 °C, 5 bara under 30 vol% CO2 (11d). U/Umf=3 

(55 ml s-1 @SATP). 
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𝑃CO2,max = 𝑘s(𝑃CO2−𝑃CO2eq)𝑘s0 + 𝑃CO2eq                                      (31)                                                                                    

Eq 31 was then substituted back into eq 30 to obtain a 

zero-order reaction rate equation for conditions involving 

high CO2 partial pressures. 

To obtain the product layer diffusivity (Dp), a different ap-

proach was used. Both the reduced form (eq 29/30) and  

the full random pore model (eq 13) were implemented into 

the reactor model. As soon as the maximum drop in CO2 con-

centration was reached, the reaction equation was switched 

over from eq 29/30 (depending on the inlet CO2 partial 

pressure) to eq 13. Dp was then obtained by determining the 

value of Dp which gave the smallest RSS between the model 

output and the experimental data.  

Modelled Activation Energies. Table 4 shows the fitted 

product layer diffusivities, final values for the rate con-

stants, the modelled CaO conversion and the experimentally 

observed conversions (calculated with eq 20). One point to 

note is that the values of the surface rate constant, ks0 fell in 

line with the data presented by Bhatia and Perlmutter.1 The 

authors obtained values between 3.7 and 6.3 × 10-10 m4 mol-

1 s-1 for a temperature range of 550 to 725 °C in a 10 vol% 

CO2 atmosphere. The surface rate constants obtained from 

the two-phase model were also compared to experimental 

results where a complex reactor model was not used, and 

the entire bed was simply modelled as a CSTR in an Arrhe-

nius plot (Figure 9).   

The slope in Figure 8 represents the activation energy. Us-

ing all the available data, eq 32 was derived to characterise 

the surface rate constant as a function of temperature.  𝑘s0 = 𝑘0e−𝐸a𝑅𝑇 = 3 × 10−7e−47700𝑅𝑇     [m4 mol−1 s−1]         (32)

  

Interestingly, the activation energy (determined using the Student’s t-test statistical analysis with (n-2) degrees of 

freedom and a 95% confidence interval) obtained from the 

model, 48 ± 17 kJ mol-1 was found to be very similar, despite 

the slightly lower values for the rate constants, to the acti-

vation energy obtained through experimental work assum-

ing that the reactor was a simple CSTR. This confirms that a 

complex model is not necessarily required to obtain reac-

tion kinetics in this instance. This values also agrees well 

with Nouri and Ebrahim34 (46 kJ mol-1) as well as Dedman 

and Owen35 (39 kJ mol-1). However, this activation energy 

differs from the activation energies obtained by other au-

thors. Sun et al.9 obtained 29 kJ mol-1 and Grasa et al.10 a 

value of 20.3 kJ mol-1 while Bhatia and Perlmutter1 and Den-

nis and Hayhurst36 reported no activation energy. This dis-

crepancy is likely a result of different operating conditions, 

reaction system and limestone.  

The results show that there is a large variation in the val-

ues for the initial fitted product layer diffusivities, Dp. How-

ever, since the product layer diffusivity should only be a 

function of temperature and not the partial pressures, the 

initial values were averaged for each set of temperatures to 

obtain an averaged value for the diffusivity, Dp0. These aver-

aged values were found to have similar orders of magnitude 

to the product layer diffusivities predicted by Sun et al.11 de-

spite the different operating conditions and sorbents (Fig-

ure 10). Sun et al.11 used the random pore model to fit their 

experimental results from carbonating different sorbents 

under 80-100 vol% CO2 (balanced in nitrogen) under at-

mospheric pressures inside a TGA. The authors tested 

Straussburg limestone as opposed to Longcliffe limestone 

which was used in this work.  

The activation energy obtained in this work, 196 ± 43 kJ 

mol-1 overlaps with the values obtained by Sun et al.11 for 

their limestone (214 kJ mol-1). The results also agree with 

the activation energy reported by Lee et al.8 (189 kJ mol-1) 

and also that obtained by Bhatia and Perlmutter1 (179.2 kJ 

mol-1). Eq 33 shows the full expression for the product layer 

diffusivity as a function of temperature where Do is the pre-

exponential factor. 𝐷p0 = 𝐷0e−𝐸a𝑅𝑇 = 0.018 e−196000𝑅𝑇     [m2 s−1]                       (33)                                  

Modelled Concentration Profiles. Figures 11a, b and c 

compare the carbonation reaction profile from the model 

with the experimental data at 650 °C for total pressures of 

1.5, 3 and 5 bara with 15 vol% CO2. The overall match is very 

good but there are some slight discrepancies in the first few 

seconds of the reaction. The experimental results are char-

acterised by an initial nucleation stage, a phenomenon ob-

served by Bhatia et al.1 where the gas reacts slowly as crys-

tals of calcite begin to form which causes the sigmoidal 

shape in the conversion-time profile for carbonation. This 

introductory stage was then followed by a much more rapid 

kinetically-controlled stage, where the CO2 concentration 

experiences a steep drop. The reactor model did not take 

into account this nucleation stage and therefore immedi-

ately starts with a sharp decline in gas concentration which 

resulted in these deviations. The combination of this initial 

nucleation stage and the fact that the surface rate constants 

and product layer diffusivities were averaged led to the 

slight differences in modelled predicted and experimentally 

measured CaO conversions shown in Table 4. Despite the 

cause of these disparities, the model computes aa reasona-

ble estimate of the conversions.  

At the lower temperatures, the product layer diffusion be-

comes more limiting as these conditions favour carbonation 

conditions over the calcination conditions. The product 

layer more rapidly becomes rate limiting and hence the re-

sistance to product layer diffusion increases. This results in 

a smaller conversion and the CO2 concentration in the reac-

tion profile recovers more quickly. Conversely, at the higher 

temperatures, the product layer diffusion is more rapid. As 

the temperature increases, there is a greater competition 

between carbonation and calcination which makes it more 

difficult for the CaCO3 product layer to fully form. This re-

sults in a slow but gradual carbonation reaction and higher 

conversions. 

It can be seen in Figure 12c and 12d that as the inlet CO2 

partial pressure increases, the CaO-sorbent is subject to a 

larger driving force, resulting in a faster rate of reaction and 

greater build-up of product layer. This leads to increased 

solid-state diffusion resistance and hence reduced rate of 

diffusivity. Consequently, the reaction finishes more quickly 
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at the under higher partial pressures of CO2. This is shown 

clearly by the shape of the reaction profiles. 

Figures 12a-d demonstrate clearly that the two-phase 

model fits the experimental data well over a wide range of 

operating conditions. The good agreement between the 

model and the experimental results suggests that the model 

has the potential to be adjusted to simulate similar solid 

looping and CO2 capture processes.  

5. CONCLUSIONS 

In this paper, a dynamic reactor model was developed 

and used to determine the kinetics of the reaction between 

CaO with CO2. The reactor model was constructed based on 

two-phase theory and coded as a system of ordinary differ-

ential equations using MATLAB. The reactor model consid-

ers bubble growth, changing molar flow rates, and assumes 

that the reaction only occurs in the particulate phase. The 

random pore model, which was originally developed by 

Bhatia and Perlmutter1 was used as the rate equation. The 

random model was split into two forms: One to describe the 

kinetically-controlled step and the other to describe the dif-

fusion-controlled step of carbonation. The surface rate con-

stant and product layer diffusivity were obtained by fitting 

the model to experimental data for carbonation experi-

ments in a 3 kWe pressurised fluidised-bed reactor by min-

imizing the residual sum of squares. A good fit was found for 

each operating condition, and an activation energy was cal-

culated using an Arrhenius plot to give 48 ± 17 kJ mol-1. This 

value matched the activation energy obtained directly from 

the experimental results and was in agreement with some 

of the reported activation energies found in the literature. 

The activation energy for the product layer diffusivity was 

found to be 196 ± 43 kJ mol-1, which also agrees well with 

those reported in literature despite the different methods to 

obtaining them, including the extension to pressurised re-

actions reported herein. The development of this reactor 

model makes it possible to model commercial-scale carbon-

ators and can be extended onto other gas-solid reaction pro-

cess.  
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NOMENCLATURE 

Symbol Description Units 

A Cross-sectional area of bed m2 

CCO2 Concentration of CO2 mol m-3 

CCO2eq Concentration of CO2 at equilib-
rium 

mol m-3 

Cm Measure concentration mol m-3 

Ct ‘True’ concentration mol m-3 

D0 Product layer diffusion coefficient 
pre-exponential factor 

m2 s-1 

DAB Bulk diffusivity of gas A in B m2 s-1 

Deff Effective diffusivity m2 s-1 

Dk Knudsen diffusivity m2 s-1 

DP Fitted product layer diffusion coef-
ficient 

m2 s-1 

Dp0 Averaged product layer diffusion 
coefficient 

m2 s-1 

db Bubble diameter m 

db0 Initial bubble diameter m 

dbm Limiting size of bubble diameter in 
a deep bed 

m 

dp Mean diameter of particle m 

dR Diameter of quartz liner m 

Ea Activation energy kJ mol-1 

g Acceleration due to gravity m s-2 

Hf Height of fluidised bed m 

Hmf Height of bed at minimum fluidisa-
tion 

m 

k0 Surface rate constant pre-exponen-
tial factor 

m4 mol-

1 s-1 

ki Pseudo-intrinsic rate constant m s-1 

ks Fitted surface rate constant m4 mol-

1 s-1 

ks0 Averaged surface rate constant m4 mol-

1 s-1 

L0 Initial total length of pore system 
per unit volume 

m m-3 

Mi Molecular weight of component i g mol-1 

nN2 Molar flow rate of nitrogen mol s-1 

P System Pressure Pa 
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PCO2 Partial pressure of CO2 Pa 

PCO2,max Transition partial pressure of CO2 Pa 

PCO2,max(guess) Initial guess for PCO2,max Pa 

PCO2eq Equilibrium vapor pressure of CO2 Pa 

Qb Net volumetric flow of gas through 
bubble 

m3 s-1 

R Molar gas constant kJ mol-1 
K-1 

r Observed rate of reaction s-1 

rCO2 Rate of CO2 consumption mol s-1 

Sg Specific surface area m2 g-1 

So Initial specific surface area of CaO 
following decomposition of its pre-
cursor 

m2 m-3 

T Time s 

T Absolute temperature K 

U Superficial velocity of fluidizing gas m s-1 

Ub Bubble velocity m s-1 

Umf Minimum fluidisation velocity m s-1 

Vb Bubble volume m3 

Vfb Volume of freeboard m3 

Vp Total pore volume m3 g-1 

Vpl Volume of plenum chamber m3 

wCaO Weight of CaO g 

X Conversion  

yi Mole fraction of component i in gas 
phase 

 

ybco2 Mole fraction of CO2 in bubble 
phase 

 

ypco2 Mole fraction of CO2 in particulate 
phase 

 

Z Ratio of volume of solid phase of 
CaCO3 to CaO 

 

Greek Symbols 

β Modified biot modulus in the ran-
dom pore model 

 

εo Initial particle porosity following 
decomposition of CaO precursor 

 

εAB Maximum attractive energy be-
tween two molecules 

J 

εb Bubble fraction  

εmf Voidage in particulate phase  

η Effectiveness factor  

μ Dynamic viscosity of fluidizing gas N s m-2 

ν Kinematic viscosity of fluidizing 
gas 

N s m-2 

ν0(r) Pore volume distribution function  

ρCaO Density of Calcium Oxide kg m-3 

σAB Collision diameter m 

τ Tortuosity factor  

τfb Mixing time constant in freeboard s 

τmi Response/mixing time of reactor 
and analyser 

s 

τpl Mixing time constant in plenum 
chamber 

s 

ϕ Thiele modulus  

ψ Structure parameter in random 
pore model 

 

Ω(l,s)* Reduced form of Collision integral  
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